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Abstract

Ethanol production from lignocellulosic hydrolysates in an economically feasible process
requires complete utilization of both glucose and xylose, the main components of cellulose and
hemicellulose. Scheffersomyces stipitis (formerly known as Pichia stipitis) has promising poten-
tial for converting lignocellulosic biomass into ethanol since it can ferment both hexose and pen-
tose sugars under microaerophillic conditions (a native yeast strain best capable of utilizing xy-
lose to ethanol). However, this strain has several challenges for lignocellulosic ethanol produc-
tion from xylose as it has a slower sugar consumption rate than S. cerevisiae (hexose fermenting
microorganism) and requires oxygen for both growth and maximal ethanol production. In addi-
tion, diauxic Kinetic is a practical problem associated with mixed sugar utilization by native
strains of S. stipitis and even with engineered strains of S. cerevisiae (Kuyper et al. 2005). Alt-
hough successful cycles of metabolic engineering have improved xylose utilization in recombi-
nant strain of S. cerevisiae, the ethanol production from xylose is still inferior to those of xylose
fermentation by native strain of S. stipitis (Jeffries and Jin, 2004; Jin et al. 2004).

Since S. stipitis is a respiratory yeast strain, the xylose fermentation performance depends
significantly on the oxygenation level of the culture. High aeration rate results in fast cell growth
and acetic acid production, while very low aeration (oxygen-limited) often results in xylitol pro-
duction, both at the expense of reduced ethanol production. Only optimized microaerobic condi-
tion promotes ethanol production by maintaining cell viability and NAD+/NADH balance.

Hence, it is critical to determine the optimal oxygen utilization rate (OUR) for ethanol produc-



tion by S. stipitis. In order to quantitatively study the effect of OUR on the fermentation perfor-
mance, accurate control of OUR is essential. Several studies have been reported on the optimum
oxygenation conditions for ethanol fermentation by S. stipitis (Silva et al., 2012; Slininger et al.,
2014; Su et al., 2014; Unrean and Nguyen, 2012). Among these studies, most of the experiments
were carried out using batch cultures grown in flasks where the Oxygen Transfer Rate (OTR)
and/or Dissolved Oxygen (DO) were not effectively controlled. Different OTR levels have been
tested simply by changing volume of media, airflow rate, and agitation speed. However, our re-
search shows that the inaccuracy and inconsistency of controlling OTR/OUR is problematic in
these studies.

In order to quantify the metabolic mechanism of OUR on xylose fermentation kinetics by
S. stipitis, we have developed experimental protocol and equipment to carry out both single cul-
ture and co-culture systems under controlled chemostat. The xylose fermentation kinetics of S.
stipitis data collected from single culture experiment was used to design the co-culture experi-
ment to optimize ethanol yield. For the co-culture system, we have developed a novel co-culture
bioreactor for the efficient and simultaneous conversion of mixed glucose and xylose to ethanol
by S. cerevisiae and S. stipitis, which offers a promising alternative to overcome the difficulties
of the existing co-culture systems and to study the dynamic properties of co-culture strains. In
addition to this, we used a mathematical modeling tool to describe the kinetics of both single cul-
ture and co-culture systems, as well as to validate our results. Also, Principal Component Analy-
sis (PCA) was utilized to enable the extraction of correlations between different cellular physiol-
ogy with respect to carbon uptake and OUR which helped us to understand and quantify the met-

abolic mechanism of OUR in continuous fermentation.
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Chapter 1. Introduction

1.1 Sustainable Alternatives

United States has the largest oil consumption in the world about 21.5%. Approximately
71% of this oil consumption is used for transportation fuel and more than 96% of transportation
sector is relied on imported oil, which is accountable for one-third of greenhouse gas emissions
(EIA, 2011). Hence, finding alternative fuel energy for sustainable transportation is a critical to
overcome this dangerous dependence. In order to simultaneously reduce the large dependence on
oil and to mitigate climate change in transportation sector, alternative biofuel energy source is
necessary. Various types of alternative fuels exist as they offer many advantages as follow. Low
cost; wide availability; energy security; and reduction of greenhouse gas emissions. With these
advantages, biofuels are emerging as a promising alternative to cope with climate change and a
diminishing oil supply (Kim et al., 2010). Lignocellulosic biomass is increasingly recognized as
a renewable feed stock for bioethanol production as alternative transportation fuels.
1.1.1 Biomass resources and lignocellulosic biomass

There are four different categories of biomass energy resources. The largest biomass en-
ergy source is wood residues and the second largest is municipal solid waste followed by agricul-
ture residues and dedicated energy crops (Monique et al., 2003). Ethanol production by lignocel-
lulosic fermentation is considered as a promising renewable fuel for the transportation sector.
First generation bioethanol is produced from first generation of feedstocks such as food crops:
cornstarch or sugarcane. Saccharomyces cerevisiae is the widely recognized industrial strain,

which is often used with commercially available enzyme to achieve high ethanol yields through
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maximum substrate conversion. However, those first generation bioethanol cause several con-
cerns as it is produced directly from the food crops. These productions result in food con-
flicts/competition, land shortages for their feedstock and high energy input required for crop cul-
tivation and conversion (Marris, 2006; Lange, 2007). These limitations are expected to overcome
by developing second generation bioethanol. Lignocellulosic biomass has been recognized as an
attractive feedstock for second generation bioethanol due to its high content in fermentable sug-
ars and broad availability. Lignocellulosic biomass that can be used as feedstocks to produce bi-
oethanol includes: 1) agricultural residues (leftover material from crops, such as corn stover and
wheat straw); 2) forestry wastes (chips and sawdust from lumber mills, dead trees, and tree
branches); 3) municipal solid wastes (household garbage and paper products); 4) food processing
and other industrial wastes (black liquor, a paper manufacturing by-product); and 5) energy crops
(fast-growing trees and grasses, such as switchgrass, poplar and willow) (USDOE, 2006a).
1.1.2 Composition of lignocellulosic biomass

Lignocellulosic biomass can be produced through photosynthesis; plants use solar energy
from the sun to convert water and carbon dioxide to sugars that can be stored. Lignocellulosic
biomass is composed of complex matrix of carbohydrate polymers contain 40-50% by wt of cel-
lulose, 20-40% by wt of hemicellulose and 10-30% by wt of lignin (Lee et al., 2008). Cellulose
is the bundles of fibers which consist of high molecular weight polymers of glucose. Hemicellu-
lose is a cellulose bundle which consists of various sugars in shorter polymers. This hemicellu-
lose consists of D-xylose, D-glucose, D-galactose, D-mannose and L-arabinose (Saha et al.,
2003). Lignin is a tri-dimensional polymer that is surrounded in and bound to hemicellulose
which can provide a rigidity of the structure. Cellulose can be hydrolyzed to produce hexose

sugars like glucose which are readily fermented to ethanol. Hemicellulose is hydrolyzed to pro-



duce a mixture of hexose and pentose sugars, the majority of them are pentose sugars such as
xylose and arabinose. Unlike, cellulose and hemicellulose, lignin cannot be fermented in the
fermentation process. The composition of cellulose, hemicellulose, and lignin varies with the
types of lignocellulosic biomass. Table 1.1 shows the composition of the selected feedstocks.
1.1.3 Lignocellulosic Bioethanol

Lignocellulosic biomass is an attractive raw material for bioethanol production due to its
abundancy and low cost. For biochemical route of converting lignocellulosic biomass into bio-
ethanol, steps needed are collection of lignocellulosic biomass, pretreatment stage for breaking
down of lignocellulosic matrix, and hydrolysis stage to obtain simple sugars from lignocellulosic
biomass, and microbial fermentation stage of producing bioethanol. Lignocellulosic ethanol is
particularly promising due to the number of advantages over fossil fuels. Firstly, it comes from a
renewable resource. Secondly, it is biodegradable, low in toxicity and causes little environmental
pollution (Wyman, 1994). Thirdly, relative to fossil fuels, greenhouse gas emissions are reduced
about 18% by using corn-based ethanol, but it can be reduced up to 88% by using lignocellulosic
ethanol (Service, 2007). In addition, using agricultural wastes in bioprocesses not only provide
alternative feedstocks, but also help solve their disposal problem. Hence, with the innovations of
biotechnology, mainly in the areas of fermentation technology can open the new avenue for bio-

fuel production (Lin and Tanaka, 2006).



Table 1.1 Chemical composition of raw materials and simulated ethanol production (Chandel et

al., 2007)

Raw material Cellulose/ Hemicellulose / | Lignin | Ethanol yield Reference

Hexosans (H) Pentosans (P) /kg dry mass
Sugarcane baggase 33 (H) 30 (P) 29 0.279 Kuhad and Singh, 1993
Wheat straw 30 (H) 24 (P) 18 0.239 Kuhad and Singh, 1993
Sorghum straw 33 (H) 18 (P) 15 0.240 Kuhad and Singh, 1993
Rice straw 32 (H) 24 (P) 13 0.248 Kuhad and Singh, 1993
Oat straw 41 (H) 16 (P) 1 0.252 Kuhad and Singh, 1993
Corn cob 42 (H) 39 (P) 14 0.358 Kuhad and Singh, 1993
Corn stalks 35 (H) 15 (P) 19 0.221 Kuhad and Singh, 1993
Barley straw 40 (H) 20 (P) 15 0.265 Kuhad and Singh, 1993
Ground nut shell 38 (H) 36 (P) 16 0.327 Kuhad and Singh, 1993
Alfalfa stalks 48.5 6.5 16.6 0.209 Shleser, 1994
Rice hulls 36 (H) 15 (P) 19 0.265 Kuhad and Singh, 1993
Eucalyptus grandis 38 13 37 0.225 Shleser, 1994
Eucalyptus saligna 45 12.0 25.0 0.252 Shleser, 1994
Pine 440 26.0 29.0 0.310 Olsson and Hagerdal, 1996
Poplar 47.6 27.4 19.2 0.332 Olsson and Hagerdal, 1996
Saw dust 55.0 14.0 21.0 0.305 Olsson and Hagerdal, 1996
Willow 37.0 23.0 21.0 0.265 Olsson and Hagerdal, 1996
Aspen 51 29.0 16.0 0.354 Olsson and Hagerdal, 1996
Spruce 43.0 26.0 29.0 Olsson and Hagerdal, 1996
Birch 40.0 23.0 21.0 0.305 Olsson and Hagerdal, 1996
Lantana camara 42.50 22.70 22.88 0.288 Chandel (Unpublished work)
Prosopis juliflora 45.5 20.38 24.65 0.291 Chandel (Unpublished work)
Saccharum spontaneum 45.10 22.70 24.56 0.300 Gupta, 2006
Eicchornia crassipis 18.2 48.7 3.50 0.296 Nigam, 2002
Paja brava 32.2 281 24.0 0.267 Sanchez et al., 2004
News Paper 61 16 21 0.341 Olsson and Hagerdal, 1996
Processed Paper 47 25 12 0.318 Olsson and Hagerdal, 1996
Paper-based municipal 43 13 6 0.248 Olsson and Hagerdal, 1996
solid waste

1.1.4 Environmental, functional and strategic benefits of lignocellulosic bioethanol
Bioethanol is a high octane fuel and can be added into gasoline as an octane enhancer. In
the United States, ethanol is blended with gasoline at a 10:90 ethanol-to-gasoline ratio, which
allows it to burn more cleanly and reducing urban smog (Service, 2007). A closed carbon diox-
ide cycle can be formed by using bioethanol as fuels. After combustion of bioethanol, carbon
dioxide released from combustion is recycled back into crops or plants as they use carbon diox-
ide in photosynthesis (Chandel et al., 2007). In addition, blending bioethanol with gasoline will
help extend the life of the diminishing fossil oil supplies and ensure greater fuel security, avoid-
ing heavy reliance on oil producing nations that have not always been very stable. Another ad-
vantage of encouraging bioethanol use is that the rural economy would receive a boost from

growing the necessary crops and creating new employment opportunities (USDOE, 2006b). Fur-



thermore, using agricultural and industrial residues to produce bioethanol can solve the waste
disposal problem and provide environmental benefits. Currently the world’s largest producer of
bioethanol from sugarcane, sugar beet and starch crops is United States, 19.8 billion liters per
year using corn as a primary feedstock (Cherubini, 2010). However, the increased demand for
bioethanol from corn and wheat will result in serious problems, such as supply scarcity and dra-
matic increases in the cost of the food. Moreover, even converting all the starch to bioethanol, it
can only reduce 10% of the gasoline demand (Service, 2007). Therefore, lignocellulosic bioetha-
nol is thought to be the answer for solving these problems.
1.2 Lignocellulosic Bioethanol Production Process

The conversion of lignocellulosic biomass to ethanol is comprised of four major steps:
pretreatment, hydrolysis, fermentation and distillation. The process includes the delignification
of cellulose and hemicellulose from their complex matrix, depolymerization of the carbohydrate
polymers to produce simple sugars, and fermentation of mixed hexose and pentose sugars to
produce ethanol (Lin and Tanaka, 2006).
1.2.1 Pretreatment

Pretreatment is the first and the most expensive processing step in the conversion process
of biomass to bioethanol. The aim of this process is to break down of carbohydrates from com-
plex lignin matrix so that the hydrolysis of carbohydrate to monomeric sugars can be achieved
easily and rapidly (Mielenz, 2001). There are several pretreatment methods such as mechanical
combination, steam explosion, ammonia fiber explosion, acid or alkaline pretreatment and bio-

logical treatment (Chandel et al., 2007).



1.2.2 Hydrolysis

After pretreatment, the cellulose and hemicellulose portions form lignocelluloses need to
be further broken down into monomeric sugars by enzymes or acids for the fermentation process.
There are three major methods of extracting sugars from biomass: dilute acid hydrolysis, concen-
trated acid hydrolysis and enzymatic hydrolysis.

The dilute acid hydrolysis process is one of the oldest and simplest methods of extracting
sugars from biomass. This process is carried out in two stages. Different concentration sulfuric
acid and different temperature are applied in the two stages to optimize the process. Limitations
associated with dilute acid hydrolysis are follows. With higher temperature, the monomeric sug-
ars derived from hemicellulose will degrade to form fermentative inhibitors, such as furan com-
pounds, weak carboxylic acids and phenolic compounds (Olsson and Hahn-Hé&gerdal, 1996). In
order to remove these fermentation inhibitors, several chemical and biological methods could be
used, such as overliming, ion exchange, charcoal adsorption and biological detoxification (Chan-
del et al., 2007). However, the detoxification method will increase operating cost.

The concentrated acid hydrolysis is more rapid process of converting cellulose and hemi-
cellulose to glucose and xylose, respectively. Approximately, 90% of both cellulose and hemi-
cellulose can be depolymerized into their monomeric sugars with concentrated hydrolysis, so this
process has the advantage of high sugar recovery efficiency (Chandel et al., 2007).

The enzymatic hydrolysis of cellulose into glucose is a slow and complex due to the
complex embedded structure of cellulose in a matrix of lignin and hemicellulose and the limited
availability of biding sites for active enzymes. The factors that affect the enzymatic hydrolysis

are cellulose property, substrates, and reaction conditions (temperature, pH, etc.). At the same



time, the process is very expensive compared with acid hydrolysis due to the high enzyme cost

(Stephanopoulos, 2007).
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1.2.3 Fermentation

After hydrolysis, the primary fermentable sugars in hydrolysate are pentose and hexose,
such as glucose and xylose. Different microorganisms are used to ferment these sugars to pro-
duce bioethanol, such as Saccharomyces cerevisiae, Scheffersomyces stipitis, Kluyveromyces
marxianus, Candida shehatae, Zymomonas mobilis and Escherichia coli. Currently, the fermen-
tation of a mixture of hexose and pentose is inefficient because no wild organism has been found
that can convert all sugars into ethanol at a high yield (Ragauskas et al., 2006). There are several
strategies for fermentation process: Consolidated Bio Processing (CBP) (Lynd et al., 2005), Sep-
arate Hydrolysis and Fermentation (SHF) (Toon et al., 1997), Simultaneous Saccharification and

Fermentation (SSF) (Tomas-Pejo et al., 2008, Eken-Saragoglu and Arslan, 2000), and Simulta-



neous Saccharification and Co-Fermentation (SSCF) (Ohgren et al., 2007, Chandel et al., 2007).
Fermentation can be performed as a batch, fed-batch or continuous process.
1.2.3.1 Batch fermentation

In industrial ethanol fermentation, most of process uses the batch operation mode. This is
because batch operation offers the ease of operation and high initial substrate concentration
along with high product concentration due to the complete conversion of substrate (Olsson and
Han-Hagerdal, 1996). However, disadvantages associated with this process are the high propor-
tion of unproductive time between batches, low productivity, and high labor costs due to clean-
ing, sterilization and restarting the process (Shama, 1988).
1.2.3.2 Fed-batch fermentation

For fed-batch fermentation, it offers advantage over batch fermentation as it has higher
yield and productivity than batch fermentation. However, fed-batch fermentation performance is
limited by the substrate feed rate and cell mass concentration (Lee and Chang, 1987). Hence,
proper feed rate with the right component composition is required during process.
1.2.3.3 Continuous fermentation

Continuous fermentation can be carried out using different types of bioreactors such as
stirred-tank reactors or plug flow reactors. Continuous fermentation offers advantages over batch
fermentation as it provides low labor cost and high productivity by eliminating unproductive
time associated with cleaning, recharging, adjustment of media and sterilization. However, major
disadvantages of this process are the contamination and the difficulty of obtaining high cell den-
sity cultures due to washout. The high cell density of microbes under optimized physiological
condition/growth of the organism allows high productivity and short overall processing time

compared to batch fermentation. In order to obtain high cell density culture, immobilization of



cells and cell recycling are used to increase productivity and reduce the overall process time. The
application of immobilization technique increases fermentation rates with high productivity
(Chandel et al., 2007).
1.3 Conversion of Lignocellulosic Biomass to Ethanol by Microorganisms

Lignocellulosic ethanol can be fermented by various microorganisms such as bacteria,
yeasts and filamentous fungi. Depending on the overall pretreatment and hydrolysis processes,
mixed or separate C5 or C6 sugars can be hydrolyzed. While the lignocellulosic ethanol fermen-
tation of hexose sugars is well established on large scale, the conversion of pentose sugars, such
as xylose to ethanol is much difficult (Berg, 2004). However, it was estimated that the bioethanol
production cost can be reduced as much as 22% by the complete conversion of pentose sugars to
ethanol (Sassner et al., 2008).
1.3.1 Conversion of hexose sugars to ethanol

The commonly used yeast for ethanol fermentation is Saccharomyces cerevisiae, which is
capable of converting hexose sugars to ethanol. This yeast species has the important features re-
quired in fermenting microorganisms such as high ethanol yields and productivities, minimal
formation of secondary metabolites and high tolerance to inhibitors during the pretreatment and
hydrolysis processes or to ethanol. S. cerevisiae catabolizes glucose to ethanol very efficiently by
means of the Embden-Meyerhof and Parnas (EMP) pathway followed by alcoholic fermentation
under anaerobic conditions. Another microorganism capable of converting glucose into ethanol
is Zymomonas mobilis, a Gram-negative bacterium which produces ethanol at a high yield (Choi
et al., 2008). Nevertheless, both S. cerevisiae and Z. mobilis cannot ferment pentoses such as xy-
lose present in the hydrolysates of lignocellulosic biomass (Keshwani and Cheng, 2009). Hence,

while ethanolic fermentation of hexoses derived from cellulosic biomass, i.e., glucose, mannose
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and galactose, using baker’s yeast S. cerevisiae is well established on large scale, the conversion
of the pentoses (e.g., xylose and arabinose) to ethanol is still one of the major barriers to indus-
trializing the production of lignocellulosic ethanol.
1.3.2 Conversion of pentose sugars to ethanol

The inability to ferment xylose limits hexose-fermenting microorganism’s usage in ligno-
cellulosic ethanol production. However, there are some microorganisms (bacteria and yeasts)
which have the native capacity of utilizing pentoses. The most promising yeasts that have the
capability to utilize both hexose and pentose sugars are Scheffersomyces stipitis, Candida sheha-
tae and Pachysolan tannophilus. As shown in Figure 2.1, yeasts metabolize xylose by means of
the xylose reductase (XR) that converts xylose to xylitol and xylitol dehydrogenase (XDH) that
convert xylitol to xylulose. After phosphorylation, xylulose is metabolized through the pentose
phosphate pathway (PPP) to ethanol (Zaldivar et al., 2001). Unlike yeasts, bacteria fermenting
xylose directly convert xylose to xylulose through the xylose isomerase (X1), but the wild strains
of these bacteria produce much smaller amounts of ethanol compared to yeasts. Among those
wild type yeasts fermenting xylose, S. stipitis has the highest native capacity for xylose fermenta-
tion of any known microorganisms (Agbogbo and Coward-Kelly, 2008).
1.3.2.1 Challenges of pentose (xylose)-fermenting microorganisms

The xylose-fermenting microorganisms have a slower hexose consumption rate compared
to glucose-fermenting microorganisms such as S. cerevisiae. The ethanol productivity of these
strains is at least five to ten-folds lower than that obtained with S. cerevisiae during glucose fer-
mentation (Agbogbo et al., 2007). In addition, the use of S. stipitis and other wild yeasts for xy-
lose fermentation is limited by the repression of xylose utilization when glucose is also present in

the hydrolysates. In fact, a diauxic growth or diauxic kinetic is observed when they are in medi-

11



um containing mixed sugars, glucose is consumed as first and the other sugars are metabolized
after glucose depletion resulting in low ethanol productivity. Furthermore, one of major chal-
lenges for ethanol production from xylose by native pentose-fermenting yeasts is controlling the
oxygen supply to maximize ethanol production. Too much oxygen leads to aerobic growth and
low ethanol yield with the increase accumulation of acetic acid (Rizzi et al., 1989); insufficient
oxygen leads to slow fermentation rate with the increase accumulation of xylitol and causes poor
ethanol productivity. Under strictly anaerobic condition, S. stipitis are only able to grow one
doubling before fermentation and cell growth stop (Du Preez, 1994; Slininger et al., 1991).
Hence, the fermentation capacity of S. stipitis is greatly dependent on the effects of aeration rate
for an optimal conversion of sugars to ethanol. Another limited use of S. stipitis at an industrial
scale is the low tolerance to ethanol and other inhibitors such as acetic acid, furfural and HMF
(McMillan, 1993).
1.3.3 Co-fermentation of mixed hydrolysates

In order make economically feasible process of lignocellulosic ethanol production, it is
essential to achieve simultaneous complete utilization of both glucose and xylose, the main com-
ponents of cellulose and hemicellulose. Majority of existing research has been focused on devel-
oping genetically modified single recombinant organism, which can ferment both hexose and
pentose efficiently into ethanol. In parallel with ongoing development of the genetic recombinant
organism strategy, co-culture strategy has been recognized as a promising and cost-effective way
to coferment a mixture of glucose and xylose for ethanol production. Recently co-culture ap-

proach has drawn increased interest in fermenting lignocellulosic biomass.
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1.3.3.1 Recombinant strategy

Due to the inefficient xylose fermentation by xylose-fermenting microorganisms and ina-
bility of converting xylose to ethanol by glucose-fermenting microorganisms, development of a
single recombinant organism with the application of genetic engineering has been continuously
growing. In this regard, different metabolic engineering strategies have been explored. The major
part of the engineering strategies is based on the construction of recombinant S. cerevisiae organ-
isms due to its robustness and high stress tolerance (Almeida et al, 2007). Xylose metabolism
assimilation pathway has been transferred to S. cerevisiae through the transfection of the xylose
reductase and xylitol dehydrogenase genes from the pentose-utilizing yeast S. stipitis (Chu and
Lee, 2007; Jeffries, 2006). By introducing multiple changes to the host genome, numerous re-
combinant strains have been successfully developed to ferment both glucose and xylose, simul-
taneously. Among them, the representative ones are the recombinant S. cerevisiae (424A) (Sed-
lak and Ho, 2004), engineered Zymomonas mobilis (CP4) (Rogers et al., 1982; Zhang et al.,
1995) and engineered Escherichia coli (KO-11) (Ohta et al., 1991). However, despite the prom-
ising results in ethanol production from these recombinant strains, few of them have been real-
ized in industrial applications due to issues related to genetic stabilities, diauxic kinetics or other
reasons (Hahn-Hagerdal et al., 2007).
1.3.3.2 Co-culture strategy

While metabolic engineering of developing a single recombinant strain offers the possi-
bility of converting both glucose and xylose simultaneously, alternative approaches have also
been emerged. Co-culture consisting of combinations of glucose-fermenting microorganisms and
xylose-fermenting microorganisms has been recognized as an effective approach for co-

fermentation of both glucose and xylose (Lee et al., 2008). Co-cultures can offer the robustness
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over single cultures, as the population of each strain can be adjusted to the different amount of
available sugars from lignocelluloses to maximize ethanol productivity (Eiteman et al., 2009).
The design of co-cultures offers the great advantage in easy manipulation of combining different
microbes to metabolize different pentose and hexose sugars (Alper and Stephanopoulos, 2009).
In lignocellulosic ethanol production, many of co-culture processes of hexose-fermenting mi-
crobe and pentose-fermenting microbe have been extensively studied with attempts to achieve a
simultaneous conversion of glucose and xylose to ethanol (Leschine and Canale-Parola, 1984;
Qian et al., 2006; Taniguchi et al., 1997; de Bari et al., 2004; Beck et al., 1990). However, these
co-culture processes obtain technical difficulties such as low ethanol yields due to non-
compatible optimal oxygen required by each microbe. More detailed review on co-culture sys-

tems is described in Chapter 2.
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Chapter 2. Review on Co-culture Systems

2.1 Current Co-culture Systems

Co-culture process is not only a promising strategy to lignocellulosic ethanol (bioethanol)
production but also a promising strategy to the production of bioenergy such as hydrogen, me-
thane and polyhydroxyalkanoates from renewable resources, which can reduce environmental
impacts (Florens et al., 2006; Reis et al., 2003; Rodrguez et al., 2006). The use of controlled co-
culture fermentation using S. cerevisiae and non S. cerevisiae yeasts has been recognized as an
effective way to coferment the sugar mixture (hexose and pentose) in lignocellulosic biomass.
However, a majority of co-culture studies reported that while the fermentation of glucose can be
completely converted with a traditional glucose-fermenting microbe, the fermentation of xylose
often resulted in a low efficiency due to the conflicting oxygen requirements between the two
microbes along with the catabolite repression on the xylose utilization caused by the glucose
(Kordowska-wiater & Targonski, 2002; Lebeau et al., 1997; Grootjen et al., 1991; Laplace et al.,
1993). Different approaches in both process engineering and strain engineering have been carried
out to circumvent these difficulties and to improve the co-culture processes.

Examples of different co-culture techniques in the process engineering approaches under
continuous culture conditions (Grootjen et al., 1991; Laplace et al., 1993b; Delgenes et al.,
1996), the immobilization of one of the organisms (Grootjen et al., 1991a), co-immobilization of
two organisms (Lebeau et al., 1997; Grootjen et al., 1991a; de Bari et al., 2004), two stage fer-
mentation in one bioreactor (i.e. sequential culture) (Fu & Peiris, 2008) and separate fermenta-

tion in two bioreactors (Taniguchi et al., 1997a; Grootjen et al., 1991b) are applied to alleviate
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catabolite repression exerted by glucose on xylose consumption by the xylose-fermenting mi-
crobes such as S. stipitis. For strain engineering approaches, the use of respiratory-deficient mu-
tants of S. cerevisiae (Kordowska-wiater & Targonski, 2002; Laplace et al., 1991a; Taniguchi et
al., 1997b) and Saccharomyces diastaticus (Laplace et al., 1993b; Delgenes et al., 1996; Laplace
et al., 1993c), a mutants of S. stipitis showing restricted glucose catabolite repression (Kordow-
ska-wiater & Targonski., 2002) and genetically modified organisms are applied to generate an
oxygen profile favorable for the xylose-fermenting organisms (Qian et al., 2006).
2.1.1 Co-culture microorganisms

The natural ethanol fermentative microorganisms are categorized as yeasts, fungi, and
bacteria. Examples of ethanologenic yeasts are S. cerevisiae, S. stipitis, Kluyveromyces marxi-
anus, Candida shehatae and Pachysolen tannophilus. Examples of ethanologenic bacteria are
Zymomonas mobilis, E. coli, Bacillus stearothermophilus and Clostridium celluloyticum. Table
2.1 summarizes the most selected strain combinations used in recent co-culture systems.
2.1.2 Co-culture interactions

In order to select microorganisms for the co-culture system, it is very important to study
the interactions and the compatibility of a pair of organisms. Possible interaction between two
microbial organisms can be categorized as positive interactions and negative interactions and in-
teractions which are positive for one strain but negative for the other strain (Taniguchi & Tanaka
2004). Laplace et al. (1992) have studied the various microorganisms to test the compabilities of
different fermentative conditions. In terms of compatibility, for example, the optimal conditions
of pH and temperature for bacterium, Z. mobilis to ferment glucose are pH of 7 and 37°C, respec-
tively, but these conditions are not compatible with the optimal conditions of those xylose-

fermenting yeasts (S. stipitis, C. shehatae), which are pH 5 and 30°C, respectively. However, the
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optimal fermentative conditions of glucose-fermenting yeasts are compatible with the xylose-
fermenting yeasts and hence those strains are widely used in co-culture studies as demonstrated
in Table 2.1. Among those organisms, the most commonly used pair of yeasts organisms in cur-
rent co-culture systems is the combination of S. stipitis and S. cerevisiae since both are yeasts
and have much better compatibility as well as similar fermentation conditions.

Table 2.1 The combinations of two strains used in co-culture systems for ethanol production

Strains

References

C. shehatae + S. cerevisiae

Hickert et al., 2013

S. stipitis + S. cerevisiae

Gutierrez-Rivera et al., 2012

S. stipitis + S. cerevisiae

Chandel et al., 2011

S. stipitis + S. cerevisiae

Lietal., 2011

S. stipitis + K. marxianus

Rouhollah et al., 2007

S. stipitis + S. cerevisiae

Rouhollah et al., 2007

Z. mobilis + P. tannophilus

Fu and Peiris, 2009

S. cerevisiae + P. tannophilus

Qian et al., 2006

Coimmobilized S. stipitis + S. cerevisiae

de Bari et al., 2004

Restricted catabolite repressed mutants of
S. stipitis + S. cerevisiae

Kordowska-Waiver and Targonski, 2002

Restricted catabolite repressed mutants of
S. stipitis + RD mutant of S. cerevisiae

Kordowska-Waiver and Targonski, 2002

S. stipitis + RD mutant of S. cerevisiae

Kordowska-Waiver and Targonski, 2001

Coimmobilized S. cerevisiae + C. shehatae

Lebeau et al., 1997

S. stipitis + S. cerevisiae

Taniguchi et al., 1997a

S. stipitis + RD mutant S. cerevisiae

Taniguchi et al., 1997a

S. stipitis + RD mutant S. diastaticus

Laplace et al., 1993a
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C. shehatae + S. cerevisiae Laplace et al., 1993b

C. shehatae + RD mutant of S. cerevisiae Laplace et al., 1993b
Coimmobilized S. stipitis + S. cerevisiae Grootjen et al., 1991a and 1990a
Immobilized S. stipitis + S. cerevisiae Grootjen et al., 1991a

2.2 Challenges of Co-culture Systems

Although the co-culture systems has been recognized as a promising strategy and has
drawn increased interest, limited research has been done so far to investigate the dynamic prop-
erties of co-culture organisms due to the complexity of the organisms’ nature dynamics and the
difficulty of controlling the system (Tohyama et al., 2002). In addition, the main difficulty of us-
ing two microorganisms for the cofermentation of the two dominating sugars of the lignocellulo-
sic hydrolysates is the inability to provide optimal fermentative conditions for the two organisms
simultaneously as well as the limitations existing in the xylose fermentation.
2.2.1 Major limitations in the fermentation of xylose

The rates of ethanol production and the ethanol concentrations attained by the most
promising xylose-fermenting yeasts compare poorly with that of ethanol fermentation by glu-
cose-fermenting S. cerevisiae. The major limitations of xylose fermentation, including xylose
transport mechanisms are described below.
2.2.1.1 Xylose transport system in xylose-fermenting microorganisms

In the conversion of xylose to ethanol by xylose-fermenting microorganisms, xylose is
first transported across the cell membrane by a proton symport where xylose is reduced to xylitol
via a xylose reductase (XR). Then, xylitol is oxidized to xylulose by a xylitol dehydrogenase

(XDH). The xylulose is then phosphorylated to xylulose-5-phosphate before entering the pentose
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phosphate pathway (PPP). Thereafter, the xylulose-5-phosphate is metabolized to glyceralde-
hyde-3-P and fructose-6-P via PPP, and then these compounds are converted to pyruvate where it
is finally converted to acetaldehyde, which further reduced to ethanol, as demonstrated in Figure
2.1 (McMillan, 1993). Yeasts and fungi use this two-step oxidoreduction reaction to convert xy-
lose to xylulose. Enzymes used in xylose conversion by different yeasts require different cofac-
tors of NADPH, NADH, NAD+, and NADP+. For S. stipitis, it can use either NADPH or NADH
as the cofactor, but the affinity (K,,) of NADPH is lower than for NADH (Skoog and Hahn-
Hagerdal., 1990). There are two major pathways of converting xylose to xylulose are shown in
Figure 2.1. In contrast to yeasts and fungi, most of bacteria use the xylose isomerase pathways
(one-step reversible reaction) for catabolism of D-xylose. The enzymes of Mn?*, Co?*, or Mg

are required for its activity (Chandrakant and Bisaria, 1998).
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Figure 2.1 Two routes for metabolism of xylose to xylulose and subsequent conversion of xylu-
lose to ethanol (Chandrakant and Bisaria, 1998)
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Many xylose conversion pathways are based on chemosmotic proton symport which are
strongly pH dependent. Table 2.2 summarizes xylose transport systems for several bacteria and
yeasts. Xylose uptake in yeasts can occur by both facilitated diffusion and active transport pro-
cesses. Active transport systems, in contrast to facilitated diffusion systems, require metabolic
energy and can uptake sugars against a concentration gradient (McMillan, 1993). In S. cere-
visiae, xylose is not metabolized, but xylose is transported by facilitated diffusion (Jeffries,
1983). For S. stipitis, no facilitated diffusion system is present and symport system is active in
cells (Kilian and van Uden, 1988).

Table 2.2 Xylose transport systems for bacteria and yeasts (Chandrakant and Bisaria, 1998)

Transport System Example Reference
Proton symport Bacteria: E. coil Jeffries (1985)
Bacteria: Staphylococcus xylosus | Killian and van Uden (1998)
Yeast: S. stipitis Does and Bisson (1989)
Facilitated diffusion Yeast: S. cerevisiae Lucas and van Uden (1986)
Aerobic Yeast: Rhodotorula sp. Jeffries (1985)
proton symport Wevvs and Lee (1990)
Proton symport and Yeast: Candida shehatae Lucas and van Uden (1986)
facilitated diffusion

2.2.1.2 Catabolite repression on xylose uptake by glucose

The co-cultures of yeast strains do not always ensure the complete consumption of xylose
due to the catabolite repression on the xylose utilization caused by the glucose (Nakamura et al.,
2001). During the fermentation of sugars released from hydrolysates, microorganisms tend to
selectively utilize a preferred glucose first. Hence, when the glucose is present, the enzymes and
sugar transporters of other sugars (pentose sugars) are repressed. According to the studies, they
showed that glucose represses the induction of xylose reductase (XR) and xylitol dehydrogenase

(XD) activities needed for xylose assimilation in the native xylose fermenting yeasts (Bicho et
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al., 1988; Slininger et al., 1987). A possible explanation for this is, in S. stipitis, both low-affinity
and high-affinity xylose proton symport are simultaneously operated. The low-affinity system is
responsible for substrate inhibition when glucose but not when xylose is the substrate. The com-
petition of glucose with the xylose occurs with the low-affinity system and the inhibition of xy-
lose transport occurs by the high-affinity system in non-compatible manner (Kilian and van
Uden, 1988). From the study, it confirms that the inhibition of xylose conversion occurs at glu-
cose concentration higher than 2.3g/L (Grootjen et al., 1991b). Once the glucose is consumed by
xylose-fermenting organisms, their growth and fermentation cease until the enzymes required for
metabolizing xylose can be prepared. This preferential consumption of sugar (glucose) makes it
challenging to design and efficiently control the fermentation processes using lignocellulosic bi-
omass (Kim et al., 2010). Therefore, this diauxic kinetic is a practical problem in the cofermenta-
tion both glucose and xylose by xylose-fermenting yeasts including native and even engineered
strains (Krishnan et al., 1999; Kuyper et al., 2005; Slininger et al., 1987; Zaldivar et al., 2002).
2.2.1.3 Requirement of microaerobic conditions

The performances of xylose-fermenting yeasts are dependent on many factors. Aeration
is one of the dominant factors influencing xylose fermentation performance. The different yeasts
require different oxygenation conditions for optimal ethanol fermentation. Xylose-fermenting
yeasts require low level of oxygen for fermenting xylose. Specifically, the xylose-fermenting
yeast, such as S. stipitis, requires microaerobic condition for xylose fermentation while glucose-
fermenting yeast, such as S. cerevisiae, requires anaerobic condition for glucose fermentation.
For xylose fermentation, under anaerobic conditions, very low or no ethanol was produced and a
high yield of ethanol occurs only under microaerobic conditions. At high OTR, carbon flows

preferentially through the tricarboxylic acid (TCA) cycle resulting in greater production of cells
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at the expense of ethanol and hence the specific ethanol productivity declined and the yields are
low (Laplace et al., 1991). A low OTR permitted preventing the imbalance of NAD+/NADH that
occurred in anaerobic/very low OTR conditions which resulting in the production of xylitol.
Hence, we need to determine an optimal OTR for the lowest xylitol yields at the highest ethanol
yields by maintaining cell viability and NAD+/NADH balance (Delgenes et al., 1989). A meta-
bolic explanation of this is the role of oxygen in cofactor regulation. When oxygen is readily
available, NADH produced by the action of XDH is rapidly oxidized to NAD+ by the respiratory
chain. This removal of NADH and production NAD+ drives the XDH to produce D-xylulose.
Based on the overall fermentative reaction for xylose conversion to ethanol, 3 moles of xylose
are required to produce 5 moles of ethanol and carbon dioxide. The theoretical yield of ethanol is
based on the following stoichiometry:
3CsH,00s = 5C,HsOH + 5C0, (2.1)

This equation assumes the conversion of xylose to xylulose without xylitol accumulation, that
xylulose-5-P is converted to fructose-6-P and glyceraldehyde-3-P via PPP without cofactor im-
balance, that fructose-6-P and glyceraldehyde-3-P are converted to ethanol via the EMP pathway
without losses to acetate or TCA cycle. With this, the theoretical yield is thus 0.51g ethanol/g
xylose or 1.67mol ethanol /mol xylose (Chandrakant and Bisaria, 1998).
2.2.1.4 Ethanol inhibition

One of major limiting steps in co-culture process is the low ethanol tolerance of xylose-
fermenting organisms, which inhibits their functions of growth and fermentation (de Bari et al.,
2004). Ethanol inhibition in xylose-fermenting yeasts has more pronounced effect than that of
glucose-fermenting yeasts. This is because, the ethanol inhibition on xylose-fermenting organism

occurs at much lower ethanol concentration of ~30g/L for S. stipitis while glucose-fermenting
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organism of S. cerevisiae occurs at 70~100g/L (Casey and Ingledew, 1986). The effects of etha-
nol tolerance are a combination of different factors such as fermentation conditions. The effects
of temperature on ethanol tolerance and thermal death of xylose-fermenting yeast was studied by
Lucas and van Uden. The yeasts found to be more tolerant to ethanol at lower temperatures (Lu-
cas and Van Uden, 1985). In order to study the effects of ethanol on metabolic rate of yeast or-
ganisms, many studies conducted experiments with adding exogenous ethanol. Both Lucas and
van Uden and du Preez et al. cultured cells in the media containing different ethanol concentra-
tions and measured the specific growth rate of yeasts (Preez et al., 1989). The exogenous ethanol
introduced into cells showed a less ethanol inhibition compared to the same concentration of eth-
anol produced endogenously (Hoppe and Hansford, 1982). The effect of ethanol inhibition can
be demonstrated better with the specific substrate utilization rate than the specific ethanol pro-
duction rate, since accumulation of ethanol results in an inhibition effect on the substrate utiliza-
tion and increased specific xylitol production rate at the expense of the specific ethanol produc-
tion rate. Also, both effects are enhanced at higher temperatures (Alexander et al., 1989).
2.2.1.5 Co-culture fermentation mechanisms and conditions

There is different fermentation mechanism exists between two different organisms. For
instance, S. cerevisiae regulates fermentation in response to the presence of glucose, while S.
stipitis induces fermentative activity in response to oxygen limitation (Jeffries et al., 2007). In
addition to mechanism, pH, temperature, initial sugar concentration and composition is another
important factor which influences the performance of co-culture fermentation. The selection of
above fermentation conditions is dependent on the two selected microorganism strains of the co-
culture system. This is because each selected organism will have its own optimal values for

above conditions.
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2.2.1.6 pH condition

Many researchers, for example, Jeffries (1985) and Alexander et al. (1988), observed that
ethanol production is improved at lower pH. These observations support the hypothesis that
symport-based sugar uptake systems in yeasts require a transmembrane proton gradient to drive
sugar transport. Since cells tend to operate at a slightly a basic internal pH, the transmembrane
ApH increases when the external pH is reduced. The optimal pH for the single culture of S.
cerevisiae (pH 5.0), S. stipitis (pH 4.5-5.5 range) is around 5.0, but for E. coli and Z. mobilis are
about 7.0. Since most common combination of co-culture organisms are S. cerevisiae and S.
stipitis, the pH of fermentation medium can be controlled at 4.5-5 by adding either sodium hy-
droxide for increasing pH or hydrogen chloride for decreasing pH (Zaldivar et al., 2001).
2.2.1.7 Temperature condition

The fermentation temperature of current co-culture system is at the range of 28-30°C be-
cause the optimal fermentation temperature for the single culture of S. cerevisiae, S. stipitis, C.
shehatae and P. tannophilus is around 30°C (Chen, 2011). However, for xylose-fermenting
yeasts, such as S. stipitis, most of literatures reported on S. stipitis CBS5773, the maximum etha-
nol tolerance is found at 25°C. Although higher temperature (~30°C) does not have a pronounced
effect on xylose utilization performance by S. stipitis, the inhibitory effect of ethanol on cell
growth increases with increasing temperature so that higher final ethanol concentrations can be
achieved by reducing the temperature as ethanol accumulates. According to Delgenes et al.
(1988), at 26°C, the inhibitory ethanol concentration to growth was 50.6g/L and to fermentation
was 68.5g/L. According to previous findings on the temperature influence on ethanol tolerance,
when the temperature was changed from 25 to 30°C, the inhibitory ethanol concentration de-

creased from 43 to 33 g/L (du Preez et al., 1987). Also, according to Slininger et al. (1990), the
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temperature for xylose fermentation by S. stipitis NRRL Y-7124 (CBS5773) at 25-26°C maxim-
ized ethanol accumulation concentration, minimized residual carbon as xylitol and xylose, and
caused little sacrifice to growth rate and fermentation rate. In contrast, most S. cerevisiae strains
show 30°C as optimum fermentation temperature. However, Torija et al. (2003) showed that
fermentation of S. cerevisiae at 25°C and at 30°C had no significant differences in fermentation
performance since both reached similar maximal cell populations, although the initial fermenta-
tion rate was little higher at 30°C than at 25°C, but the ethanol yields between these two fermen-
tation temperatures were not very different. Hence, the ideal temperature for both cell growth
and fermentation of co-culture system is set at 25°C which enhances the ethanol tolerance of S.
stipitis.
2.2.1.8 Initial sugar concentration and composition

For co-fermentation of glucose and xylose in co-culture system, the initial total sugar
concentration and composition play an important role in affecting the fermentation performance.
Different researchers have chosen different initial sugar concentration and different glucose and
xylose composition ratio in their co-culture systems. However, in most of cases, the xylose
composition changes from 20-50% since the xylose composition in biomass hydrolysates is close
to this range.
2.2.2 Co-culture fermentation mode

The most current co-culture systems are operated in a batch mode, because it is simple
and the process is easy to operate. However, the batch mode has some drawbacks. For example,
in the mixed sugar medium, the presence of glucose suppresses the xylose fermentation by xy-
lose-fermenting strain in the co-culture system especially at the initial stage. Also, when the high

initial glucose concentration is close to completion, the high ethanol concentration (~30g/L) can
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inhibit xylose fermentation (Rouhollah et al., 2007). Hence, inefficient conversion of xylose will
be resulted.

Unlike batch mode, continuous fermentation mode can avoid the accumulation of ethanol
and other inhibiting metabolites (i.e. cellular wastes) in the system by allowing the outflow
(Lebeau et al., 1997). In addition, dilution rate can be adjusted to control glucose concentration
in the co-culture system to avoid the repression of xylose utilization by glucose. Therefore, fast
and simultaneous conversion of glucose and xylose with co-culture system could be achieved by
continuous fermentation. However, while glucose-fermenting yeasts grow faster, the cell growth
by xylose-fermenting yeasts is relatively slow. Especially, when these xylose-fermenting yeast
are co-cultivated with the glucose-fermenting yeast. Hence, the loss of cells or cell washout of
xylose-fermenting yeasts associated with slow cell growth via outflow can be problematic in
continuous co-culture fermentation. In order to produce ethanol efficiently by fermentation, it is
desirable to retain a high concentration of ethanol producing yeasts in a fermentor. To circum-
vent this problem, cell recycling involving cell separation by membranes and cell immobilization
techniques have been studied by others in order to increase volumetric ethanol productivities and

yields (Taniguchi et al., 1997a).
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Chapter 3. Experimental Protocol and Equipment Development

Co-culture has the potential to simultaneously ferment both glucose and xylose to pro-
duce ethanol. Recently, research on using different co-culture processes for lignocellulosic etha-
nol fermentation has drawn a significant interest (see Table 3.1 from co-culture study), mainly
due to their flexibility, tunability and increased resistance to environmental stress. However, up
to now, very limited research has been done to investigate the dynamic properties and interac-
tions of co-culture microorganisms due to the lack of effective experimental protocols and
equipment. Many researchers have tried different fermentation techniques or schemes to over-
come the challenges associated with xylose fermentation in co-culture systems. However, there
is still lack of robustness and high-throughput fermentation monitoring techniques for studying
the physiology of each organism in complex co-culture system (Huang and Lefsrud, 2014). In
our study, we have developed new experimental protocols and equipment to allow the quantifica-
tion of the dynamic properties of co-culture yeasts and physiological background of each organ-
ism to conduct systematically designed fermentative experiments.

3.1 k_a Measurement for S. stipitis

The oxygen transfer rate (OTR) is an important parameter for xylose fermentation by xy-
lose-fermenting yeast S. stipitis. This is because xylose fermentation performance depends sig-
nificantly on the oxygenation level of the culture. High aeration rate results in fast cell growth
and acetic acid production, while very low aeration (oxygen-limited) rate often results in xylitol
production, both at the expense of reduced ethanol production. Only optimized microaerobic

condition promotes ethanol production by maintaining cell viability and NADH balance. Hence,
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it is critical to determine the optimal OTR for ethanol production by S. stipitis. In order to accu-
rately supply of OTR, it is important to estimate the volumetric mass transfer coefficient ki a in
S. stipitis.
3.1.1 Introduction

The OTR is a crucial parameter in aerobic and microaerobic processes, since it is often
the rate-limiting factor due to the low solubility of the oxygen in the broth. Therefore, it is an es-
sential parameter that needs to be accurately measured or estimated for the design, operation and
scale-up of bioreactors (Garcia-Ochoa and Gomez, 2009). The transfer of the oxygen from the
gas bubbles into the cells can be divided into two steps: (1) from the gas phase into the liquid
medium phase; (2) from the liquid medium into the cells (or the consumption of oxygen by the
cells). The mass transfer rates of oxygen corresponding to these two steps are termed oxygen
transfer rate (OTR) and oxygen uptake rate (OUR), respectively. The overall mass balance for

the dissolved oxygen (DO) in the well-mixed liquid phase can be written as:

=L = OTR - OUR (3.1)

where C, denotes the dissolved oxygen concentration in the liquid phase. Based on the two film
model (Whitman, 1923) and Henry’s law, the net mass transfer of oxygen from the gas bubble to
the liquid (i.e., OTR) can be expressed as

OTR = k,a(hCz — C,) (3.2)
where Cg is the oxygen concentration in the gas phase, h is the Henry’s constant for oxygen and
ki a is the volumetric mass transfer coefficient. It has been well recognized that k_a can be af-
fected by many factors including the fluid properties (e.g., density, diffusivity, and viscosity), the
size of the bubbles, the system geometry, and operating conditions (e.g., stirring speed in a

stirred tank) (Blanch and Clark, 1996; Bouaifi et al., 2001; Linek et al., 2004; Martin et al., 2008;
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Ozbek and Gayik, 2001; Wu, 1995). Many different methods to measure k_a have been pub-
lished, which can be divided into two groups, chemical method and physical method (Suresh et
al., 2009). The chemical methods (Cooper et al., 1944) use chemical reactions to determine the
OTR or k_a and are not applicable for direct measurement of OUR. The physical methods (Baird
et al., 1993; Tobajas and Garcia-Calvo, 2000) use gas analyzer, gas chromatography or oxygen
probes to measure the gas composition and calculate the OTR and OUR at the same time.
Among different methods, the classical dynamic method (Bandyopadhyay and Murphrey, 1967)
has been widely used to simultaneously measure k a and OUR for different fermentation sys-
tems.

£t = kya(hCy — C,) — OUR (3.3)
The classical dynamic method is a simple and elegant means to measure k. a, which only re-
quires a fast responding DO probe (Rao, 2009). The schematic illustration of the classical dy-
namic method is given in Figure 3.1(a). By introducing a brief interruption in the oxygen supply
to the bioreactor, the overall process can be divided into two steps: degassing and re-gassing.
During the degassing process, air is shut off and dissolved oxygen is consumed by cells. By fit-
ting a straight line to the trajectory of the DO concentration, OUR is estimated as the slope of the
straight line. During the re-gassing process, air is resumed to bubble through the fermentation
broth. By fitting the trajectory of DO concentration to the following equation, k a can be esti-
mated. The classical dynamic method was rapidly adopted and became textbook material since
its publication (Rao, 2009). In addition, several follow-up articles have been published over the
years to improve the original method. In particular, the effect of the probe response time on the

accuracy of the k. a measurement was studied by Heineken, 1971.
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3.1.2 Materials and methods

S. stipitis CBS5773 cells were pre-cultured in minimal medium containing (per liter) 20g
D-xylose, 1.7g yeast nitrogen base without amino acids or ammonium sulfate and 2.27g urea.
Culture medium used in all experiments contained (per liter) 0.5g D-xylose, 1.7g yeast nitrogen
base without amino acids or ammonium sulfate and 2.27g urea. All experiments were conducted
in a New Brunswick BioFlo110 fermenter (3L) with a working volume of 1.5L under sterile
condition. The DO concentrations in the liquid and headspace were monitored with polarograph-
ic dissolved oxygen electrodes Inpro6800 (Mettler-Toledo, Columbus, OH). Air or nitrogen gas
was used as the gas phase for regassing or absorption and degassing or desorption respectively,
in all experiments. The gas flow rate was kept constant at 196mL/min. Experiments were per-
formed with various agitation speeds (250, 350, 450rpm) and biomass concentrations
(OD600=0.0, 1.5, 3.0, 4.5, 10.0).
3.1.3 Results and discussion

Despite many successful applications of the dynamic method to measure k, a for different
bioprocesses, we had experienced some limitations during our experiments, which have not been
addressed in the past. Some scenarios are described below and illustrated in Figure 3.1(b).
(1) Curving DO trajectory during the degassing step: in our experiments conducted with yeast
Scheffersomyces stipitis, the trajectory of the DO during the degassing process deviates from a
straight line, which directly affects the estimation of OUR.
(2) Slow degassing process at low cell density: during our experiments of medium/high agitation
with low cell density, DO decreases very slowly during the degassing step, which limits the

range for the re-gassing step (i.e., OD600=0.5 in Figure 3.1(b)). As a result, it is very difficult to
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obtain an accurate estimate of k; a due to the small perturbation introduced into the system, that
is, the small change in the DO during the regassing step.

(3) Slow re-gassing process at high cell density: under the condition of high cell density with
medium/low agitation when air is resumed after degassing step, the DO does not increase notice-
ably because of the high oxygen consumption rate, which makes the estimation of k_a very diffi-
cult (i.e., OD600=7.0 in Figure 3.1(b)).
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Figure 3.1 (a) Schematic illustration of the classical dynamic method where OUR is estimated by
fitting C__to a straight line during the degassing process and OTR or k, a is estimated by fitting
C. to an exponential curve during the re-gassing process; (b) Cases that the classical dynamic

method are less effective in describing the dynamics of mass transfer: obvious curving trajectory

during the degassing process (ODgpp=2.5); slow degassing process at low cell density

(ODg0p=0.5); and slow re-gassing process at high cell density (ODgop=7.0). Agitation speed was

fixed at 350rpm.
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In addition, the mass transfer between the headspace and the liquid phase was not consid-
ered in the classical dynamic method, which could have significant impact under certain condi-
tions as illustrated later. In this work, we present an improved dynamic method to address these
limitations, which includes both an improved model and an improved procedure. In addition, we
use S. stipitis as the model system to validate the proposed method, and to investigate the effects
of cell concentration and agitation speed on k_a of the system. To help understand the model de-
velopment, different mass transfer components involved in an aerated bioreactor are illustrated in
Figure 3.2. In the classical dynamic method, only mass transfer between the air bubbles and the
liquid broth is considered. But in fact, mass transfer between the headspace and the liquid broth
also exists, and sometimes may be dominant. To take this consideration into account, the total
mass balance of the dissolved oxygen in a well-mixed liquid phase and headspace can be written

as

ZL = ya(hCy — ) + kea'(hCy — C,) — OUR (3.4)

Ln — 2 ¢y —Cy) — kga'(hCy — C1) (35)
dt 147

where kea is the volumetric mass transfer coefficient between the headspace and the liquid
phase; C., Cg, Cy, are the oxygen concentrations in liquid phase, bubbles, and headspace, re-
spectively; Q is the volumetric flow rate of the air or nitrogen entering the headspace, Vy is the
headspace volume. Because the measured DO during the experiments is always a relative con-
centration (i.e., percentage of the calibrated concentration), we convert the model into the rela-

tive concentration terms as follows:

dCrm _
at

k,a(Com — Com) + kea'(Coyym — Cum) — OUR® (3.6)
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Lm _ 2 (¢ — Cym) — k@ R(Chym — Crm) (3.7)

dt Vu

where OUR" = OUR/hCq; Cm= C/hCo and Cym = Cp/Co, are the measured relative DO con-
centrations in the liquid phase and headspace, respectively, with the DO probe calibrated by the

air (or diluted air) fed to the bioreactor (Cy).
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Figure 3.2 Schematic illustration of different mass transfer components involved in an aerated
bioreactor.

Compared to the classical dynamic method, the major difference of the modified method
is that: during the degassing step, instead of simply shutting off the air supply, we replace air (or
diluted air) with nitrogen of the same flow rate, which speeds up the descending process of DO,
sometimes significantly; then in the re-gassing step, nitrogen is switched to air (or diluted air) of
the same flow rate to bring the DO up. For the improved method, we introduce the following
terminology changes. During the “degassing” step, because of the continuous supply of the ni-
trogen gas instead of complete shutoff of air supply, we rename this step “desorption process,” as

the gas—liquid mass transfer will result in the desorption of DO into nitrogen bubbles. Corre-
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spondingly, for the “re-gassing” step, we rename it “absorption process.” There are several im-
portant benefits of the improved procedure. First, it allows a low DO level to be achieved quickly
during the desorption process, which not only greatly reduces the risk that the cells could transit
into different physiological states during the process, but also allows a larger DO change during
the absorption process. As noted earlier, a larger change in DO during the absorption process is
desirable, as it can improve the accuracy of the estimated k_a. Second and more importantly, for
the case of high cell density where the DO does not increase noticeably during the absorption
process, ki a can be estimated based on the descending DO curve obtained during the desorption
process alone. Note that in order to do so, we assume that the air-liquid and nitrogen-liquid inter-
faces (i.e., Aqr and App) are the same. This is reasonable as O, and N, have similar physical
properties, and about 80% of air is N, anyway. In addition, this assumption was supported by
our experiments.

It should be noted that the mass transfer between the headspace and the liquid phase was
considered in Muller et al. (2012), which also considered the change of Cg. Strictly speaking, Cg
keeps decreasing as the bubbles travel through the liquid phase due to the mass transfer. Howev-
er, because of the short residence time in our experiments and most bioreactors, the amount of
the oxygen transferred into the liquid phase is very limited—Iess than 5% even for the condition
of the highest k,a for our experiments. Therefore, Cg is assumed constant in this work (Cg =0
during the desorption process and Cg = C;, during the absorption process). In addition, we did
not consider the probe response time, mainly because the dynamics of the system (with time con-
stant 30—40 min) is much slower than the dynamics of the probe (with time constant about 40 s).

For the modified dynamic procedure described above, during the desorption process, be-

cause Cgm = 0, Equations (3.6) and (3.7) can be simplified as follows:
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ZLM = —k,aCy i + k6@ (Chian — Cum) — OUR® (3.8)

dCym Q ,
df; - _ECH'T” —kea h(CH,m - CL,m) (3.9

During the absorption process, because we assume Cg = Co (or Cgm = 1), Equations (3.6) and

(3.7) can be simplified as follows:

dCL,m
dt

=ka(1—Cpm) + kea'(Cym — CLim) — OUR" (3.10)

dChm _ Q ,
e =7 (= Cym) = k@' h(Chym — Cm) (3.11)

It is worth noting that fitting either C , or Cy n during the desorption or absorption pro-
cesses (i.e., any one of the analytical solutions of the Equations (3.8)—(3.11) provided in Sup-
plemental Information) allows us to estimate OUR”, k.a and kea , simultaneously. Therefore, if
both C_mand Cy, are available over both desorption and absorption processes, we can obtain
four sets of independently estimated parameters based on Equations (3.8)-(3.11), and the con-
sistency among them can serve as an indicator of the accuracy of the estimated parameters.

Experiments were conducted to demonstrate the effectiveness of the proposed method,
Four cases of different cell density (ODggo=1.5, 3.0, 4.5, 10.0) at fixed agitation speed of 450
rpm were examined. Three replicates were conducted for each case. Figure 3.3 shows one case
(ODggo=4.5) of the measured C_, and Cym, as well as the predictions generated by the fitted
models. Both C_, and Cy , of the three replicates are very close to each other. To reduce clutter,
the measurements and predictions of the replicate 2 were shifted up by 0.2, and the replicate 3 by
0.4. From Figure 3.3 it is observed that the model predictions agree with the measurements very

well, which indicates that the models capture the dominant dynamics of the mass transfer pro-
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cesses well for both C_, and Cy , during both desorption and absorption processes. In addition,
it indicates that assuming Cg as a constant does not introduce noticeable error to the model. The
estimated model parameters are listed in Table 3.1 together with the other three cases. For all
four cases, the estimated parameters from the three replicates are almost identical; therefore no
standard deviation was provided in the table. It is worth noting that the four estimates of the pa-
rameters, obtained independently from C , during desorption, C, n, during absorption, Cy , dur-
ing desorption and Cy m during absorption independently, agree with each other well, which not
only confirms that using nitrogen bubbles to estimate the k_a is feasible, but also offers further
validation of the accuracy of the estimated k, a. This offers a significant advantage over the clas-
sical dynamic method for a couple of reasons. Because the process of fitting solutions of Equa-
tions (3.8)—(3.11) with measurements is a nonlinear optimization process, there always exist
multiple local solutions. How to pick the correct one is nontrivial due to the nonlinearity of the
optimization problem, as the set of parameters that give the smallest fitting error are often not the
true parameters. With multiple independent ways to estimate the parameters, such as through
CvLm during desorption and absorption, or Cym and C , during desorption, it allows us to find
the correct parameters relatively easily, because only the set of true parameters could minimize
the fitting error of multiple objective functions. The analytical solutions to the model equations
(i.e., Equations (3.8)—(3.11)) and corresponding codes for the curve fitting process can be found

in Supplemental Information (published).
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Figure 3.3 Experimental measurements and predictions from the fitted models of three replicates

at OD600=4.5 and agitation speed of 450 rpm. (a) Liquid phase; (b) headspace. To reduce clut-

ter, the measurements (green circles) and predictions (green lines) of replicate 2 were shifted up

by 0.2, and replicate 3 (red circles and lines) were shifted up by 0.4. Without shifting, the three
replicates overlap each other.
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Table 3.1 Estimated model parameters of different cases (various ODgqp at the fixed agitation

speed of 450rpm).
450rpm
Parameter From C_ From Cy
(107%™ Desorption | Absorption Desorption | Absorption
OD60021.5
kLa 5.55 5.55 5.54 5.55
kea 9.01 9.01 9.00 9.00
OUR" 7.01 7.01 7.00 7.00
ODeoo:3.0
kLa 6.00 6.02 6.02 6.01
kca 9.25 9.24 9.21 9.25
OUR" 6.31 6.32 6.25 6.70
OD60024.5
kLa 411 4.12 411 4.12
kca 9.22 9.22 9.20 9.11
OUR’ 1.81 1.85 1.87 1.87
ODeoo:l0.0
kLa 3.64 3.77 3.71 3.85
kca 1.21 1.11 1.23 1.10
OUR” 1.32 1.42 1.47 1.67

Three replicates of the experiments were conducted to examine the effects of cell density
(ODggo) and agitation speed (rpm) on k. a and OUR for the system with S. stipitis. For cell densi-
ty, five different ODgoo Were studied, which are 0, 1.5, 3.0, 4.5, and 10.0. For agitation speed,
three conditions were studied, which are 250, 350, and 450 rpm. The results are shown in Figure
3.4 where Figure 3.4(a) shows the estimated parameters obtained from the model as a function of
agitation speed for ODgpp=3.0, and Figure 3.4(b) shows the estimated parameters obtained from
the model as a function of ODg for the agitation speed of 350rpm. From Figure 3.4(a), it can be
seen that both k_a and kGa' increase with increasing agitation speed due to the increase of inter-
facial area of bubble-liquid and headspace-liquid, with k.a increases much faster than kga’;
while OUR™ decreases with increasing agitation speed, which can be explained by the physical

blocking effect (Ju and Sundararajan, 1995). From Figure 3.4(b), it is observed that kea is not
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affected by the cell density. This is expected because at the same agitation speed, the interfacial
area between headspace and liquid phase is not affected by cell density, therefore kea is not af-
fected by cell density. In addition, OUR” increases with cell concentration in a nonlinear fashion,
which has been observed somewhere else (Garcia-Ochoa et al., 2010). Finally, with increasing
cell density, ka first increases and reaches a maximum then subsequently decreases. This phe-
nomenon can be explained by the overall result of several mechanisms. At low cell density, the
dominant factor that affects ki a is the surface renewal and modification of medium by the cells,
which results in increased specific gas—liquid interfacial area and k a (Ju and Sundararajan,
1995); while at high cell density, cells’ blocking effect and absorption of cells to the bubble-
liquid interface result in decreased specific interfacial area and less distribution of bubbles, there-
fore decreased k a (Galaction et al., 2004; Martin et al., 2010).
3.1.4 Conclusions

In summary, the improved dynamic method is shown to be simple and effective in ob-
taining ka, in a faster and more accurate way than the classical dynamic method. It can utilize
the desorption process alone to obtain estimates on k_a, kea, and OUR. In addition, our experi-
ments on S. stipitis confirm that the presence of microorganisms can affect k,a significantly,
with enhanced k_a at low cell density, and reduced k_a at high cell density. It is worth noting
that dynamic methods (both the classical one and the improved one) estimate OUR based on the
mass balance of the liquid space (and head space), while measuring OUR through mass spec-
trometry monitoring systems adhere to performing a global mass balance. Therefore, depending
on what is the rate limiting step (either OUR or OTR), the OUR obtained from the mass spec
method could be the same or different from that obtained from the dynamic methods. When OTR

is smaller than OUR, how much oxygen the cells can consume is limited by OTR and DO is
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closed to 0. Under this condition, OUR obtained from the dynamic method would be large than
the OUR obtained from mass spec, and the amount of the oxygen consumed by the cells should
be calculated from OTR (i.e., via kia and kga), instead of the measured OUR. If OTR is larger
than OUR, DO will be larger than 0, then the OUR obtained from mass spec monitoring system
and the dynamic method would be the same. Although a mass spec monitoring system always
obtains the actual amount of oxygen that the cells consumed, it has its own limitations. For ex-
ample, the instrumentation needs to be highly accurate, since the measurements of the inlet and
outlet compositions usually are different only slightly in the case of low OUR, which is quite of-
ten. Also the mass spec method requires that the DO be constant in order to attain accurate re-
sults, where it was recommended to keep DO from changing £0.05%. On the other hand, the lim-
itation of the dynamic methods is that the physiochemical change of the media and physiological

changes in the cells could be introduced because of the required perturbation.
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Figure 3.4 Effect of cell density and agitation speed on k. a, kga, and OUR’: (a) effect of agita-
tion speed at OD600=3.0; (b) effect of cell density at agitation speed of 350 rpm.

3.1.5 Precise control of oxygen supply

With the ki a measurement of S. stipitis, a precise control of oxygen supply is required in
order to study the effects of OURs on xylose fermentation by S. stipitis. The efficient conversion
of xylose to ethanol by S. stipitis is highly influenced by OUR and there exists an optimal OUR.
Above the optimal OUR, carbon flows preferentially through the TCA which results in faster cell
growth at the expense of ethanol production, while below optimal OUR, the imbalance of cofac-
tors (NAD/NADH, NADP/NADPH) will result in the production of xylitol. Hence, a precise
control of oxygen supply is important to maximize the ethanol production. However, a commer-

cial gas mixing component come with the bioreactor does not provide a sufficient control as the
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total gas flow rate changes when the ratio between air and nitrogen is adjusted. Hence, in order
to achieve accurate and stable oxygen supply, we developed and tested a gas mixing apparatus
by adding a buffer tank, which can deliver the desired stable feeding gas as shown in Figure 3.5.
To achieve various stable oxygen supply rates, air has to be mixed with nitrogen to achieve de-
sired oxygen compositions by maintaining constant total gas flow rate. Our results confirmed
that the developed gas mixing apparatus was able to deliver the desired stable feeding gas which

was also confirmed by GC measurements.
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Figure 3.5 (a) The schematic diagram of gas mixing apparatus for control of oxygen supply; (b)
overall flow rate of gas mixture vs. combined gas flow rates of air and nitrogen at different oxy-
genation levels
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3.2 Cell Retention Module
3.2.1 Pseudo-continuous fermentation

In this work, we performed xylose fermentation by S. stipitis under a pseudo-continuous
operation for both single culture and co-culture experiments. It is characterized by continuous
nutrient feeding and continuous cell-free broth withdrawal, which can be implemented through
installing a cell retention module (Figure 3.6) to filter out cells from effluent. The pseudo-
continuous fermentation which operates with cell retention is not a new idea. It has been used in
animal cell cultures called “perfusion” (Butler, 2005). This technique eliminates the washout of
cells and culture dilution often occurs within the continuous operation, which severely limits
high cell density culture and thus, total productivity. Because S. stipitis grows very slowly under

oxygen-limiting conditions, “washout” often results under continuous operation.
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Figure 3.6 The cell retention module installed in a single culture system
The steady-state in our fermentation system can be defined as the state with a constant

ethanol production rate under constant biomass production rate. With pseudo-continuous opera-
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tion available, the biomass of S. stipitis can be controlled by the dual-mode operation, which
combines pseudo-continuous operation for biomass accumulation and continuous operation for
biomass maintaining or reducing based on dilution rates. One major concern about the pseudo-
continuous fermentation is the performance of a cell retention module. The efficient retention of
cells within the bioreactor using a cell retention module requires the continuous removal of ac-
cumulated cells on the filtration surface due to continuous withdrawal of fermentation broth. If
this action is not taken place, the cells become clogged on the filtration surface to decrease and
eventually block the outflow rate. To overcome this difficulty, the filtration surface of the mod-
ule was located right against the propeller (Figure 3.7) to constantly clean through the shear
stress generated by agitation, which allowed achieving sustained pseudo-continuous fer-

mentation for more than three months.

ot

Figure 3.7 The design and position of developed cell retention module for co-culture system

S

The cell retention within the bioreactor is not only preventing cell washout, but it is also
providing an effective way for cells to adapt to the surrounding environment. Microorganisms
can adapt to environmental perturbations such as an increase in osmotic pressure, the accumula-
tion of ethanol and carbon dioxide and a decrease in the amount of nutrients. Of these environ-

mental changes, the accumulation of ethanol during cultivation causes the most stress to yeast
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cells (Attfield, 1997). Adaptation of cells to environmental changes is achieved by alteration of
the intracellular physiological conditions to the surrounding environment (Dinh et al., 2008). The
pseudo-continuous operation reaches a pseudo steady-state while environmental pressure is be-
ing consistently applied, and gradually increases, which is an ideal case for cell adaptation. The
adaptation of yeast under high ethanol concentration is important and leads to survival of the
yeast strains that can grow well in high ethanol concentration. More detailed information on eth-
anol adaptation via pseudo-continuous fermentation can be found in Chapter 5.
3.3 Co-culture Bioreactor Development

One of major technical obstacles in conventional co-culture process is low ethanol yields
associated with non-compatible optimal culture conditions between two strains due to the ineffi-
cient control of optimal oxygen condition required by each organism. In order to circumvent this
problem, we came up with a new equipment to systematically study the co-culture system dy-
namics. For new equipment, we have developed a two-chambered co-culture bioreactor which
enables the confinement of each organism so the effective control of optimal fermentative condi-
tions and independent control and monitoring of each organism are possible. With the developed
co-culture bioreactor, we were also able to conduct systematically designed experiments to in-
vestigate the dynamic properties of the co-culture system by manipulating different operating
parameters, such as OUR, dilution rate, sugar concentration as well as inoculum concentration.
3.3.1 Major limitations in co-culture process

In order to develop an effective co-culture process to achieve simultaneous conversion of
glucose and xylose to ethanol, following challenges needed to be addressed.

1) Non-compatible optimal culture conditions (i.e. optimal oxygen transfer rate) be-

tween two organisms.
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2) Catabolite repression on xylose uptake by glucose: under continuous condition, glu-
cose concentration must be sufficiently low not to repress xylose utilization by the
xylose-fermenting yeast.

3) Difficult to monitor/control the biomass development of individual organism.

4) Low ethanol tolerance of xylose-fermenting microorganism.

5) About 80% of existing co-culture research is batch fermentation which limits ethanol
productivity and the study of co-culture system systematically.

6) None of the continuous fermentation has achieved the complete consumption of both
glucose and xylose, simultaneously.

3.3.2 Proposed co-culture system

A novel two-chambered co-culture bioreactor has been developed to address the identi-
fied challenges associated with the conventional co-culture bioreactor system. The schematic di-
agram and actual set-up of developed bioreactor for co-culture study are shown in Figure 3.8(a).
This configured co-culture system enables not only confinement of each strain to each chamber,
but also exchange of culture medium and extracellular metabolites between the two chambers
through membrane. The two-chambered bioreactor has been constructed by placing a mi-
croporous filter membrane (0.45um pore size, Biodyne plus, Pall Corporation) between two
chambers to separate two strains. This configuration enables us to maintain different oxygenation
conditions for both strains by adjusting nitrogen and air flow rates into each chamber, inde-
pendently. The propellers of the agitators are driven by an external magnetic field and the pH
and temperature controllers are implemented to control the co-culture system, effectively. In ad-
dition to this reactor design, an innovative fermentation scheme, pseudo-continuous fermentation

(i.e. continuous fermentation with cell retention), was proposed in the co-culture system.
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Figure 3.8 (a) The schematic diagram of co-culture system; (b) Actual set-up of the developed
bioreactor for proposed co-culture system
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3.3.3 Advantages of novel co-culture bioreactor

There are several benefits associated with our co-culture bioreactor design along with

pseudo-continuous fermentation.

1) Membrane-separated two-chamber bioreactor

Different oxygen requirements for both stains can be fulfilled by separate con-
trol of the gas supply to each chamber.

The changes of cell population for both strains can be monitored individually.
Continuous removal of cellular wastes and other inhibitors while retaining
cells in the reactor.

Allow the wide range of feasible operations to study the dynamic properties of

co-culture system effectively.

2) Pseudo-continuous fermentation

Prevent catabolite repression on S. stipitis and enable the complete consump-
tion of glucose and xylose simultaneously. With cell retention, dilution rate
can be easily adjusted to maintain the glucose concentration at a very low lev-
el to ensure that S. stipitis consumes only xylose.

Provide an ideal environment for cell adaptation by tolerating cells with high
ethanol concentration which improves the ethanol tolerance of both organ-
isms, especially for S. stipitis.

Prevent frequent cell washout associated with slow growth of S. stipitis during

fermentation.
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3.3.4 Construction of co-culture bioreactor

In the development of the two-chambered co-culture bioreactor, we have tested and mod-
ified/improved the different features of the bioreactor to address the following practical aspects
of bioreactor operation. These are sterilization, agitation, air distribution, temperature and pH
controls, sampling, cell retention module, exhaust gas cooling and etc. The major features of the
co-culture bioreactor are summarized as below.
3.3.4.1 Co-culture bioreactor material selection and construction

The bioreactor is originally constructed from transparent PVC material. This material is
very easy to work with, but cannot stand for autoclave sterilization conditions which deforms
and changes the color of material from transparent to opaque. After this observation, we have
switched the plastic material to polycarbonate material, which can stand for the autoclave sterili-
zation conditions since it is a thermoplastic polymer plastic. One major limitation of this material
is that the difficulty in gluing different parts of the bioreactor together due to the high chemical
resistance characteristics of the polycarbonate material. With extensive research, high tempera-
ture epoxy (EPO-TEK) was selected as an adhesive to glue/assemble the different parts of the
bioreactor. We have developed the appropriate annealing process (pre- and post-annealing) for
polycarbonate and curing process for epoxy and successfully built a two-chambered bioreactor
with polycarbonate material as shown in Figure 3.9.

However, the cured epoxy material cannot stand for more than one or two cycles of auto-
clave process, and then the reactor starts to leak. In the humid environment of autoclave steriliza-
tion, the steam (heat and moisture) plays a significant role in diminishing the strength of the
bond formed by the epoxy, which resulted in material deterioration. We have modified the de-

sign of the bioreactor (adding the trenches of the joint parts) and tested various conditions for
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curing time and temperature to better facilitate the epoxy bonding process. However, it could not
successfully pass the tests for leakage and autoclave. After extensive research and tests, we have
found solvent cement (Weld-On, IPS Corp.), which can provide the strength of joint parts of the
bioreactor, effectively. Heating and steam can cause bubbling in the solvent area as the solvent
leaves the surface but once the solvent cured completely, the effect could be minimized. Since
the solvent cement can only be used for structuring the bioreactor, not for sealing purpose, sili-
cone gel was applied on the top of cured solvent cement to provide the sealing of the bioreactor.
With the solvent cement along with silicone gel (Figure 3.10) provided the solution to solve both
leakage and sterilization problems. However, the silicone gel cannot stand more than one cycle
of autoclave sterilization so the reapplication of silicone gel is required for new experimental
run. The process of removing and reapplying silicone gel is not easy and can easily lead to mis-
takes. With the suggestion from other colleague, we found a sterilizable epoxy (Resbond S5H13,
Cotronics Corp.) which can withstand repeated sterilization cycles and can be used for both

structuring and sealing (Figure 3.11).
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Figure 3.9 The design plot and the assembly of high temperature epoxy glued two-chambered
bioreactor

Figure 3.10 The design plot and the assembly of combined solvent cement and silicone gel glued
two-chambered bioreactor
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Figure 3.11 The assembly of sterilizable epoxy glued two-chambered bioreactor

3.3.4.2 Co-culture bioreactor features

Agitation: initially, the magnetic stirring bar driven by external magnetic field was
used to agitate the system. However, this system provides very limited agitation and
very limited air distribution as it stays at the bottom of the reactor. To address this
problem, we modified the commercial system which uses propeller driven by external
magnetic field to fit our purpose. The new agitation system provides effective agita-
tion and air distribution as the propeller plays a significant role in shearing larger
bubbles into smaller bubbles to increase the residence time of oxygen mass transfer.
Gas distribution/sparger: gas distributor was modified from air stones to the stain-
less steel tube which is bent into circular shape with 5 holes drilled on the tube, which
provides satisfactory air/nitrogen distribution along with the new agitation system.
Sampling: for easy sampling without introducing any contamination, we developed
an in-house made sampling device that is similar to the commercial one, which is

made with centrifuge tubes. In this way, we can accurately and directly measure the
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sample volume at the time of the sampling. Also it enables easy replacement of the
sterile sampling tube for each sampling.

Exhaust gas cooling: cooling system was developed in order to prevent the blockage
of the exhaust gas filter. Previously, we have experienced the blockage due to the
build-up of the vapors in the filter. To address this difficulty, the exhaust gas port was
connected to the condenser along with the cooling water system (water re-circulation
system). In addition, the exhaust cooling system prevents the ethanol evaporation as
the exhaust gas carries ethanol vapors with it. The exhaust gas flows through a con-
denser can prevent the ethanol evaporation as the ethanol vapors condense and fall
back into the reactor.

Off-gas oxygen measurement: DO probe was installed in off-gas collect bottle to
measure the DO of inlet and outlet of off-gas from each chamber.

Cell retention module: previous design of the developed cell retention module (in-
house) was difficult to bind membranes to the ends of the rigid plastic tube which
caused a leakage due to its tight bindings. In the new design, the cell retention module
was built based on the design of commercial filtration system. Modifications were
made to reduce the dead space of membrane surface to prevent cell accumulation and
by adding a membrane support screen to prevent the breakage of the membrane. Dif-
ferent designs of cell retention modules based on above modifications and different
types of membranes were tested with cell broth to observe the performance of module
and membrane (Figure 3.12). A vertically positioned cell retention module with fac-
ing towards the propeller performed the best and was selected as a final design. The

membrane selection was done by testing and comparing different types (i.e. pore size
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(0.8um), thickness, material types) of filter membranes for the outflow rate perfor-
mance and flow stability over extended period. Supor 800 (Pall Corporation) per-
formed the best among tested membranes due to its superior material type and high

water flow rate property.

Support
Support screen
Membrane rod
\ \
— — — — —

Screen support Screen support
deformation deformation
& dead volume

Membrane
deformation & brecakage

Figure 3.12 The process of development of cell retention module
e Temperature control: due to the special design of the co-culture bioreactor, the
commercial temperature control system was not fitted for our co-culture system. So,
we developed a temperature control system by using the heating bands and a com-
mercial PID controller to control the reactor temperature, uniformly. From the test, it
confirms that the reactor temperature can be maintained within + 1.5 °C of variation

of target temperature.

54



Chapter 4. Mathematical Modeling Work

4.1 Introduction

Mathematical models of the cellular metabolism have drawn special interest in biotech-
nology as a tool for understanding the cellular metabolism and physiology. There are two main
approaches to mathematical models of biological data based on their structure. Stoichiometric
models (metabolic network models) are based on the time invariant characteristics of metabolic
networks. Kinetic models are usually based on both stoichiometry and enzyme or microbial ki-
netics (Gombert and Nielsen, 2000).

However, control and operation of fermentation processes have become a complex task
due to the biological nature of the system, its multicomponent character, and the oscillatory be-
havior of fermentation. The formulation of proper models for the description of biological pro-
cesses during ethanol production is crucial to optimize the continuous fermentation process to
define the optimal cultivation conditions for increasing productivity and conversion of sugars
into ethanol. Many studies carried out at laboratory scale for the improvement of bioethanol pro-
duction processes have been simulated using mathematical models. The unstructured models are
frequently used during the control of fermentation processes to describe the dynamic behaviors

of the fermentation system.
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4.2 Kinetic Model Development

The mathematical models for estimating the dynamic behavior of ethanol production
from co-culture system and single culture system are constructed. The parameters of the model
were estimated from the experimental data in the medium containing glucose and xylose (co-
culture) or xylose alone (single culture) in continuous/pseudo-continuous fermentation. The cal-
culated values form the models corresponded satisfactorily with experimental data, such as cell
growth, substrate consumption, ethanol, xylitol, glycerol, and acetic acid productions, especially
in the estimation of the specific rates. The developed model allows us to estimate ethanol pro-
duced from each strain as well as to investigate the effects of different model parameters on the
overall secretion of different products and byproducts. The developed model was validated by
independent testing data sets, which shows satisfactory agreement with the experimental data.
4.2.1 Single culture kinetic model

Single culture kinetic model consists of five differential equations which includes cell
growth, xylose consumption, ethanol production, xylitol production and acetic acid production.
The model equations listed in Table 4.1 represent the dominant Kinetic features of S. stipitis. The
notation and subscripts of model parameters are described in Table 4.2. The single culture Kinet-
ic model was developed based on mass balance. The kinetic equations are formulated based on
the mass balance of the continuous culture operation as below.

In + Product = Out + Accumulation — Consumption 4.2)

The cell growth equation in the model, control parameter of operational mode, OptMod
was added to accurately estimate the specific growth rate of S. stipitis, which can be controlled
by continuous or pseudo-continuous operation mode. Hence, in batch or pseudo-continuous op-

eration, OptMod = 0 and the equation becomes;
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dx
d_ts = UsXy (4.2)

For continuous operation, OptMod = 1 and the equation becomes;

dXs

_ Fos *OptMod
o MsXs— ——

L X 43)

For cell growth equation, kinetics of ethanol inhibition and oxygen uptake on cell growth were
not included. This is because the ethanol concentration accumulated from S. stipitis was not criti-
cal level for inhibition and the oxygen uptake rates tested in the experiment were very low. Xy-

lose uptake rate equation can be expressed by combining the amount of xylose fed into the sys-

F

tem, =22 Z;., and the amount of xylose carried out from the system, @Zs and amount of xylose
v 14

accumulated in the system, v,¢X. . The product and byproducts production rates were deter-
mined by considering the product carried out by dilution and the accumulation.

Table 4.1 Developed single culture kinetic model

Components Equations
Cell Growth dX; Fos * OptMod
Wzl% s~ # N

Fos * OptMod

us = (1) + v

Xs0 = exp (B(2))

Xylose dZg _ Fos

at - T(Zin —Zs) —vz5Xs

1 Fyg dz,
Vs = x [ (Zin—2Zg) — )

Ethanol dE F
d_ts = —$(Es) + Vg X

1 dE; Foq
Vgs = X_S[W +7(Es)]

Xylitol dTs  F
y d—: = —$(Ts) +vrsXs
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1 dTs Foy
Vrs = X, [W ¥ (Ts)]

Acetic Acid

dAg Fys
-V (Ag) + V45X

1 dAg | Fos

Vys = X, [W + A (45)]

Table 4.2 Notation and subscripts of model parameters

Notation
I Specific growth rate (hr™)
X Cell concentration (g/L)
Z Xylose concentration (g/L)
E Ethanol concentration (g/L)
T Xylitol concentration (g/L)
R Glycerol concentration (g/L)
A Acetic acid concentration (g/L)
F Flow rate (L/hr)
D Diffusion coefficient (hr™)
OptMod Operation mode (0: pseudo-continuous, 1: continuous)
B Constant
Vv Total liquid volume (L)
vy Specific xylose consumption rate (g/gDCW/hr)
Vg Specific ethanol production rate (g/gDCW/hr)
vr Specific xylitol production rate (g/gDCW/hr)
vy Specific acetic acid production rate (g/gDCW/hr)
VR Specific glycerol production rate (g/gDCW/hr)
Subscripts
(4 S. cerevisiae
S S. stipitis
0 Out (outflow)
in In (feed in)
0 Initial

4.2.2 Co-culture kinetic model

Co-culture kinetic model (Table 4.3) was developed based on the single culture model
with addition of S. cerevisiae kinetics and diffusion coefficients. The detailed derivation of co-
culture model equations is presented in Appendix A. The diffusion coefficients accounted in this

co-culture model describes the diffusion of each metabolite (xylose, ethanol, xylitol, glycerol and
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acetic acid) across the membrane. The diffusion coefficients of each metabolite across the mem-
brane at different operational conditions were determined by the experiment. The experiment
was carried out using used membrane and new membrane at two different dilution rates with
fixed agitation speed and total gas flow rate (same set-up as co-culture experimental run). Feed
medium used in this experiment contained different concentrations of metabolites and the con-
centration of each metabolite was measured from each chamber at every 30min for 10hr. The
concentration change profiles of ethanol for both used and new membranes are illustrated in Fig-
ure 4.1 and the estimated diffusion coefficients at different dilution rates for used and new mem-
branes are presented in Table 4.4. The equations were formulated based on the mass balance of
continuous operation of our developed co-culture system.
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Figure 4.1The concentration change profile of ethanol across the membrane using (a) used mem-
brane; (b) new membrane
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Table 4.3 Developed co-culture kinetic model

Components Equations
S. cerevisiae S. stipitis
ﬂ_ _ Foc * OptMod, %_ Xe— Fys * OptModg
Cell i ar  Mede V/2 ¢ dt Mt V/2
ell grow B F,. * OptMod, _ Fos * OptModg
He= B(1) Y Hs = ﬁ(1)+T
Xco = exp (B(2)) Xs0 = exp (B(2))
dz, F,, dZ; F
o at = vz @m0 ~vacXc =Dy (B —Zs) | g =75 (B = 25) —visXs + Dy (Ze — Zs)
ose Fr, dz 1 F dz
y Vzc =X_C[V_;2(ZI"_ZC) —Dz(zc—zs)—d—tc] Vzs =X—s[(Zc_Zs)(V_;;+Dz) —E]
dE. F,, dE; F
Ethanol d_tC: V;Z (=E¢) + vgcXc — D (Ec — Ey) d_ts_v_;;(Ec—Es)"'VEsXs'*'DE (E¢ — Ey)
= E))+ Dp(Ec—E dEc ik —EyFes L p dE
VEC—X_C[ (E¢) + Dg(E¢ — s)+ﬂ VEs—X_s[_( ¢~ S)(V_/2+ E)+d_
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dE; Fos dTs  Fog
XylltOl Ezv_/z(EC_ES)‘l'vESXS"'DE (Ec — Ey) Ezv_/Z(TC_TS)"'vTSXS'FDT (Tc—Ts)
1 dEg 1 dTs
Vgs = [ (Ec— ES)(V/Z +Dg) + _t] Urs = [ Tc—- TS)(V/Z +Dp) + _t]
dRC F;, dRs Fgs
Glycerol ar V/Z( R¢) + vpeXc — Dg (R — Rs) Wzv_/z(RC_RS) + vpsXs + Dg (Rc — Ry)
1 dR, 1 dRg
Vpe = [V/Z (R¢) + Dp(Rc — Rg) + W] Vps = [ (Re— RS)(V/Z +Dp) + W]
dA, F,, dAs F
Acetic acid dtc V;Z( Ac) + VX — Dy (Ac — Ag) d_ts_V_;J;(AC Ag) +vp5Xs + Dy (A — As)
1 dA; 1 daA
Vac = [V 73 (A0) + Da(Ac — A9) + ] Vas = - [~(Ac - As)(V 72 StD+ 7]

Table 4.4 Estimated diffusion coefficients at different operational conditions

Diffusion Used Membrane New Membrane

coefficient

(hr'l) 2rpm 4rpm 2rpm 4rpm
Dy 0.1132 0.1591 0.1130 0.1913
D, 0.0935 0.1340 0.0951 0.1775
Dp 0.0654 0.0787 0.0719 0.0840
D, 0.0588 0.0754 0.0574 0.0971
Dy 0.0588 0.0734 0.0525 0.0981

4.3 Principal Component Analysis (PCA)

The PCA is a multivariate statistical tool to extract knowledge from the high dimensional

data generated from the experiment. The analysis of phenotypes on S. stipitis by PCA allows the

evaluation of cellular processes at greater depth with providing the physiological and biological

backgrounds of S. stipitis. The PCA analysis is a commonly used for dimension reduction in

multivariate analysis method, which extracts the directions corresponding to the largest varia-

tions among different variables in a high dimensional data set (Jolliffe, 2002). It also applied in

the metabolomics studies to analyze the profiles of metabolites at given conditions (Griffin,
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2004). In this study, PCA was applied to S. stipitis to extract the key metabolism of how different
oxygen uptake and carbon uptake rates would cause metabolism shifts on S. stipitis.
4.3.1 Phenotype identification by PCA

PCA can be applied to identify different phenotypes of S. stipitis under different OUR
conditions. The example of phenotypes identification under different OUR conditions along with
phenotype phase plane (PhPP) analysis is demonstrated in Figure 4.2 (Liang et al., 2014). The
identified phenotypes can be characterized as in Table 4.5. As shown in Figure 4.2 (a), scores
corresponding to the first two PCs are plotted and a total of six phenotypes of metabolism are
identified. One phenotype is distinguished from another phenotype when the correlation among
fluxes has changed, which is shown on the PCA score plot as two different straight lines, each
represents a distinctive correlation among fluxes. Each different phenotype can be characterized
to reveal the metabolic products of S. stipitis (cell mass, ethanol, xylitol, acetic acid). The biolog-
ical knowledge embedded in the experimental data can be extracted through the PCA. Under the
same phenotype, the variations among different reactions can be completely captured by the

loading of a single PC. The result from PhPP (Figure 4.2(b)) also identified six phenotypes.
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Figure 4.2 Phenotypes identified with PCA when OUR changes within [0,20] mmol/gDCW/hr
(a) phenotypes identified by PCA; (b) phenotypes identified by PhPP; (c) model predicted cell
growth rates and specific ethanol production rates (Liang et al., 2014)
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Table 4.5 Summary of characteristics of identified phenotypes (Liang et al., 2014)

Phenotype Growth limitation Metabolic product(s) Main metabolic
characteristics
1 Xylose Cell mass Aerobic growth
2 Xylose, Oxygen Cell mass, acetic acid Increased acetic acid
production
3 Xylose, Oxygen Cell mass, ethanol, acetic Ethanol production
acid and declined acetic
acid production
4 Xylose, Oxygen Cell mass, ethanol, xylitol | Declined ethanol pro-
duction and increased
xylitol production
5 Oxygen Cell mass Declined ethanol and
xylitol production
6 - - Cannot maintain me-

tabolism (no growth)
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Chapter 5. Single Culture Study

5.1 Introduction

Complete substrate utilization of glucose and xylose is one of the prerequisites for ren-
dering lignocellulosic ethanol processes economically competitive. While ethanolic fermentation
of hexoses derived from cellulosic biomass, i.e., glucose, mannose and galactose, using baker's
yeast S. cerevisiae is well established on large scale, the conversion of the pentoses (e.g., xylose
and arabinose) to ethanol is still one of the major barriers to industrializing the production of lig-
nocellulosic ethanol. This is because the ethanol production from xylose by native S. stipitis re-
quires controlling oxygen supply to maximize ethanol production. High aeration rate results in
fast cell growth and acetic acid production, while very low aeration (oxygen-limited) often re-
sults in xylitol production, both at the expense of reduced ethanol production. Only optimized
microaerobic condition promotes ethanol production by maintaining cell viability and NADH
balance. Hence, it is critical to determine the optimal oxygen utilization rate (OUR) for ethanol
production by S. stipitis.

In order to quantitatively study the effect of OUR on the xylose fermentation perfor-
mance, we studied the dynamics of S. stipitis in response to accurate control of OUR. Several
studies have been reported on the optimum oxygenation conditions for ethanol fermentation by
S. stipitis (Table 5.1). Among these studies, most of the experiments were carried out using batch
cultures grown in flasks where the Oxygen Transfer Rate (OTR) and/or Dissolved Oxygen (DO)
were not effectively controlled. Different OTR levels have been tested simply by changing vol-

ume of media, airflow rate, and agitation speed. However, our research showed that the inaccu-
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rate control of OTR/OUR is problematic in these studies. In addition, our research indicated that
the optimum OUR alone (i.e., without information on carbon utilization) does not correlate well
with ethanol yield. Our research showed that with the same OUR condition tested under con-
trolled chemostat, the ethanol yield changed due to the change of metabolic status or phenotypes
of S. stipitis. Different phenotypes exist under a single OUR condition, which was verified by
Principal Component Analysis (PCA) which enables the extraction of correlations between dif-
ferent cellular physiology with respect to carbon uptake and OUR. This helps us understand and
quantify the metabolic mechanism of OUR in continuous fermentation.

Table 5.1 Reported OTR/OUR for xylose fermentation by S. stipitis

Literature Strain Culture OTR/OUR Operation Optimal Max.
medium meas. method OTR/OUR | ethanol
yield
(Suetal., S. stipitis MS medium OTR: sulfite- Batch (flask) OTR=2.5 ~0.39
2014) NRRL Y- (modified Slin- | oxidation meth- to 4.7mmol
7124 inger et al., od, controlled O,/L/hr
(CBS5773) 2006) => by medium vol.
and agitation
speed
(Slininger et S. stipitis Complex medi- | k_a: method by | Batch (fermen- | k ,a=2.4to 0.34
al., 2014) NRRL Y- um (Slininger et al., tor) 6.0 hr
7124 (CCY medium: | 1991)
yeast extract,
urea, mineral OTR: Ingold
salts, potassium | polarographic
phosphate buff- | oxygen elec-
er) trode,
controlled by
aeration rate and
agitation speed
(Silva et al., S. stipitis Nutrient medi- | k, a: method by Batch (flask) ki a=2.3to ~0.29
2012) NRRL Y- um (Stanbury et al., 4.9 hrt
7124 (Urea, Yeast 2013)
extract, (OTR=0.55
MgSO47H20, to
xylose) 1.17mmolO
2/L/hr)
(Silva et al., S. stipitis Complex k a: static Batch (fermen- | DO=0 for N/R
2011) NRRL Y- medium method tor) all tested
7124 oxygena-
tion levels
(Silva et al., S. stipitis Rice straw hem- | Vask/V medium Batch (flask) | Vfiask/V mediu 0.37
2010) NRRL Y- icellulosic hy- | ratio, agitation m ratio=2.5
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7124 drolysate @200rpm
(Unrean and S. stipitis Minimal medi- | k_a: unsteady Batch (fermen- | OTR=1.8 0.40
Nguyen, BCC15191 um (YNB, state method by tor) mmol
2012) (NH,4),S0,, (Shuler and O,/L/hr
glucose, xylose) | Kargi, 2002) (0.1vvm)
OTR: aeration
rate (vvm) was
controlled by air
mix controller
(Ya- S. stipitis Standard nutri- | k_a: colorimet- Batch (flask) | OTR=5mm 0.25
blochkova Y-2160 ent medium ric method with ol O,/L/hr
et al., 2004) containing 2% | sulfite
D-xylose
(Sanchez et S. stipitis Complex medi- | ki a: dynamic Batch (Mag- | k,a=2.9hr™ 0.42
al., 2002) ATCC um (yeast ex- | gassing out netically- (20G/5X)
58376 tract, peptone, | method stirred fermen-
glucose, xylose) tor) 0.47
(24G/1X)
(Nigam, S. stipitis HSSL (hard- OTR: sulfite Batch (flask) | OTR=2.0m 0.41
2001) NRRL Y- wood spent oxidation meth- mol
7124 sulfite liquor) | od, controlled O,/L/hr
medium, Syn- | by agitation rate
thetic medium | and air sparging
velocity
(Taniguchi, S. stipitis Complex medi- | ka: sulfite oxi- Batch OTR=18.7 0.40
1997) NRRL Y- um dation method (fermentor) mg O,/L
7124 (CCY medium) /hr
OTR: Ingold O,
probe
OUR=0TR
controlled by
agitation speed
& cell conc.
(Guebel et S. stipitis Basal medium | OTR: sulfite Batch (flask) | OTR=5mm 0.16
al., 1991) NRRL Y- (YYeast extract) | oxidation meth- ol O,/L/hr
7124 od, controlled
by ratios of me-
dia volume
(Laplace et S. stipitis Medium de- OTR: off-gas Batch OTR=1.75 0.43
al., 1991) NRRL Y- scribed by Pa- | analysis by GC (fermentor) mmol
7124 rekh, 1986 O,/L/hr
(Skoog and S. stipitis Minimal medi- | k_a: Modified Continuous Exceeds 0.48
Hahn- CBS6054 um sodium sulfite (fermentor) OTR detec-
Hégerdal, (YNB w/ amino | oxidation meth- tion limit
1990) acids, K,HPO,, | od (OTR< 1
KH,PO,, xy- mmol
lose) O,/L/hr)
(Dellweg et S. stipitis Complex medi- | k,a: described Batch OUR=3.75 0.39
al., 1989) NRRL Y- um by (Rizzi et al., (fermentor) mmol
7124 (YYeast extract, | 1989) O,/L/hr
KH,POy,
(NH4),HPO,4, | OTR: controlled
MgSO,7H,0, | by agitation
D-glucose or D- | speed
xylose)
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and outlet gases
with a paramag-
netic oxygen
analyzer and an
infrared carbon
dioxide analyzer

(Delgenes S. stipitis Medium de- DOT: monitored | Batch (fermen- | OTR=0.7m 0.42
etal., 1989) NRRL Y- scribed by Slin- | by oxygen ana- tor) mol
7124 inger et al., lyzer with O, O,/L/hr
1982 probe
(Du Preez et S. stipitis Complex medi- | DOT: continu- Fed-batch DOT=0 ~0.35-
al., 1989) CBS7126 um ous monitor and (fermentor) 0.4
control by po-
larographic
electrode and
digital oxygen
meter
OTR: control by
agitation speed
(Rizzi et al., S. stipitis Complex medi- | Difference in % Batch OTR=3.75 0.39
1989) NRRL Y- um of O, and CO, (fermentor) mmol
7124 between inlet O,/L/hr

5.2 Materials and Methods

5.2.1 Microorganism and culture media

Scheffersomyces stipitis CBS 5773 was obtained from ATCC and maintained at 4°C on
YPX agar plate containing (per liter) 10g yeast extract, 20g peptone and 20g of xylose. For the
culture media, the minimal medium was used for both pre-culture and fermentation which con-
tained 20g xylose for pre-culture or 30g xylose for fermentation, 1.7g yeast nitrogen base with-

out amino acids and ammonium sulfate and 2.27g urea. The xylose concentration of feed medi-

um for continuous fermentation was varied based on the operational conditions.

5.2.2 Cultivation conditions

The pre-culture of S. stipitis was carried out in a rotary shaker (250rpm) at 30°C in a 250
mL Erlenmeyer flask which contained 100mL of the pre-culture medium as defined above. The
fermentation experiment was carried out in 3L BioFlo 115 fermentor (New Brunswick) with a

working volume of 1.5L. The fermentative conditions used in this experiment were as follows.
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The temperature was set at 25°C, and pH was controlled to 5.0 with automatic addition of 1.0N
NaOH or 1.0N H,SO,4. The reason of using different temperatures for pre-culture growth and
fermentative conditions was due to the difference in optimal temperatures of growth (30°C) and
ethanol tolerance (25°C) for S. stipitis. Agitation speed was set to 400 rpm, and the total gas flow
rate was fixed at 346 mL/min, but the air flow rate was varied based on the operational condi-
tions. Experiment was conducted under excess amounts of xylose at all cultivation conditions.
5.2.3 Control of oxygen supply and monitoring of OUR

Different levels of oxygenation can be achieved by controlling the composition of the
feeding gas into the system. Air/oxygen was mixed with nitrogen to achieve desired oxygen
composition while maintaining constant total gas flow rate. The conventional feedback control
module equipped with many commercial bioreactors is not sufficient to achieve stable OUR as it
relies on the DO measurement to determine how much oxygen (air) to be fed into the system. For
S. stipitis, once the cell density reaches 3gDCWI/L, oxygen transfer becomes diffusion limited
and the DO measurements closes to detection limits (stays at zero) which makes the conventional
DO-based feedback control ineffective.

Hence, in order to achieve stable OUR condition, we used our developed gas-mixing ap-
paratus which can deliver the desired stable oxygen concentration with stable total gas flow rate.
The delivered gas composition was confirmed by GC measurements. In order to obtain accurate
measurements of OUR, we monitored both the inlet gas and off gas oxygen concentration, and
relied on the mass balance of oxygen to calculate OUR, which can be calculated by the differ-
ence in % of O, between inlet gas and off gas with a polarographic DO electrode from BioFlo

115.

69



5.2.4 Experimental procedure
5.2.4.1 Initial cell growth and fermentation

The experiment consisted of two stages: cell growth and fermentation. The purpose of
cell growth stage was to achieve the desired cell density of S. stipitis for fermentation stage,
while the fermentation stage allowed us to examine the effect of different OURs and carbon up-
take on the fermentation performance. During cell growth stage, after inoculation of pre-cultured
S. stipitis, cells grow under oxygen-limited condition (batch growth) by purging a mixture of air
(141 mL/min) and nitrogen (205 mL/min) gas the fixed total flow rate of 346 mL/min at atmos-
pheric pressure. Such oxygen condition allows relatively fast cell growth while promoted ethanol
production, which adapts the cells to higher ethanol concentration for the fermentations stage.
The fermentation stage was implemented through either pseudo-continuous (for biomass accu-
mulation) or continuous operation (for biomass maintaining or reduction), depending on the cell
growth rate under different operational conditions. The operation time of each mode depended
on the cell growth rate, and the detailed estimation of the operation time for each mode can be
found in Appendix.

Once the specific OUR of S. stipitis became low at ~0.05 due to increase of cell density,
continuous operation and increase of aeration rate was achieved. Since specific OUR was direct-
ly related to cell density, once cell density increased, OUR decreased significantly. In order to
obtain relatively constant OUR while increasing cell density, 3-step change of aeration rates
were attained to prevent cells from dramatic change of OUR and the over secretion of acetic acid
at high aeration rate. Once desired cell density of S. stipitis was reached, the fermentation began

at the constant biomass concentration and desired OUR.
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5.2.4.2 Control of constant biomass and OUR

It was necessary to maintain constant biomass density under each oxygen condition
which allowed us to achieve stable OUR through maintaining stable oxygen supply. With the
setup of cell retention module (Figure 5.1) within the bioreactor, dual operation (continu-
ous/pseudo-continuous) mode (Figure 5.2) was implemented in this experiment. Pseudo-
continuous operation (Liang et al., 2013) is characterized by continuous nutrient feeding and
continuous cell-free broth withdrawal, which can be implemented through installing a cell reten-
tion module to filter out cells from effluent. The dual operation mode allows the easy mainte-
nance of constant cell density and stable OUR under much wider oxygen conditions, particularly

at lower OUR ranges which often results in wash-out with continuous operation.

Figure 5.1 Cell retention module equipped in the BioFlo 115 for single culture of S. stipitis
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Figure 5.2 Illustration of dual operation mode

5.2.5 Analytical methods

The concentrations of xylose, xylitol, acetic acid, and ethanol were analyzed by Agilent
1200 series high performance liquid chromatography (HPLC) with UV/Vis and refractive index
(R1) detector. They were analyzed on an Aminex HPX-87H column (Bio-Rad) at 45°C with
0.05M H,S0, solution as the mobile phase at a flow rate of 0.6mL/min. The run time of each
sample was 25min. The concentration of carbon dioxide was measured using a SRI 8610C gas
chromatography (GC) with thermal conductivity (TC) detector. They were analyzed on 3’ Silica
Gel column (column temperature: 105°C) with helium as the carrier gas at 10psia at oven tem-
perature of 80°C. The cell density of each strain was measured turbidometrically at 600 nm.
Fermentation broth was diluted according to the cell density using sterile DI water and then the
turbidity of solution was measured by a UV/Vis spectrophotometer (Beckman Coulter).
5.2.6 Kinetic model of S. stipitis

The kinetic model of S. stipitis provides important physiological yeast properties and an
important tool for optimizing operational conditions by evaluating model parameters under dif-
ferent OUR conditions. In this work, an unstructured kinetic model was developed to describe

the continuous fermentation of xylose on S. stipitis. Our model focused on the kinetics of ethanol
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production by S. stipitis on xylose with a development of a mathematical model considering the
effect of OURs and carbon uptake rates. Kinetic parameters were obtained through a system of
linear differential equations considering xylose, ethanol, xylitol, acetic acid and total biomass
(Table 5.2). Data preprocessing was applied to minimize the data oscillations introduced by
measurement error. The control parameter of operational mode change (see cell growth equation)
was added to the cell growth equation, which influenced the estimation of cell growth rate.

The model was capable of describing cell, substrate, and ethanol concentrations along
with byproducts (xylitol, acetic acid) concentrations during microaerobic fermentation. The
model fitted parameters (specific consumption/production rates) were used to analyze the carbon
balance and ethanol yields under different OUR conditions. The model equations listed in Table
4.1 represents the kinetic model of S. stipitis under continuous/pseudo-continuous fermentation.
5.3 Results and Discussion
5.3.1 Controlled chemostat

In order to quantitatively study the effects of OURs on the cell growth, ethanol produc-
tion and byproducts secretion, maintaining stable OUR at different levels to achieve chemostat
was necessary. This is because, the volumetric mass transfer coefficient (k_a) of oxygen is af-
fected by many factors such as cell density, broth viscosity, etc. (Damiani et al., 2014). There-
fore, even if the amount of oxygen delivered to the system is maintained stable with constant to-
tal gas flow rate and agitation speed, OTR may still varies over the course of an experiment due
to cell density and broth properties changes. The stable OUR was achieved through maintaining
constant biomass along with constant oxygen supply. Figure 5.3 shows the data from this exper-

iment where chemostat under different OUR conditions was achieved.
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Figure 5.3 Controlled chemostat under (a) constant cell density; (b) constant OUR

74



5.3.2 Effects of OURs and carbon uptake on ethanol yields

OUR plays an important role in describing S. stipitis’ metabolism in the estimation of xy-
lose uptake kinetic parameters, which reveals the key metabolic details of how different oxygen
supplies caused metabolism shift, providing efficient utilization of xylose and high ethanol yields
(Liang et al., 2014). However, our results indicate that the optimum OUR alone (i.e., without in-
formation on carbon utilization) does not correlate well with maximum ethanol yield. At the
same/similar OUR conditions tested under controlled chemostat, the ethanol yield changes due to
the changes of metabolic status or phenotypes of S. stipitis.

Table 5.3 represents the comparison of estimated Kinetic parameters under same OURs
tested at different metabolic status. Different specific xylose consumption rates (vZs) were ob-
served at the same OUR due to the different vZs at different carbon to oxygen uptake rate ratio
(C/O3), which results in different ethanol yields. Higher ethanol yield (Yes) obtained through
higher xylose consumption rate (vZs) along with higher C/O, (Figure 5.4). This is because, at
different stages of fermentation phase, S. stipitis changes their metabolic status or cellular physi-
ological condition along with the time which influences carbon distribution in metabolic pathway
of S. stipitis. Hence, optimized OUR information alone does not provide the maximum ethanol
yield without considering C/O,.

Table 5.2 Comparison of estimated kinetic parameters at similar OURs

OUR C/O, VvZs VES VAS VTS Yes Yas Yts
(mmolO,/gDCW/hr) (mmol/gDCW/hr) (9/9)

0.020 15.3 0.306 0.152 | 0.022 | 0.005 0.152 0.028 | 0.017

0.020 19.3 0.386 0.287 | 0.023 | 0.006 0.228 0.024 | 0.016

0.010 24.1 0.241 0.171 | 0.004 | 0.010 0.217 0.006 | 0.043

0.010 26.3 0.263 0.200 | 0.006 | 0.011 0.233 0.010 | 0.043
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Figure 5.4 Xylose uptake rate (vZs) and C/O, on ethanol yields at OURs of ~0.01 and 0.02
5.3.3 Byproducts secretion under different OURS
The effect of OURs on yields of ethanol and byproducts are shown in Figure 5.5. From
our study we often observed, when ethanol production decreased along with xylitol, acetic acid

accumulation increased with increasing OURs. Su et al. also observed the increase of acetic acid
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accumulation with increasing aeration and cell growth. Acetic acid accumulation occurs through
the partial oxidation of acetaldehyde when NAD(P)H + H" is limited. Increasing aeration in-
creased cell yield and increased the demand for NADPH, which could be balanced by generating
more acetic acid. However, xylitol accumulation during fermentation mostly serves as an alterna-
tive way to regenerate cofactors such as NAD(P)+ when NAD(P)H + H™ is in excess (Su et al.,
2015).

In our study, at low OUR as shown in Table 5.3, the ethanol yield increased significantly
from 0.175 to 0.666 due to the reduction of acetic acid secretion along with high C/O, at low
OUR. This shows that the acetic acid becomes major byproduct at high OURs, which resulted in
a negative impact to ethanol yield.

Table 5.3 Increase of ethanol yield at the reduction of acetic acid accumulation

OUR C/O, vZs VEs VAS vTs Yes Yas Yts
(mmolO,/gDCW/hr) (mmol/gDCW/hr) (9/9)

0.040 9.95 0.398 0.069 | 0.035 | 0.001 0.054 0.035 | 0.002

0.019 18.47 0.351 0.234 | 0.017 | 0.010 0.204 0.019 | 0.028

The negative impact of acetic acid also influences the fermentation performance of S.
stipitis upon initial aeration condition for cell growth. Table 5.4 shows the comparison of two
experiments on acetic acid secretions at OUR of ~0.020. The ethanol yield of EXP B was in-
creased by more than twice of EXP A with ~90% reduction of acetic acid yield. The only differ-
ence in operational condition of two experiments was the initial aeration condition for cell
growth. For EXP B, initial OUR of 0.10~0.15mmol/g/hr was rapidly reduced to 0.05mmol/g/hr
upon cell growth, while OUR of 0.15~0.25 mmol/g/hr was maintained at initial cell growth for
EXP A. The rapid accumulation of acetic acid at early stage of cell growth in EXP A had a nega-

tive effect on ethanol yield and acetic acid inhibition on S. stipitis. Hence, it is important to con-
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trol or monitor the acetic acid accumulation from the beginning of the experiment by monitoring
OUR and carbon uptake (C/O,).

Acetic acid inhibition on yeast is widely studied (Narendranath et al., 2001; Morita and
Silva, 2000; van Zyl et al., 1991). Narendranath et al. shows that a reduction in the rates of sub-
strate consumption and ethanol production occurs when the concentration of acetic acid is in-
creased in the medium. The minimum inhibitory concentration of acetic acid for yeast growth (S.
cerevisiae) is found to be 0.6% w/v (100mM) and the concentration of 0.05-0.1% wi/v begins to
stress the yeasts by reducing substrate consumption and ethanol production rates (Narendranath
et al., 2001). At optimal pH for yeast fermentation (pH 4.0-5.0), the acetic acid is largely undis-
sociated, which permits diffusion into cell cytoplasm, where it dissociates and causes the intra-
cellular pH to decrease. Due to the decrease of intracellular pH, proton gradient across the mem-
brane cannot be maintained, energy production is uncoupled, and the various nutrients transport
is impaired under oxygen-limited conditions (van Zyl et al., 1991). Hence, the presence of acetic
acid decreased the rate of xylose utilization. Maiorella et al. reported that the acetic acid interfer-
ence with yeast metabolism results in an increase in ATP requirement for cell maintenance (Ma-
iorella et al., 1983).

Table 5.4 The impact of acetic acid secretion on fermentation performance of two experiments

EXP C/O, OUR vZs VEs VAS vTs Yes Yas Yts
(mmol/gDCW/hr) (9/9)

A 15.3 0.022 0.306 0.152 0.0216 | 0.0053 0.152 0.028 0.017

B 32.9 0.023 0.739 0.868 0.0050 | 0.0079 0.361 0.003 0.011
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5.3.4 Model fitting results along with fitted parameters

Our single culture model describes the dynamics of S. stipitis in response to change of
OURs. The kinetic model fits the experimental data as shown in Figure 5.7. Kinetic parameters

of specific rates of xylose, ethanol, xylitol and acetic acid at each OUR condition were estimated

to optimize the next OUR condition to be tested.
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Figure 5.7 Model fitting results of (a) cell growth; (b) fitted parameters of specific rates (xylose,
ethanol, xylitol and acetic acid) along with time

5.3.5 Carbon balance analysis

The amount of carbon (xylose) consumed by S. stipitis was accounted for the amount of
carbon utilized for the production of ethanol, xylitol, acetic acid, cell mass, and carbon dioxide
using model fitted parameters. With the measurement of carbon dioxide from off-gas, we were
able to perform carbon mass balance of the xylose fermentation at each time segment. The loss
of ethanol and acetic acid by gas stripping was not accounted for in this carbon balance due to
the neglected amount. The detailed equations for carbon balance analysis were described in Ap-
pendix C and Figure 5.8 shows the error calculated from carbon recovery. The calculated mean

percentage errors of carbon balance from both time segments were found to be very small within
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+1%. This small carbon balance error confirms that our estimated kinetic parameters from model

fitting results can be trustful.
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Figure 5.8 Error calculated from carbon mass balance during (a) 200-600hr; (b) 600-800hr
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5.3.6 Analysis of different phenotypes by Principal Component Analysis (PCA)

Many multivariate statistical tools (e.g., principal component analysis [PCA], partial least
squats [PLS], Fisher discriminant analysis [FDA], support vector machines [SVM], etc.) can be
used to extract information/knowledge from the high dimensional data set generated from the
experiment. In this work, PCA was chosen because it serves the purpose of finding how a pertur-
bation propagates through a linear network and extracting the correlations among different flux-
es. The PCA can extract the key metabolism of how different oxygen uptake and carbon uptake
rates would cause metabolism shifts on S. stipitis which analyzes the different phenotypes of S.
stipitis exist under a single OUR condition at different metabolic status. Different groups of phe-
notypes were presented in Table 5.5 and Figure 5.9.

Table 5.5 Fitted parameters for different phenotypes of S. stipitis

152.5-296.5 374 0.021 0.781 0896 0006 0009 0.350 0.003 0.011
2990-338.7 329 0.023 0738 0868 0005 0.008 0.363 0.002 0.011
341.8-409.5 239 0.027 0637 0672 0012 0009 0.320 0.007 0.014
412.5-4555 308 0.014 0.441 0449 0001 0.008 0.313 0.001 0.019
458.5-567.0 304 0.017 0.520 0540 0004 0012 0.318 0.003 0.024
099.5-606.5 347 0.016 0.560 0649 0005 0019 0.356 0.004 0.035
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5.4 Conclusion

In this study, we were able to quantitatively study the effects of OUR on xylose fermenta-
tion by S. stipitis under controlled chemostat. The systematic control of chemostat (constant bi-
omass and constant OUR) allows us to study the dynamics of S. stipitis in response to both OUR
and carbon uptake. We observed under same OUR condition tested at different fermentation
stages, the ethanol yield varies due to the change of metabolic status or phenotypes of S. stipitis.
Hence, optimum OUR alone does not always correlate with the maximum ethanol yield.

Different phenotypes exist under a single OUR condition, which can be verified by PCA
as it enables the extraction of correlation between different cellular physiology with respect to
OUR and carbon uptake. With different cellular metabolic status, carbon flux distribution chang-

€s.
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Chapter 6. Co-culture Study

6.1 Introduction

Lignocellulosic biomass is an attractive, sustainable, and abundant carbon source for eth-
anolic fermentation process. However, the lack of microorganisms which can efficiently ferment
all sugars derived from lignocellulosic biomass is one of the key barriers in industrializing ligno-
cellulosic ethanol process. To overcome this barrier, numerous microorganisms have been con-
structed in the past few decades to ferment the mixture of glucose and xylose, the dominant hex-
ose and pentose from lignocellulosic hydrolysate (Jeffries and Jin, 2004; Kuyper et al., 2005; Ma
et al., 2012). As an alternative, co-culture strategy has drawn increased attention for simultane-
ous conversion of glucose and xylose. Table 6.1 summarizes recent attempts in using co-culture
systems for glucose/xylose or lignocellulosic hydrolysate fermentation. Existing results show
that co-culture is a promising way to ferment mixed glucose and xylose for ethanol production,
especially in reducing fermentation time and improving ethanol productivity. However, existing
research mainly examined the ethanol production performance of the co-culture system such as
final ethanol yield and productivity, with little or no attempt made to understand the dynamic
interactions between the two microbes. In addition, major challenges associated with the co-
culture strategy have not been adequately addressed, which include the incompatible oxygen
conditions required by two microbes for optimal ethanol production, catabolite repression of xy-
lose utilization when glucose is present, and the low ethanol tolerance of xylose-fermenting mi-

croorganisms (Delgenes et al., 1988; Grootjen et al., 1991, 1990; Hanly and Henson, 2011).
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In this work, we developed new equipment and approaches to systematically investigate
the dynamic properties of a co-culture system of Saccharomyces cerevisiae and Scheffersomyces
stipitis, which also help address some major challenges associated with the co-culture system.
The new equipment is a membrane-separated co-culture bioreactor which enables the independ-
ent control of the dissolved oxygen (DO) levels in each chamber, and the easy tracking of the
biomass of each strain. We also propose a dual continuous/pseudo-continuous operation mode of
the bioreactor, which is enabled by an in-house developed cell retention module. The dual-mode

operation allows the easy maintenance of constant biomass by adjusting the operation time of

each mode.
Table 6.1 Existing work in ethanol production using co-culture systems
Reference Co-culture strains S]gzreatlon (I?’/?)stthreejsel':ical yield)
(Gutiérrez-Rivera et al., 2015, S. cerevisiae — S. stipitis batch 88% at 42hr
2012) 78% at 200hr
92% for Z. mobilis with dilution
7. mobilis — S. stipitis _|rtecorhrt
(Chaudhary and Ghosh, 2014) . . continuous 88% for S. stipitis with dilution
(reactors in series) 1
rate 0.048hr
at 168hr
. S. cerevisiae — S. arborariae 94% at 250hr
(Hickert etal., 20133, 2013b) S. cerevisiae — C. shehatae batch 949% at 250hr
(Singh and Bishnoi, 2012) S. cerevisiae — S. stipitis batch 78% at 36hr
(Chandel et al., 2011) S. cerevisiae — S. stipitis batch 94% at 84hr
(da Cunha-Pereira et al., 2011)|S. cerevisiae - S. arborariae  |batch 75% at 150hr
S. cerevisiae - S. stipitis

(Lietal., 2011) batch 85% at 125hr

(inactivation of S. cerevisiae)

(Yadav et al., 2011) S. cerevisiae — S. stipitis batch 78% at 36hr
] .. |Z. mobilis—S. stipitis 96% at 40hr
(Fu etal,, 2009; Fu and Peiris, Z. mobilis — P. tannophilis batch 65% at 150 hr
2007) L .
(successive inoculation)
(Okuda et al., 2008) S. cerevisiae — E. Coli KO-11 (batch 81% at 47 hr
S. cerevisiae - S. stipitis 80% at 60 hr
(Rouhollah et al., 2007) K. marxianus - S. stipitis batch 71% at 72 hr

batch 95% with dilution rate 0.02 hr™
continuous incomplete consumption of xy-
batch lose

(Lebeau et al., 2007, 1998, S. cerevisiae — C. shehatae
1997) (co-immobilized)
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S. cerevisiae — P. tannophilis
(Qian et al., 2006) S. cerevisiae — house devel-  [batch
oped recombinant E. coli

96% at 72 hr
88% at 72 hr

S. cerevisiae - S. Stipitis

(De Bari et al., 2004) (co-immobilized)

batch 77% at 120 hr

(Kordowska-Wiater and Tar- |S. cerevisiae — S. stipitis batch 76.7% at 96hr
gonski, 2001) (RD) S. cerevisiae - S. stipitis 74.4% at 96hr
Taniguchi, 1997; Taniguchi et .

;I ar;g;;;) I anigucht € (RD) S. cerevisiae — S. stipitis |batch 99% at 40 hr

(J. M. Laplace et al., 1993;
Jean M. Laplace et al., 1993)

complete xylose and glucose

consumption

S. cerevisiae — S. stipitis (im- . complete xylose and glucose
. . . continuous .

mobilized or co-immobilized) consumption

(RD) S. cerevisiae — S. stipitis |continuous

(Grootjen et al., 1991, 1990)

6.2 Materials and Methods
6.2.1 Microorganisms and culture media

The strains used in this study were S. cerevisiae D5A and S. stipitis CBS 5773 which
were obtained from Y.Y Lee, Auburn University and ATCC, respectively. The yeast cells were
kept frozen at -20°C in stock culture of 20% glycerol and 80% of culture medium containing:
10gL™ yeast extract, 20gL™ peptone and 20gL™ glucose for S. cerevisiae or 20gL™ xylose for S.
stipitis. The cells were also maintained at 4°C on YPD and YPX agar plates for S. cerevisiae and
S. stipitis, respectively. For the culture media, the minimal medium was used for both pre-culture
and fermentation which contained 20g D-glucose for S. cerevisiae or 20g D-xylose for S. stipitis,
1.7g yeast nitrogen base without amino acids or ammonium sulfate and 2.27g urea per liter DI
water. The sugar concentrations of feed medium for pseudo-continuous fermentation varied
based on the operational conditions.
6.2.2 Reactor design and development

The schematic diagram and actual set-up of the developed membrane-separated bioreac-
tor for co-culture study are shown in Figure 3.8. The body of the bioreactor was constructed us-

ing polycarbonate, which consists of two chambers. By placing a microporous filter membrane
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(Biodyne Plus, Pall Corporation) between the two chambers, the two strains are separated by the
membrane while various metabolites can exchange between the two chambers. The propellers of
the agitators are driven by external magnetic fields; pH and temperature are under automatic
feedback control (not shown in Figure 3.8a). This two-chamber configuration enables us to mon-
itor and control the biomass development of individual strains during fermentation. It also allows
the independent control of different oxygen conditions for each strain by adjusting nitrogen and
air gas flow rates to each chamber. In addition, by feeding the substrates into S. cerevisiae cham-
ber, glucose can be completely consumed by S. cerevisiae before xylose reaches S. stipitis cham-
ber. Therefore, the catabolite repression of xylose utilization can be alleviated.
6.2.3 Dual-mode operation

Pseudo-continuous operation is characterized by continuous nutrient feeding and contin-
uous cell-free broth withdrawal, which can be implemented through installing a cell retention
module to filter out cells from effluent. The biggest challenge in pseudo-continuous operation is
maintaining the stability and effectiveness of cell filtration module. Due to continuous buildup of
cells on the filtration surface, commercial filtration modules usually have limited operation time
even with back-flash implemented periodically (Taniguchi, 1997). To address this difficulty, we
have developed a cell retention module in-house, with the filtration surface located right against
the propeller blades. In this way the membrane surface is constantly cleaned through the shear
stress generated by agitation, and pseudo-continuous fermentation was sustained for more than
three months (Liang et al., 2013).

Pseudo-continuous operation is only needed for S. stipitis due to its very slow growth rate
under oxygen limited condition, which often results in “wash-out” under continuous operation.

With pseudo-continuous mode available, the biomass of S. stipitis can be controlled or main-
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tained by the dual-mode operation, which combines pseudo-continuous operation (for biomass
accumulation) and continuous fermentation (for biomass maintaining or reduction). The opera-
tion time of each mode depends on the cell growth rate, and the detailed estimation of the opera-
tion time for each mode can be found in Appendix.
6.2.4 Monitoring and independent control of OTR and OUR

The efficient conversion of xylose to ethanol by S. stipitis is highly influenced by oxygen
utilization rate (OUR). Higher OUR often results in faster cell growth and acetic acid production,
while lower OUR often results in xylitol production, both at the expense of reduced ethanol pro-
duction (du Preez, 1994; Rizzi et al., 1989; Slininger et al., 1991). In order to quantitatively study
the effect of OUR on the fermentation performance, accurate control of OUR is necessary. How-
ever, there is no direct way to control OUR, and the control of OUR is usually done through the
control oxygen transfer rate (OTR) by manipulating the composition of the feeding gas into the
system. To achieve the limited oxygen condition for S. stipitis chamber, air has to be mixed with
nitrogen to achieve desired oxygen composition while maintaining constant total gas flow rate.
However, our tests show that the standard gas mixing component equipped with New Brunswick
BioFlo 110 cannot deliver the desired stable OTR, as the total gas flow rate changes noticeably
when the ratio between air and nitrogen is changed. In order to achieve accurate control of OTR
in the co-culture system, we have developed and tested a gas-mixing apparatus. With multiple
tests, we confirmed that the developed apparatus was able to deliver desired stable oxygen con-
centration with stable overall gas flow rate. The delivered gas composition was also confirmed
by GC measurements. It has been reported that the volumetric mass transfer coefficient (k a) of
oxygen is affected by many factors such as cell density, broth viscosity, etc. (Damiani et al.,

2014). Therefore, even if the total gas flow rate and agitation speed were fixed, k_a still varies
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during the course of an experiment as cell density and broth properties change over time, so does
OUR. In order to obtain accurate measurements of OUR, we monitor both the inlet gas and off
gas oxygen concentration, and rely on the mass balance of oxygen to calculate OUR.

6.2.5 Experimental procedure

The membrane-separated bioreactor is set up in the way that for each chamber, its efflu-
ent can be withdrawn either with or without cell retention, which enables the dual continu-
ous/pseudo-continuous operation. With this setup, totally three operation modes can be imple-
mented in the bioreactor: batch, pseudo-continuous and continuous. During batch operation,
there is neither feed-in of substrate medium, nor withdraw of culture broth; during pseudo-
continuous operation, there is continuous feed-in of substrate, and continuous withdraw of cell-
free broth; during continuous operation, there is continuous feed-in of substrate and withdraw of
culture medium. In general, each experiment consists of two stages: cell growth and fermenta-
tion. The operating conditions were temperature of 25°C and pH of 5.0. The pH was maintained
at 5.0 by automatic addition of 1.0N NaOH.

During cell growth stage: after inoculation, both S. cerevisiae and S. stipitis grow under
oxygen limited-condition by purging a mixture of air (156mL/min) and nitrogen (40mL/min) gas
at the fixed total flow rate of 196mL/min at atmospheric pressure. Such oxygen condition allows
relatively fast cell growth while promotes ethanol production. The purpose of such condition is
to improve cells’ ethanol tolerance and condition for the fermentation stage. Cell growth stage
can be implemented through either batch operation or pseudo-continuous operation. The purpose
of the cell growth stage is to achieve the desired cell density of both strains for fermentation

stage.
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During fermentation stage: the oxygen condition for the S. cerevisiae chamber is main-
tained at anaerobic by feeding nitrogen gas only, while different oxygen conditions (i.e., differ-
ent OUR) were tested for S. stipitis chamber through manipulating the air to nitrogen ratio of the
feeding gas. The fermentation stage can be implemented through either pseudo-continuous or
continuous operation, depending on the cell growth rate under different operational conditions. It
is desired to maintain constant biomass density under each oxygen condition, hence constant
OUR, to study the effect of OUR on ethanol production.

6.2.6 Analytical methods

For the analytical procedures, the concentrations of glucose, xylose, xylitol, glycerol, ace-
tic acid and ethanol were measured using an Agilent 1200 series high performance liquid chro-
matography (HPLC) with UV/Vis and refractive index (RI) detector. They were analyzed on an
Aminex HPX-87H column (Bio-Rad) at 45°C with 0.05M H,SO;, solution as the mobile phase at
a flow rate of 0.6mL/min. The run time of each sample was 25 min. The concentration of carbon
dioxide was measured using a SRI 8610C gas chromatography (GC) with thermal conductivity
(TC) detector. They were analyzed on 3’ Silica Gel column (column temperature: 105°C) with
helium as the carrier gas at 10psia at oven temperature of 80°C. The cell density of each strain
was measured turbidometrically at 600nm. Fermentation broth was diluted according to the cell
density using sterile DI water and then the turbidity of solution was measured by a UV-VIS spec-
trophotometer (Beckman Coulter).

6.3 Results and Discussion
6.3.1 Simultaneous complete consumption of glucose and xylose
Among published co-culture studies, incomplete xylose consumption is one of the most

common limitations due to the catabolite repression. In this study, since the mixed substrate is
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fed into S. cerevisiae chamber, this limitation can be alleviated by maintaining very low (basical-
ly zero) residual glucose concentration in the S. cerevisiae chamber through controlling biomass
densities of both strains, glucose concentration in the feed medium, and dilution rate. By con-
suming all glucose in the S. cerevisiae chamber, almost no glucose is present when xylose reach-
es S. stipitis chamber which allows the complete consumption of glucose and xylose simultane-
ously. In this way, the diauxic kinetics of S. stipitis often exhibited in continuous or fed-batch
fermentations can be eliminated and complete utilization of both glucose and xylose can be

achieved simultaneously under continuous or pseudo-continuous operation as shown in Figure

5.2.
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Figure 6.1 Simultaneous consumption of glucose and xylose by S. cerevisiae and S. stipitis; bio-
mass development of S. cerevisiae and S. stipitis
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6.3.2 Independent monitoring and control of biomass development

With the membrane-separated bioreactor, it is easy to track the cell mass development of
each strain during the course of the experiment. Among published co-culture studies, individual
biomass of each strain has not been reported, as two strains were mixed together after the inocu-
lation and it was difficult to measure the individual biomass density in the mixture. More im-
portantly, the membrane-separated bioreactor with the pseudo-continuous operation enables the
independent control of biomass development of each strain during cell growth stage. Specifical-
ly, the cell growth rate of S. stipitis was controlled through manipulating OUR in the chamber, as
S. stipitis’ growth rate is highly sensitive to the availability of oxygen. On the other hand, be-
cause S. cerevisiae is a crab-tree positive strain which can grow anaerobically, OUR is not an
effective factor to control cell growth rate. Therefore, the cell grow rate of S. cerevisiae was con-
trolled through the availability of substrate (glucose) by manipulating feeding concentration of
substrate. In addition, the initial inoculation ratio of the two strains was optimized to enable a
more balanced cell growth.

After several runs of trial-and-error, we found the following experimental condition could
deliver the desired cell mass development. The initial optical density of both S. cerevisiae and S.
stipitis were 1.0 (ODgg) after inoculation, with the initial culture medium in both chambers of
the reactor being 20gL™* D-xylose with the standard nitrogen base solution. Instead of batch op-
eration, cell growth stage was implemented using pseudo-continuous operation, with the feed-in
medium containing 100gL™ D-glucose with the standard nitrogen base solution. In this way, we
can control the cell growth rate of S. cerevisiae though changing substrate feed flow rate, while
controlling the cell growth rate of S. cerevisiae through the amount of oxygen in the feeding gas.

The amount of initial xylose concentration was determined to achieve desired S. stipitis biomass
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density (about 10 gDCWL™) at the end of the cell growth stage, i.e., when the xylose concentra-
tion in S. stipitis chamber dropped to below 2gL™. During fermentation stage, the feed-in medi-
um switched to a mixture of glucose and xylose with the standard nitrogen base solution. A typi-
cal biomass development trajectory for both chambers is shown in Figure 6.1.
6.3.3 Independent control of oxygen requirement

With the membrane separating the two chambers, it is possible to maintain different OUR
conditions for the two strains: anaerobic for S. cerevisiae while microaerobic for S. stipitis. This
was done through feed nitrogen only to S. cerevisiae chamber while feeding mixture of air and
nitrogen to S. stipitis chamber. In order to validate the independent control of different OUR
conditions in both chambers, we measured the dissolved oxygen in the liquid phase and oxygen
content in the offgas using the bioreactor without cells. The experimental results were given in
Figure 6.2. Both DO probes that measure the S. cerevisiae chamber and S. stipitis chamber were
calibrated with the feeding gas into S. stipitis chamber, so a reading of 100% correspond to the
concentration in the feeding mixture to S. stipitis chamber. Figure 6.2 clearly showed that differ-
ent OUR conditions can be achieved: anaerobic in S. cerevisiae chamber (0% DO) and micro-

aerobic for S. stipitis (100% DO).
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Figure 6.2 Separate control of DO in co-culture system; DO measurement in liquid (top); DO
measurement in off-gas (bottom), Feed only N into S. cerevisiae and mixture of Air
(172mL/min) and N, (26mL/min) into S. stipitis.

6.3.4 Controlled chemostat under different environmental factors

The purpose of developing the bioreactor and related protocols is to conduct systematic
investigations on the co-culture dynamics under chemostat, which allows the quantitative study
on the effect of different environmental factors. Among different factors such as population ratio,
feeding concentration and dilution rate, OUR is arguably the most important one, as ethanol pro-
duction by S. stipitis is highly sensitive to OUR. It should be noted that in order to maintain con-
stant OUR, maintaining constant biomass is a prerequisite. The conventional feedback control
module equipped with many commercial bioreactors is not sufficient for this purpose, which re-
lies on the DO measurement to compute how much oxygen (air) should be fed to the reactor.
This is because for S. stipitis chamber, once the biomass density is above 3 gDCWL™, the DO
measurements stayed at zero for the rest of the run, as oxygen transfer is diffusion limited when

cell density is high. The dual continuous/pseudo-continuous operation allows the easy mainte-
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nance of constant cell density and constant OUR under much wider OUR conditions, particularly
at lower OUR ranges which often result in wash out with continuous operation. Figure 6.3 shows

the data from one run where chemostat under different OUR conditions were achieved.
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Figure 6.3 Constant biomass of S. cerevisiae and S. stipitis (top); Constant OUR of S. stipitis un-
der controlled chemostat (bottom)
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6.3.5 Improvement on ethanol tolerance under pseudo-continuous fermentation

The accumulation of ethanol during cultivation causes stress to yeast cells (Attfield,
1997), which drives the cells to adjust their intracellular physiological conditions to the sur-
rounding environment in order to grow (Dinh et al., 2008). We argue that one added benefit of
the pseudo-continuous operation is that it provides an ideal environment for cells to adapt to
higher ethanol conditions, as the environmental pressure is being consistently applied and gradu-
ally increases. To verify this, we sampled cells from the bioreactor after 2 weeks of experiment,
and tested the cells viability after 2 hours ethanol shock with various ethanol concentrations, and
compared with that of unadapted cells. The results are given in Figure 6.4, which clearly show
that the ethanol tolerance of both S. cerevisiae and S. stipitis, in terms of cell viability, improved
noticeably, particularly at higher ethanol concentration. It was surprising to observe the further
improvement on ethanol tolerance of S. cerevisiae as it already has much higher ethanol toler-

ance compared to S. stipitis.
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Figure 6.4 Cell viability of adapted and unadapted strains of S. cerevisiae under ethanol shock
(top); Cell viability of adapted and unadapted strains of S. stipitis under ethanol shock (bottom)
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6.4 Conclusion

The co-culture system of S. cerevisiae and S. stipitis has been extensively studied in the
last few years to ferment the mixture of glucose and xylose or lignocellulosic hydrolysate. How-
ever, most of the results are qualitative due to the difficulties associated with monitoring and
control of the co-culture systems. In this work, we developed a membrane-separated bioreactor
and associated protocols to facilitate quantitative study of co-culture systems. Through the in-
house developed cell retention module and gas mixing apparatus, as well as the dual-mode oper-
ation of continuous/pseudo-continuous, we can not only independently monitor and control bio-
mass development of each strain, but also independently control different OUR conditions for
each strain. As a result, we were able to obtain chemostat operation of the co-culture system un-
der various conditions, particularly at lower OUR conditions which were not achieved in the past

with continuous operation due to cell wash-out.
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Chapter 7. Future Work

7.1 Investigation of Dynamic Properties of Co-culture System with PCA

Further systematic study on co-culture experiment will be conducted to identify the opti-
mal co-culture conditions using a developed co-culture bioreactor and modeling approaches (ki-
netic modeling and PCA). We will systematically study the effects of OURs and carbon uptake
for S. stipitis to maximize the xylose fermentation in co-culture system using PCA as a tool. In
addition, the dynamic interactions and behaviors of the paired strains of S. cerevisiae and S. stipi-
tis in the co-culture system will be investigated under different environmental factors of OURSs

(for S. stipitis) and dilution rates along with mixed sugar concentrations in the feed.
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Appendices

Appendix A: derivations of co-culture Kinetic model equations

Biomass
S. cerevisiae
dX. Foc OptMod,
dr HeXc — V/2 Xc
aXe X Foc OptMod,
dr ¢ (% V/2

Xc 1 t Foc OptMod,
—dx, = | dt(u — 2207
LCO XC C to ( C V/Z

Foc OptMod
InX¢ — InXco = (£ — to) (1 — “oc TP 0%

V/2
Fy- OptMod
lnXC =t (IJ.C - %) + lnXCO
Foc OptMod,
€ = pe — 2P0

V/2
lnXC S Ct + lnXCO

C
r=x] lnXCO]

Xx=[t 1]

Foc OptMod,

) =C = e~

Foc OptMod,

ne = (L) + /2
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B(2) = InXco

Xco = exp(B(2))

S. stipitis
aXs Fos OptMods
dt Hsds V/2 s
Fps OptModg
= 1 oS TETTS
s = (1) + /2
Xso = exp(B(2))
Xylose
S. cerevisiae
dZ. F;
W = V_/nZ (Zin —Z¢) —vzcXe — Dz (Zc — Zs)
1 F, dZ.
= [V/Z (Zln - Zc) - DZ(ZC Zs) - W]
S. stipitis
dZs Fos
ar V/Z( c—Zs) —vzsXs + Dz (Z¢c — Zs)
_ 2 (Zy — Zs) +p,) s
vZS_XS[ C S(V/Z z) — dt]
Ethanol
S. cerevisiae
dEC F;
ar V/n2 (=E¢) + vgcXc — Dy (E¢ — Es)
dE.
Vgec = X, [V/Z (E¢) + Dg(Ec — Es) + —— 1t

103



S. stipitis

Xylitol

S. cerevisiae

S. stipitis

Glycerol

S. cerevisiae

S. stipitis

- _V/2 (Ec — Eg) + vgsXs + D (E¢c — Es)
= ! E-—FE + D) + dEs
Vgs = Xs[ (E¢ 5)(V/2 E) dt ]

dT, F
Fre V/nz (=T¢) + vreXe — Dr (Te — Ts)
1 F, dT,
VUrec = [V/Z (T¢) + Dp(Te —Ts) + at —]
Tt V/Z( Te —Ts) + vrsXs + Dy (Te — Ts)
1 dTs
VUrs = X_S[_(TC TS)(V/Z + Dr) + at ]

dR. Fr,
T V/2 (=R¢) + vreXe — Dr (Rc — Rs)
1 F, _poy 4 4R
RC =X V)2 s at )
- V_/Z (Rc — Rs) + vgsXs + Dg (Rc — Ry)

dRs

= R R D —_—

VUgps = s[ (Rc — S)(V/2+ r) + dt]
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Acetic Acid

S. cerevisiae
dAC Fln
P /2 (—A¢) + vacXc — Dy (Ac — As)
dA;
Vac = X, [V/2 (Ac) + Dy(Ac — Ag) + W]
S. stipitis

dAs Fos
ar V/2 (Ac — As) + vp5Xs + Dy (Ac — As)

dAg
+Dy) + ——

1
VUgs = X_s [—(Ac — AS)(V/Z dt

Appendix B: calculation of continuous/pseudo-continuous operational duration

Biomass development for pseudo-continuous operation
ax
ac - M
Biomass development for continuous operation
ax X
Calculation for operation duration
X1 = Xoeutl

X, = X e et

tzzt_tl

F
Xo = X, ehtit(h—prz

F
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t_ W

ta H
t_O-w
ty M

t; = Pseudo — continuous operation time (hr)
t, = Continuous operation time (hr)
t = Total time (24hr)
u = Cell growth rate (hr=1)
F = Flow rate (L/hr)
V =Volmue (L)
D = Dilution rate (hr™1)
X, = Initial biomass concentration at t, (g/L)

X, = Biomass concentration at t;(g/L)

X, = Biomass concentration at t,(g/L)

Appendix C: Carbon balance analysis for co-culture system
Overall mass balance is
A‘mvacc = A"lin - A‘mvoul: - A‘mvconsum + A777177’0(1
For glucose or xylose consumption, mass balance is
AMeonsum = BMyy — Amgye — Amge,
Amyy, = Fiyy X Cipy X (t; — 1)

Amgee = 1/2Vt1 X [(Cy — Cy)sc + (€3 — Cp) g6l
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2
out

tz F
Amout = f FOutCtdt = Ff Ctdt = T(Cltz + Cztz - Cltl - Cztl)
t t

1 1

Component Empirical Formula Molecular
Weight (g/mol)
Glucose CeH1206 180.16
Xylose CsH1005 150.13
Xy||t0| CsH1,05 152.15
Glycerol C3HgO3 92.09
Acetic Acid C,H40, 60.05
Ethanol C,HeO 46.07
Carbon Dioxide CO; 44.01
S. cerevisiae CH166N013004 235
CH175N0.15005 23.9
CH1.64N0.1600.52P0.01S0.005 26.9
S. StipitiS C4H7_05N0.5602_20 98

1 1 1 1
Mtconsum = Fin X Con % (62 = 1) = F [0 (56, +56) ~ 11 (36 +36)| = 1/21,
out

X [(CZ - Cl)sc + (CZ - Cl)ss]
For ethanol or other byproducts, mass balance is

A‘mvprod = Amgyy + Amge,

1 1 1 1
AMproa = Four [tz (‘ C; + _Cl) -t (‘ C; + _C1>] + 1/2V [(C; — C1)sc + (€2 — Cr) sl
2273 22Tk

Carbon mass balance is
AM carpon cons = Amg(0.3996) + 4mz(0.3997)

A grbon proa = Amg(0.5209) + Amy,,,(0.3943) + Amg,, (0.3909) + Am,,(0.3997)
+ Amgo, (0.2727) + Am,(0.5106) + Am(0.4898)

Appendix C: Carbon balance analysis for single culture system

Overall mass balance is
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ATnacc = A7nin - ATnout - ATncons + ATn—prod
For xylose consumption, mass balance is
Ameons = Amy, — Amgye — Amge,

Amip = Fip X Cip X (t; — t1)
Amgee = th X [(C; — C)gsl
t t
Amyye = j- Fo:Cedt = Fj Cedt =
t t

1 1

Fout

2

(City + Caty — City — Catq)

1 1 1 1
AMmons = Fin X Cing X (tz — t1) — Fous [tz <§ C, + 561) -4 <§ G, + EQ)] -V,
out

X [(Cz - Cl)ss]
For ethanol or other byproducts, mass balance is

ATn—prod =AMy + Amgee

1 1 1 1
AMyroa = Four [tz (E C; + §C1> —t (E C; + EQ)] . + Vi, [(Co = C1) g6l
ou

Carbon mass balance is
AMcarbon cons = Amz(0-3997)

A grpon proa = Amg(0.5209) + Amz,,,(0.3943) + Am,,4(0.3997) + Ameg, (0.2727)
+ Amy(0.4898)
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