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Abstract 

 

 

 This research investigated a novel continuous bioreactor which can be operated both in 

batch and chemostat modes.  The bioreactor showed significant improvement in cell growth due 

to addition of a spiroid which increased gas-liquid contact areas.  The bioreactor consists of a 

cylindrical wall and is horizontally rotated on a roller bed.  The spiroid is embedded in the 

cylindrical wall of the bioreactor to increase oxygen transfer to the liquid phase which fills two-

thirds of the bioreactor.  The bioreactor has two rotary inlets and outlets for batch, continuous or 

fed-batch operation and real-time sampling.  The rotation rate of the reactor can be adjusted to 

control the flow of gas and liquid in the spiroid.  When the partially filled reactor is rotating, the 

spiroid picks up slugs of gas and liquid near the reactor exit and delivers them to the reactor 

entrance.  The flow though spiroid at different rotation rates, spiroid diameter and spiroid length 

was studied using computational fluid dynamics (CFD) to determine conditions for optimum 

operation.  As flow through spiroid is a complex phenomenon, the CFD model was simplified to 

a straight tube and different parameters (shear stress, velocity vectors, wall turbulence, turbulence 

parameters) for different dimensions were studied to determine the optimum size of the spiroid. 

 To test the viability of the reactor for cellular production and growth, biological tests using 

Saccharomyces cerevisiae (yeast) were conducted at different rotation rates, operation modes 

(batch, continuous) and steady state levels.  Cell growth monitoring and metabolite concentration 

(glucose) measurements in the bioreactor with and without the spiroid demonstrated the advantage 

of the bioreactor in increased cell production (57% increased cells and 27% less operating time).  

The bioreactor was further used to optimize the cell line production.  Higher cell production was 

seen at 8 RPM for yeast at a flow rate of 0.6 ml/min.  
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 3D printing techniques were used to prototype the reactor to reduce the degradation of the 

material with continued use of various cell lines and make it biocompatible and autoclavable.  

Mammalian cell culture using Chinese hamster ovary (CHO) cells showed promising results for 

producing high cell densities of 2.4 x 106 cells/ml for a period of 14 days.  Cell viabilities could 

be maintained up to 90% with the use of spiroid in the reactor. Higher CHO cell densities were 

obtained at higher rotation rate of 10rpm and high medium flow rate of 4ml/min. These results 

show the potential of the bioreactor to continuously culture a variety of cell lines including shear 

sensitive cells for long durations without leakage. 
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Chapter 1 – Introduction 
 

 

Researchers in the field of bioprocessing are investigating various biomanufacturing techniques to 

decrease capital costs, increase productivity and improve product quality.  Continuous 

bioprocessing is emerging in upstream processing and is preferred over traditional batch 

processing.  With standardizations and control strategies in place, safety and efficacy can be 

achieved.  One important area of investigation is the design and operation of bioreactors.  

 A bioreactor provides a suitable environment (adequate nutrients and oxygen) for cell 

cultures to proliferate under controlled conditions.  These devices are used extensively in stem cell 

research (model systems, production of monoclonal antibodies and other proteins), cancer therapy, 

tissue engineering (scaffolds) and pharmaceutical industries (vaccines and antibiotics) on a large 

scale.  Various bioreactors with different design principles have been developed to culture cells at 

a higher rate.  Increasing productivity while reducing shear is one common goal for these reactors. 

 Cells are typically suspended in liquid, and the liquid flow around these cells generates 

mechanical forces that may be detrimental to the cells.  Hence, the focus is always to develop 

reactors that provide minimum shear.  In most studies, oxygen transfer within the reactor is a major 

issue as oxygen is sparingly soluble in the aqueous medium.  Most bioreactors provide mixing 

with the use of impellers resulting in high shear that can cause cell death.  Aeration is obtained by 

continuously supplying oxygen with the help of spargers.  A reactor environment that best provides 

low shear and high oxygen transfer along with controlled growth conditions will be suitable for 

cell cultures at a larger scale. 

 This dissertation focuses on developing a rotating continuous bioreactor with an internal 

spiroid embedded on the outer wall that enhances oxygen transfer to the liquid phase.  When the 
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partially-filled reactor is rotating, the spiroid picks up slugs of gas and liquid near the reactor exit 

and delivers them to the entrance of the reactor.  The rotational rate of the reactor can be adjusted 

to control the flow of gas and liquid in the spiroid (Avvari et al., 2021).  The bioreactor is produced 

using rapid prototyping and can be operated in either batch or continuous mode. 

 The objectives of this dissertation are: 

• to model flow and oxygen transfer (hydrodynamic properties) in the spiroid considering 

all factors affecting the rate of oxygen transfer. 

• to optimize the spiroid for enhanced oxygen transfer using computational fluid 

dynamics (CFD) and experimentation determining cell growth. 

• to conduct cell culture experiments optimizing reactor production for specific cell lines 

(Saccharomyces cerevisiae, Chinese Hamster ovary (CHO)).  
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Chapter 2 – Literature Review 
 

 

2.1 - Cell Culture:   

 

 Animal and human cell cultures are widely used as significant tools in various branches of 

live sciences.  Applications of these tools include modeling diseases, cancer research, monoclonal 

antibody production and therapeutic protein production.  The history of cell culture dates to 1665 

when the English physicist, Hooke, published his microscopic observations of live organisms.  

Followed by these studies, Antonie van Leeuwenhoek started working on microscopic 

observations of various insects, animal cells and human tissues.  He was the first person to use 

histological staining and for his work and became the “Father of Microbiology”(Jedrzejczak-

Silicka, 2017). 

 Cell culture was initially carried out using frog nerve fibers (American et al., 1962). In the 

early twentieth century, Ross Harrison and Leo Loeb used salt solutions and other buffer medium 

to keep tissues alive.  The hanging drop technique developed by Ross Harrison showed that cells 

migrated from the tissue to the surrounding environment when it was placed in a drop of medium.  

The hanging drop method was later adapted by Carrel and his colleague Montrose to study the 

growth and coverage of cells on glass plates.  They also studied that these cells could be transferred 

into new glass plates several times (Taylor, 2015).  This technique of growing cells on glass 

surfaces is now followed in laboratories for research studies on mammalian cells.  Thus, an idea 

of continuous culture was developed leading to the introduction of the term tissue culture in 

1911(Jedrzejczak-Silicka, 2017).  The tissue culture method was also employed in studying the 

primary lesions which occur in cells and cause cancer (Paul, 1962). 
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 John Enders cultured minced tissue on the sides of a “rotating tube” (which is now called 

the roller bottle).  He believed that this technique would help in exchange of nutrients and provided 

respiration during the time the culture was not in contact with the media.  This was the beginning 

of culturing viruses outside the body and the development of vaccines.  In 1951, HeLa cells were 

isolated and cultured by George Gey and were found to grow so aggressively that they also 

contaminated other human tumors.  This led to the unique marking of HeLa cells (Taylor, 2015).  

The first hybrid mammalian cells were produced by fusing human and mouse cells in 1965 

followed by the production of monoclonal antibodies by Georges Kohler and Cesar Milstein 

(Hernandez et al., 2014).  

 

2.2 Continuous Bioreactors 

 

 Fed-batch and continuous perfusion culture techniques, when combined with sophisticated 

process strategies, can result in ten to hundred-fold higher productivity (Tapia et al., 2016). 

Gabardo et al., 2014 investigated the production of ethanol from whey and whey permeate in a 

continuous fluidized bed bioreactor. K. marxianus strains were cultivated in batch and continuous 

fluidized bed bioreactors for ethanol productivity comparisons. Continuous cultures generated 

6.01 g L-1 h-1 of ethanol while batch cultivations produced 2.53 g L-1 h-1. Based on these findings, 

two stages of successive continuous operations were carried out to boost ethanol productivity even 

more. The productivity and concentrations of ethanol were increased to 6.97 g L-1 h-1 and 70.4 g 

L-1 h-1, respectively.   

 Monoclonal antibody production from CHO cells in a continuous-flow microbioreactor 

was three times higher than in a stirred-tank fed-batch reactor. These sequential biopharmaceutical 

chips can be used for initial screening applications in biopharmaceuticals (Garza-García et al., 
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2014). Semi-continuous and continuous flow reactors can sustain cell cultures for longer periods 

of time. Production of chloroperoxidase in a semi-continuous flow bioreactor led to the harvesting 

of mycelium free supernatant for 200 days and continuous flows yielded pure enzymes at a rate of 

117 mg/day (Hager, 1989).   

 Mass transfer coefficients were analyzed in the production of hydrogen gas using 

Rhodospirillum rubrum (Najafpour et al., 2004). Experiments were conducted in batch and 

continuous bioreactors. A kLa value of 2.7 h-1 was observed in batch reactors and a value of 162 

h-1 was seen in continuous bioreactors. A 59% increase in kLa values was observed in the 

continuous reactor. A loop of interconnected bioreactors can be used for self-regenerative life 

support systems in space. Experiments conducted by Gòdia et al., 2002 predicted that these loop 

bioreactors can be run continuously at the pilot scale.   

 Citric acid production studies in a continuous airlift bioreactor depicted that the 

concentration could be maintained stable for 20 days (Rymowicz et al., 1993). Continuous cultures 

exhibit oscillations that affect the bioreactor stability and productivity. This can be studied and 

controlled using population balance modelling leading to steady state operations (Zhu et al., 2000). 

Berson et al., 2008 developed the concept of an automatic feeding roller bottle, instead of a 

traditional roller bottle, for the continuous culture of cells. A spiroid of tubing placed inside the 

reservoir delivered fresh media to the cell culture continuously. Hybridoma cell lines were tested, 

and cell densities were maintained at a steady state for 10 days. Antibody production rate was 3.7 

times higher than the traditional roller bottle.  

 A unique continuous perfusion bioreactor was designed for the large-scale growth of 

tissue-engineered structures (Gardel et al., 2013). This bidirectional bioreactor facilitates 

mechanical stimulation of cells by exploiting the shear stress generated by perfusion. To examine 
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the bioreactor's performance, goat bone marrow stromal cells were cultivated for 14 to 21 days. 

When comparing continuous cultures to static cultures, alkaline phosphate levels are higher in 

continuous cultures. Cell movement and distribution were found in SEM measurements, indicating 

the benefits of culturing the scaffolds in this reactor.    

 Human carcinoma cells were cultured in a device with continuous perfusion of medium. 

The unit consists of a circular microfluidic chamber, several narrow perfusion channels, and ports 

for fluidic access. A 10 x 10 array consists of such individual cells. Cell density of 5 x 107 cells/ml 

was noticed. This constituted for around 10-fold increase than values reported for cultures in other 

bioreactors (Hung et al., 2005). Encapsulated hybridoma cells in perfused fluidized-bed reactors 

produced monoclonal antibodies at a rate of 2.75 μgmL−1 h−1. Continuous operation for 35 days 

represented a fivefold increase than batch and fed-batch operations (Lecina et al., 2011).   

 While batch and fed-batch methods are the most used methods in mammalian cell 

manufacturing, the demand for perfusion systems is growing.   The wave-induced bioreactor can 

generate a cell density of 2.14 x 108 cells/ml and remain in operation for two weeks.  The 

employment of TFF and ATF methods results in cell cultures with a consistency of 20-35 x 106 

cells/ml, however increasing viscosity creates limits (Clincke et al., 2013). Shear rate increase with 

the use of cell retention devices such as TFF can be reduced with the use of low shear centrifugal 

pumps, which in turn maximizes the cell growth, particle concentration and product recovery to 

comparable levels of ATF (Wang et al., 2017). Coronel et al., 2019 grew suspension cells to a 

density of 50 x 106 cells/ml in perfusion mode using both ATF and TFF systems in an orbital 

shaken bioreactor. Cell retention is also affected by the material and pore size used in the ATF 

device. Changing the hollow fiber material in ATF from polyether sulfone to polysulfone increased 

the retention rate from 15 ± 8% to 43 ± 18% (Su et al., 2021). 
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2.3 - Effect of Shear Stress 

 

 Many cell types are surrounded by fluids such as the vascular endothelial cells which form 

the inner layers of blood vessels. The liquid flow around these cells causes mechanical forces also 

called the shear stress which impacts the cell morphology and behavior in many ways. To avoid 

these forces, many in vitro experiments are conducted in static conditions. These results do not 

consider the shear effects on the cell wall. To mimic more in vivo behavior, the experiments must 

be conducted including flow especially for epithelial cells. The effects of shear stresses depend 

both on the magnitude and duration of shear forces applied on a cell line. Longer durations with 

fewer magnitudes also cause detrimental effects. Addition of polymers (like Pluronic) act as 

barriers around the cell wall and form a protective layer (Hua et al., 1993). 

 According to Elias et al., 1995, turbulent shear stress effects on KG-1 cells (human 

erythrocytic leukemia) were decreased with the use of FBS serum. The rate of growth of these 

cells was high at 2.5 rad/s, and they could not proliferate at higher rotation rates due to the 

generation of turbulent shear effects. Studies on human brain microvascular endothelial cells 

showed that under the influence of shear stress of 4-12 dyne/cm2 (for 40 hours) the proliferation 

of the cells decreased when compared to static conditions. The cells did not elongate and align 

when shear stress was applied, which is generally seen in static conditions (DeStefano et al., 2017).  

 Cell viability and protein secretion levels studied in a packed-bed perfusion bioreactor 

under a shear stress of 0.21-0.25 N/m2 readily showed a decrease in cell number. This reduction 

in the number of cells in the bioreactor is attributed to the continuous shear applied. It was 

concluded that shear stress must be considered as an important process parameter in the 

construction of packed bed bioreactors (Duruksu, 2019).  
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 Hepatocytes are very sensitive to shear stresses. A modular bioreactor was tested to culture 

hepatocytes for over 24 hours. The shear stress in this reactor was first verified to be of the order 

of 10-5 Pa using preliminary simulations. At flow rates below 500 μL/min, the shear stress could 

be maintained at 10-5 Pa which maximized cell viability (Mazzei et al., 2010). Aeration and 

agitation are two important factors for improving oxygen transfer in the bioreactor. Increase in 

agitation rates, results in high shear forces and causes cell lysis at an early stage of cell culture. To 

avoid such cases, it is necessary to run the reactors at an optimized agitation rate or rotation rate, 

which doesn’t influence cell viability or proliferation.  

 The phenomenon of cell lysis at high agitation rates can clearly be seen in suspension 

bioreactors which study pluripotency of embryonic stem cells (ESCs). To study the pluripotency 

of ESCs, Gareau et al., 2014 conducted experiments at rotation rates of 100 rpm (6 dyne/cm2) and 

60 rpm (3 dyne/cm2). These experiments showed that at 60 rpm, pluripotency was maintained by 

120% and 141% of static controls for Rex-1 and Sox-2 respectively. While the results for 100 rpm 

rate show that pluripotency was maintained by 80% and 176% respectively. These studies clearly 

conclude that cells in suspension bioreactors experience shear and this affects the ability to give 

rise to cells.  

 Turbulent zones in a bioreactor are one of the important factors to be considered in the 

studies of cell culture. These regions tend to generate higher shear forces that damage the cell wall. 

The effect of these zones was studied in Chinese hamster ovary (CHO) cells by Sieck et al., 2013 

using a scale down model. CHO cells are known for growing at a rapid rate under suitable culture 

conditions. The impact of hydrodynamic stress conditions on CHO cells showed that these cell 

lines were robust under shear. Although, there was a slight decrease in the monoclonal antibody 
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production with increasing hydrodynamic stress, cell lysis did not occur, and this decrease was 

negligible. 

 Zhang et al., 2013 reported an adaptive response by vascular endothelial cells under step 

increase of shear stress. These cells were preconditioned to a shear of 15 to 30 dyne/cm2 for 24 

hours and an acute increase shear stress of 30 to 45 dyne/cm2 was applied. The permeability of 

endothelial cells nearly doubled for 40 minutes and then decreased gradually. This change was 

accounted to the adaptive response of the cells under different shear stresses. Out of all the genes, 

only certain genes responded to the step increase in shear stress transiently.  

 Aeration of oxygen in the bioreactor for one of the key steps in oxygen transfer is generally 

done using sparging techniques. Though many methods are available for supplying oxygen to the 

reactor, sparging of the culture broth with a gas mixture is a practical approach. Chisti, 2000 

examined the bubble associated cell damage in sparged bioreactors. Smaller bubbles washed cell 

lines whereas larger bubbles didn’t maintain a stable foam. Consequently, he suggested that the 

bubble size must be maintained between 10 to 20 mm. The position of impeller and sparger both 

constitute to cell damage and thus the sparger should be placed such that the rising bubbles do not 

interact with any impellers. The average energy dissipation must remain below 1.0 x 103 W m-3.  

 Petersen et al., 1988 discussed the dependence of shear sensitivity on growth pattern, 

culture age and metabolite concentration. Cell damage was observed when shear stress was 

increased on hybridoma cells. It was accounted to the fact that accumulation of waste in later stages 

of cell growth causes cells lysis. The levels of metabolic waste cause physiological changes to the 

cells which adversely affect shear sensitivity. During the stationary phase, cells appeared to be 

robust when compared to later stages of growth. The formation of metabolites affects the pH of 

the medium, resulting in shear sensitivity. The damages cause by agitation and aeration can be 
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suppressed by using additives such as serums, Pluronic polyols, derivatized cellulose and other 

protective agents (Papoutsakis, 1991). The addition of surface-chemicals like Pluronic F68 can 

reduce the hydrophobicity of cell surface and act as protective agents against shear (Wu, 1996). 

 

2.4 - Gas-Liquid Mass Transfer 

 

 Aeration is one of the key factors that maximizes the productivity of bioreactors. In aerobic 

bioprocesses, oxygen is the primary substrate used by microorganisms for growth, maintenance, 

metabolite production and its scarcity affect the process performance (Garcia-Ochoa et al., 2009). 

The transfer of gas from gas phase to the microorganism suspended in a bioreactor follows a certain 

pathway, and it includes eight resistances that exist between the gas bubble and microorganism 

(Kadic et al., 2014). Most of these resistances are physical and are neglected in bioreactors except 

the one near the gas-liquid interface. The liquid film resistance controls the overall mass transfer 

rate. 

 One of the earliest hypotheses proposed by Lewis and Whitman in 1924 was the two-

membrane theory of interphase mass transfer. The idea proposed a thick film in both the gas and 

liquid phases separated by an interface. This theory proposes that mass transfer occurs through the 

interface by molecular diffusion through the membrane under steady-state conditions, and small 

fluxes and mass transfer at low concentrations (Drahansky et al., 2016).  A schematic of this theory 

is shown in Figure 2.1. 

The molar flux through each film is described as the product of the driving force by the 

mass transfer coefficient and is given by the equation 

𝐽0 = 𝑘𝐺(𝑝𝐺 − 𝑝𝑖) = 𝑘𝐿(𝐶𝑖 − 𝐶𝐿)    (2-1) 
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where J0 is the molar flux of oxygen (mol/m2S), kG is the gas side mass transfer coefficient (mol/ 

m2S Pa), kL is liquid side mass transfer coefficient (m/s), pG - oxygen partial pressure in gas 

bubble (Pa), pi- interface gas phase concentration (Pa), Ci- interface liquid phase concentration 

(mol/m3), CL- dissolved oxygen concentration in bulk liquid (mol/m3) 

 

Figure 2.1 - Schematic Representation of Two Film Theory (Garcia-Ochoa, 2009) 

As the calculation of interfacial concentrations cannot be done directly, considering the overall 

mass transfer coefficient yields the following equation: 

𝐽0 = 𝐾𝐺(𝑝𝐺 − 𝑝∗) = 𝐾𝐿(𝐶∗ − 𝐶𝐿)    (2-2) 

where p* is equilibrium partial pressure with liquid phase (Pa), C* is saturated oxygen 

concentration in bulk liquid, KG (mol/ m2S Pa) and KL (m/s) are overall mass transfer 

coefficients.  Combining equations (2-1) and (2-2) with the use of Henry’s law (p*=HC*), the 

following equation is obtained: 

1

KL
=

1

𝐻𝑘𝐺
+

1

𝑘𝐿
     (2-3) 
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Since oxygen is sparingly soluble in water, H is very large and the greater resistance for mass 

transfer is on the liquid side of the interface.  Thus, neglecting the gas phase resistance reduces 

the overall mass transfer coefficient to local liquid phase coefficient. 

𝐾𝐿 = 𝑘𝐿  (2-4) 

The oxygen mass transfer rate per unit reactor volume is obtained by multiplying the gas-liquid 

interfacial area and the overall flux as follows: 

𝑁𝑂2
= 𝑎𝐽0 = 𝑘𝐿𝑎(𝐶∗ − 𝐶𝐿)  (2-5) 

kL and a are difficult to be measured separately and hence the product kLa which is called the 

volumetric mass transfer coefficient is measured. 

 Mass balance for dissolved oxygen in liquid phase can be written as follows: 

ⅆ𝐶

ⅆ𝑡
= 𝑂𝑇𝑅 − 𝑂𝑈𝑅     (2-6) 

where 
ⅆ𝐶

ⅆ𝑡
 is the oxygen accumulation rate, OTR represents the oxygen transfer rate and OUR 

represents the oxygen uptake rate. 

 The volumetric mass transfer coefficient can be measured experimentally by available 

physical and chemical methods. One of the most widely used chemical methods is sulfite 

oxidation, which uses sodium sulfite to convert dissolved oxygen to sulfate (Garcia-Ochoa, 2009). 

Although this method is easy to implement, it has a disadvantage because the hydrodynamics of 

the solution can change, which in turn can affect the kLa value. Physical methods are the most used 

because they utilize the response of oxygen probes to changes in concentration in the medium. The 

dynamic method can be used to study the influence of operating conditions on volumetric mass 

transfer coefficients (Sánchez Mirón et al., 2000). 
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2.5 - Oxygen Transfer 

 

 Oxygen is a crucial nutrient for most aerobic organisms. These microorganisms do not 

directly take up oxygen from a gas phase as they are always in an aqueous environment and rarely 

in direct contact with a gas. They utilize the dissolved oxygen present in the liquid (medium) 

surrounding them. The solubility of oxygen in water is low when compared to any other nutrient 

provided for cell culture. Other nutrients deplete at a slower rate when compared to oxygen and 

hence it must be supplied continuously into the reactor. Oxygen can be supplied either by 

continuously providing soluble oxygen in liquid or provide a gas phase to allow oxygen to diffuse 

from gas into liquid medium (Hu, 2017). 

 Ju et al. (1991) proposed a possible method of using perfluorocarbon (PFC) emulsions to 

increase the oxygen carrying capacity in bioreactors.  Oxygen enhancement was achieved by 

adding 15% (v/v) PFC emulsions to the reactor and confirmed using E. coli fermentations.  At a 

higher percentage of PFC volume fractions (25%), the enhancement was poor and was due to the 

increase in viscosity with increase in volume.  Addition of oxygen vectors such as n-dodecane to 

culture broths enhances the oxygen mass transfer without increasing the energy consumption for 

mixing or aeration (Galaction et al., 2004).  A 20% increase in yeast concentration was seen in an 

airlift bioreactor with the use of n-dodecane as oxygen vector (Jia et al., 1997). 

 The effect of change in organic phase and aqueous phase concentrations on kLa was also 

studied by Amaral et al. (2008).  Use of olive oil as second liquid phase has a negative impact on 

the OTR.  When perfluorodecalin (0.2 volume fraction) was used in combination of YPD as 

aqueous phase, a kLa value of 64.6 h-1 was observed.  Silicone oil when added as an oxygen vector 

in a three phase airlift bioreactor increased oxygen transfer by 65% and by 84% in a stirred tank 
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reactor (Quijano et al., 2009).  With increase in viscosity of petroleum based liquids, oxygen 

transfer in airlift bioreactors decreased giving rise to turbulent regions (Mehrnia et al., 2005). 

 Conventional aqueous systems use spargers to increase the continuous supply of oxygen.  

Although there is continuously supply of oxygen, oxygen transfer limitations still occur.  Rates of 

oxygen absorption can be increases using oil-in-water systems instead of aqueous medium 

(Mcmillan et al., 1987).  The author deduced from the experiments that with increase in oil volume 

fraction, the oxygen transfer rate (OTR) increased linearly for a 1.25 L fed-batch E. coli 

fermentation.  The maximum OTR was about 400% on a per liter aqueous phase basis.  A 250% 

OTR enhancement was noticed in reactors using the fermenter headspace pressurization principle. 

Such reactors were best for cell lines which are very sensitive to the conventional systems (Yang 

et al., 1992). 

 To determine the dissolved oxygen concentration, the transfer rate of oxygen from the gas 

phase to the liquid phase must be known. Gas-liquid mass transfer depends on the characteristics 

of the physicochemical conditions of the culture, the geometrical parameters of the reactor, the 

operating conditions, and the number of oxygen-consuming cells (Garcia-Ochoa, 2009). It is 

mainly influenced by process variables such as impeller speed, air flow rate, temperature, 

viscosity, and the percentage of loading of biomass supporting particles (Özbek et al., 2001).  

 The effect of changing the impeller configuration on the novel bioreactor shows that the 

OTR increases, and the impeller uses less power, both beneficial in cell culture (S. J. Wang et al. 

1996). The presence of cells as solid particles decreases oxygen transfer, cell respiration and 

change in cell concentration in bubble-aerated bioreactors enhances oxygen transfer rate.  The 

decrease in oxygen transfer was accounted to low oxygen permeability near the interface (L. K. Ju 

et al., 1995).  Oosterhuis et al. (1984) proposed a model to study the local dissolved oxygen 
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concentration in the reactor along with the overall mass transfer coefficients using empirical laws.  

The model developed could be used to associate the mass transfer coefficients with stirrer speed 

and gas flow. 

 Experimental investigation of oxygen transfer coefficient in shaking bioreactors was done 

using the sulphite oxygen method by Maier et al. (2001).  The author postulated that the mass 

transfer coefficient was affected by operating conditions such as shaking diameter, filling volume, 

shaking frequency and viscosity of the medium.  Based on these observations, the author 

developed a model for calculating the mass transfer coefficient for various operating conditions in 

shaking bioreactors.  The liquid film on the flask wall had highest impact on the specific mass 

transfer area.  A shaking speed of 120 rpm in cylindrical bioreactors reported a kLa values 

between10 and 30 h-1 and a speed of 75 rpm showed a kLa value of 8 h-1 (X. Zhang et al., 2009). 

 Few of the initial studies for enhancing oxygen transfer phenomenon included the use 

floating bubble breakers.  Rising bubbles from spargers sometimes interfere the position of 

impellers in reactors decreasing the oxygen mass transfer.  Johnson et al., (1990) noticed that the 

use of foam breakers for mammalian cell cultures along with high aeration rates decreased oxygen 

mass transfer by 25%.  Kang et al., (1991) showed that the use of floating bubble breakers in a 

three-phase fluidized bed increased volumetric mass transfer coefficient by 25% but decreased 

with increase in viscosity. 

 Nikakhtari et al. (2005) depicted the use of a packed bed in an external loop airlift reactor 

for enhancing oxygen transfer.  A mathematical model was developed and studied in comparison 

with experimental results to analyze the mass transfer of oxygen with respect to time and space.  

The experimental data perfectly fit into the model showing that there was 3.7 times increase in 
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OTR in the packed bed loop reactor when compared to the conventional looped reactor indicating 

the feasibility of the reactor. 

 Novel bioreactors have been developed to address the issue of aeration and oxygen mass 

transfer. One such reactor is the shaken helical track bioreactors.  Cultivation of mammalian cells 

on large scale increasing gas-liquid transfer was the main aim of this reactor.  With a helical track 

attached to the wall of the cylinder, there is an increase in gas liquid contact areas which resulted 

in a 5 to 10-fold increase in mass transfer.  CHO cells when cultured in a 55 L helical track reactor 

showed a significant increase in cell growth compared to the standard reactors.  At a shaking speed 

of 39 rpm, with a working volume of 1000 L, kLa values of 10 h-1 were noted.  These results were 

accounted to special velocity field created by orbital shaking in these reactors (X. Zhang et al., 

2008). 

 Single use, technology bioreactors are developing on a larger scale because of their ease of 

use. The wave bioreactor is a similar kind which cultures cells and has the benefit of disposing 

once done. Oxygen transfer in standard cell bag systems can be maximized using spargers. 

Saccharomyces cerevisiae when culture in standard cell bag showed that the mass transfer 

coefficient was 38 h-1. The wave bioreactor had oxygen transfer coefficients of 60 h-1. This was 

due to the use of oxygen blended and oxygen sparged cell bags used in this reactor (Mikola et al., 

2007).  

  Berson et al., 2002 studied the growth of four different mammalian cells (CHO, SP2/0, 

HeLa, and NS/1) in a recirculation loop attached in a roller bottle. With rotation of the reactor, the 

loop picks up gas liquid plugs and delivers them to the other end of the chamber. To determine the 

effectiveness of the recirculation loop, experiments were first conducted in batch mode, which 

makes the reactor like other conventional bioreactors. After achieving a required density, the 
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experiments were carried out in continuous mode to test the reactor’s ability to maintain it for a 

longer duration. Data was also generated in standard roller bottles at once for these cell lines for 

comparison. The cells grew at higher densities when compared to standard roller bottle reactors. 

An average cell density of 5.4 × 106 cells/mL was seen. This increase in cell densities was 

accounted to addition of the recirculation loop which continuously supplies the medium with 

oxygen. Berson accounted that axial liquid mixing resulted in increase of gas liquid mass transfer 

and added to the list of advantages was the ease of scale up.  

 Rotation rates of the reactors have a positive impact on oxygen transfer in most rotational 

bioreactors. Baffled roller bioreactors showed an increasing tendency in the mass transfer with 

increasing rotational rates between 5 and 50 rpm (H. Nikakhtari et al., 2014). Rotator culture 

methods provide a continuous flow of oxygenating gas to cultures in rotating bottles. These 

maintain constant oxygen and carbon dioxide levels in culture medium (New et al., 1979). 

Conducting cell cultures on a large scale maximizes the capital required. Mini bioreactors can be 

used for this purpose to avoid excess use of costly substrates. The cell strain and media 

optimization can be studied in these bioreactors and then easy scale up can be done (Kumar et al., 

2004).  

 Oxygen supply under high viscosity and low shear in plant cell suspensions is possible 

with the use of the rotating principle in rotating drum fermenters (Tanaka et al., 1983). Three-

dimensional growth of endothelial cells for 30 days in rotating wall vessel (RWV) bioreactors was 

studied with respect to the rotation rate. With increase in rotation rate from 8 rpm to 15 rpm, the 

production was increased by 73% and 262% respectively (Sanford et al., 2002). High oxygen 

concentrations were seen at high rotations rates in RWV bioreactor (Kwon et al., 2008). Zhang et 

al., 2012 investigated the characteristics of gas liquid mass transfer in a rotating drum bioreactor 
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(RDB). The effect of sparger and lifters in the novel RDB on mass transfer performance was 

investigated. At an aeration rate of 0.256 vvm, the mass transfer coefficient had little impact with 

increase in number of lifters whereas it has a high impact when a high aeration rate of 0.513 vvm 

was used. The reason for this was at high aeration rates, the liquid film renewal occurs quickly 

causing a movement of bubbles. The performance of this RDB was compared to that of bench 

scale RDM to determine the percentage increase of mass transfer. In the large scale RDB, the mass 

transfer coefficient was comparatively low because of a smaller aeration area. A greater width of 

lifters can increase the transfer rate at low aeration rates (Zhang et al., 2012).  

 Synthecon’s rotary cell culture system (RCCS) produces 3D cultures in a low shear stress, 

microgravity environment. A horizontally rotating cylinder with a coaxial oxygenator is used as 

the culture system. The vessel is filled with culture medium providing zero head space. The 

oxygenator also rotates at the same velocity as the outer wall. RCCS can suspend cells without 

causing mechanical shear (as seen in spinner flasks) along with high mass transport of nutrients 

and oxygen. The addition of support materials in a bioreactor has a negative impact on gas-liquid 

mass transfer. Linear decrease in mass transfer was seen with increase in concentration of biomass 

support materials (Apar, 2010). With the implementation of good manufacturing standards for cell 

treatments, innovative suspension bioreactors may create a 25-fold growth of human embryonic 

cells in six days as compared to static culture flasks (Krawetz et al., 2010).  

 Computational frameworks based on metabolic–hydrodynamic coupling can provide 

informative insights on cell lifelines and metabolic responses induced by environmental 

fluctuations in an industrial bioreactor (G. Wang et al., 2020). The integration of modeling and 

experiments can be used to determine the transfer of mammalian cell culture processes and the 

physical characterization of bioreactors. The findings of these analyses can be used to validate 
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scale up and scale down procedures (Villiger et al., 2018). Guo et al. (2018) investigated the 

manufacturing and scaling up of docosahexaenoic acid (DHA) using computational fluid dynamics 

(CFD). Various impeller combinations were studied to generate a homogeneous flow field 

environment in the bioreactor, and the reactor was optimized to productivity of 326.5 mg/ (L h).  

 Teng et al., (2021) used a similar technique to analyze the behavior of BHK- 21 cells in 

three different sized scaled-up bioreactors using CFD. The results of itaconic acid optimization 

studies in a flask level stirred tank bioreactor utilizing the classical one factor approach and 

statistical experiment designs demonstrated the viability of high production on scale up (Bafana et 

al., 2019). He et al. (2019) created a mass transfer approach for calculating gassing requirements 

in the bioreactor cell culture environment. Predictive modeling may also help with carbon dioxide 

gassing by estimating the range of a gas flow meter. Das et al., (2019) demonstrated the use of 

microcarrier-based bioreactor systems for continued development and scale-up of flask-based 

mesenchymal stromal cells (MSC).  

 Single-use bioreactors (SUB) may benefit shear-sensitive cell lines and may also be useful 

in continuous perfusion operations. SUBs enable scalable parallel cultivation on a tiny scale 

without cleaning, and numerous types of plates and small reaction vessels are already available. 

When employed on a wider scale, continuous culture systems with cell retention are a better option 

to batch and fed-batch approaches (Junne et al., 2018). The addition of sensors to all bioreactor 

scales allows for robust and dependable online monitoring of cellular proliferation in all fed-batch 

cultures. This can result in rapid process development and risk minimization, and hence a more 

robust production process (Metze et al., 2020). 
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2.6 - Computational Fluid Dynamics (CFD) 

 

 Design, construction, and evaluation of large-scale bioreactors is time consuming and 

costly. The use of CFD as a tool to determine the fluid characteristics in bioreactors may give few 

insights on the factors affecting these parameters (Werner et al., 2014). A hybrid multizonal CFD 

model was used to predict the behavior of shear forces and mass transfer at different rates in a 

bioreactor producing xanthum gum. The results from this model could accurately depict the flow 

characteristics in the bioreactor (Bezzo et al., 2003). The prediction of sludge rheology and design 

factors for a membrane bioreactor was difficult. The effect of these factors on the hydrodynamics 

of the bioreactor were nearly impossible to calculate from various experiments. 

 Brannock et al. (2010) used the bioreactor and membrane module in CFD to determine the 

effect on sludge settling and rheology on bulk mixing. They also used this as an optimization tool 

to determine the reactor design features. 3D steady simulations could track particle trajectories 

(microorganism movements) in a photo bioreactor for an effective tracer time of 11 hours using a 

commercial code CFX5.7 (Luo et al., 2011).  Oxygen transfer being one of the limiting factors in 

cell growth was modeled by Dhanasekharan et al. (2005) using population balance method (PBM). 

A multi-fluid Eulerian model was used to interpret the gas liquid mass transfer mechanism. Bubble 

breakage and coalescence were modelled using the PBM method. To reduce the computational 

time, flow geometry was composed of 23,000 cells and only one half of the symmetric geometry 

was used. The mass transfer coefficients and gas holdup results from the CFD model were in a 

good agreement with the experimental data generated.  

 Zhang’s CFD work (2005) on mammalian cell culture in shake flasks showed a difference 

in the experimental and simulation results of volumetric mass transfer and power input. Volume 

of fluid method was used to simulate the gas liquid interface and generate the velocity vectors at 
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different rotation rates of the shake flasks. The difference in simulated and experimental values 

was accounted for change in other factors like pH, temperature, and nutrient concentration (Zhang 

et al., 2005). Bioreactors used for cartilage tissue engineering were modeled for mass transfer and 

shear stresses based on the position of constructs. A species mass transfer model was used to 

determine the oxygen depletion around the construct surfaces. Results show oxygen concentrations 

higher than in vivo, which determines that these concentrations do not affect the growth of 

chondrocytes. (Williams, Saini, and Wick, 2002).  

 A simple and fast CFD base compartment model was developed by Delafosse et al., 2014 

to generate the spatial distributions of concentrations during the mixing process in stirred 

bioreactors. Unlike the classical compartment model, this model reproduces with good accuracy. 

Wang et al., (2010) could simulate the coupled hydrodynamics-reaction kinetic model of a sludge 

bed bioreactor. They simulated the flow of a three phased (gas-liquid-solid) bioreactor for the first 

time and evaluated that this method cannot be applied for highly unsteady systems. A 50 L single-

use bioreactor was modeled for gas-liquid mixing and bubble size distribution. A multiphase fluid 

model along with population balance module in FLUENT was used to determine the maximum 

sparger-to-impeller diameter. The optimum ratio was obtained as 0.8 and was validated using 

experimental values. A correlation between kLa and operating parameters of the reactor was 

determined. This relation was used to further optimize the reactor’s geometry and design. The kLa 

measured from experiment at a tip speed of 0.6 and aeration rate of 0.1 vvm was 7.3 hr-1 whereas 

the model predicted it to be 18.2 hr-1 for a constant bubble size. The PBM model with bin sizes 

predicted a more accurate value of 8 hr-1. The significance of these parameters was verified with 

statistical interactions and conducting a full factorial DOE (Amer et al., 2019). Ashfaq et al. (2019) 

studied the transport of iodine from a scrubbing solution in a venting system using ANSYS 
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FLUENT. The dependency of the iodine mass transfer on the diameter of the liquid droplets was 

postulated using a user defined mass transfer model in FLUENT. A two-phase Euler-Euler 

multiphase modelling approach was used along with species transport model to describe the 

phenomenon occurring. Increase in mass transfer, increase of iodine in liquid phase and decrease 

in gas phase was observed with decrease in droplet diameter. This could verify the dependency of 

mass transfer on droplet diameter and venturi length. Bubble size distribution is an important factor 

when considering the hydrodynamics of bubble column bioreactors. The population balance model 

(PBM) in FLUENT is used to determine the effect of bubble size, bubble breakage, coalescence 

on the reactor dynamics. 

  Shi et al., 2019 proposed a bubble-induced turbulent model to determine the bubble 

breakage effects caused due to turbulent eddies. Two different cases of bubble columns with 

diameters of D = 0.44 m and D = 0.15 m were studied and the results were consistent with 

experimental data. Thus, the bubble-induced turbulent model is an appropriate one to study the 

eddy interactions in bubble columns. Along with this, the mass transfer mechanism can be 

predicted using surface renewal model making few modifications to include the turbulent eddy 

interactions (Shi, 2019). Miniature geometries are used to study the effect of different geometric 

parameters on flow characteristics. These devices are considered safe for fast and hazardous 

chemical reaction. The large surface to volume ratio available in these devices is proved to increase 

the heat and mass transfer.  

 Prakash et al. (2019) studied the flow characteristics in a serpentine pipe and compared the 

obtained mass transfer to that of a straight pipe. The experiments conducted used a high-speed 

camera to determine the flow type within the capillary. A straight pipe and serpentine pipe 

(diameter of 2 mm) with toluene and water were considered for this study. Slug flow regime was 
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observed in the straight pipe and slug flow with droplets was seen in the serpentine pipe. Mass 

transfer efficiency improved by a factor of 1.2 in the serpentine pipe. This was accounted to the 

return bends in the pipe. This phenomenon was simulated in ANSYS to find that there were 

secondary flows within the serpentine pipe which was used to determine the critical velocity for 

this geometry (Prakash, 2019). Simulation results help us in understanding the flow characteristics 

affecting hydrodynamics and mass transfer. Shear stresses, turbulent kinetic energy, turbulent 

dissipation rate, bubble velocity are few of the many factors contributing to higher cell death (Liu, 

Zhang, and Zhou, 2019).  

 Gas holdup, superficial gas velocity, complex fluid behavior can also be studied using 

computational fluid dynamic simulations (Lu, Long, Ding, and Deng, 2019). Volumetric mass 

transfer coefficient increases with increase in gas-liquid interfacial area and in areas where 

turbulent energy dissipation rate is higher. A similar kind of behavior was observed by Santos-

Moreau et al. (2019) in CFD studies of stirred tank reactor. A Eulerian multiphase model was used 

to study the impact of impeller speeds on local mass transfer coefficients. The local values ok kLa 

were higher at regions close to the impeller. This model was able to predict the interphase mass 

transfer rate with accuracy as the results obtained showed good agreement with experimental 

observations.  

 A sensitivity analysis on the exact geometry of a gas sparger in an airlift loop reactor was 

done using two-dimensional and three-dimensional simulations in the work of Mudde et al. (2001). 

Two fluid model was used to consider the effects of virtual mass, drifting velocity, turbulence 

production and dissipation by the bubbles. Two-dimensional simulations were able to correctly 

predict most characteristics of the flow behavior but underpredicted gas fractions due to the 

existence of low frictions in 2-D geometries. The circulation rate was 30% overpredicted in two-
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dimensional studies than that of three-dimensional ones. The gas-inlet geometry was particularly 

sensitive to changes in two-dimensional simulations. Oxygen transfers in pump-oxygenators 

(artificial lungs) were simulated using ANSYS by Fill et al. (2008) before physical fabrication to 

predict performance, optimize flow parameters, mass transfer.  

 

2.7 Effect of Temperature on Cell Culture 

 

 Cell viability and proliferation is majorly affected by the temperature at which it is stored, 

handled and cultured.  Most mammalian cells thrive at around 37°C but to provide stability they 

must be maintained at an optimal temperature.  Yeast cells can grow over a range of 0°C to 47°C 

but the growth rate is highest at 30°C (Salari and Salari, 2017).  Rodríguez-Carmona et al. (2012) 

studied the effects of temperature in the production of recombinant antibody fragments in E. coli.  

The results showed that decreasing the temperature from 37°C to 33°C to 30°C increased the 

product yield.  

 Recombinant CHO cell lines were tested for temperature dependency by Furukawa et al. 

(1998).  A maximum level of cell growth was seen at 36°C and cells were completely arrested at 

32°C.  The highest productivity and cellular productivity were obtained when cultured at 35°C and 

32°C respectively.  Kovářová et al. (1996) examined the growth of E. coli at temperatures greater 

than 37°C in a continuous culture.  The culture was grown with glucose and at different dilution 

rates to determine the steady concentration at 40°C.  At 37°C, the growth rate was 0.204 h-1, 

increasing to 0.485 h-1 at 40°C. 

 HEK-293 cells are used to express recombinant proteins and are cultured at 37°C.  A higher 

protein yield and higher expression is desirable.  The studies conducted by Lin et al. (2015) showed 

that reducing the temperature from 37°C to 33°C (after 24 hours transfection time), the total protein 
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production increased by a factor of 1.5.  A similar decrease in temperature  in CHO cells increased 

the overall product yield by a factor of 3.4 compared to standard temperature of 37°C (Kaufmann 

et al., 1999).  This increase in productivity at low temperatures was accounted to the increase in 

mRNA levels and its stability (Kou et al., 2011).  

 Experiments conducted by Oguchi et al. (2003) resulted in a two-fold increase of antibody 

production when the temperature of CHO cell culture was reduced from 37°C to 31°C.  Protein 

glycosylation  using mammalian cells showed that a decrease in temperature from 35.5°C to 34°C 

reduced the terminal sialic acid by 10% whereas the overall glycosylation profile was unchanged 

(Sajan et al., 2010).  

 

2.8 - Effect of pH on Cell Culture 

 

 Change in pH greatly influences the growth of cells. Some grow at higher pH values while 

some thrive at neutral and low pH values. Cell lysis takes place if they are cultured below or above 

the minimum and maximum values of pH. Hence, it is necessary to determine the optimal pH for 

the culture used in the bioreactor. Hawley-Nelson, et al. (1980) saw an optimal growth rate in 

human epidermal cells at a pH of 7.0-7.2. Long-term survival of cells was influenced with change 

in pH. At a pH of 7.6, cells could not be sub-cultured while cultures survived four passages at a 

pH of 6.8. Tupý et al., 1984 observed that tobacco pollen in suspension culture showed an optimal 

growth at a pH of 5.9 as it depends on the buffering capacity of pollen medium. 

 Maximum growth of mammalian cells is observed in the pH range of 7.38 to 7.87 (Cosmo 

G. Mackenzie, Julia B. Mackenzie, 1961).  Ten strains of rumen bacteria were grown at a dilution 

rate of 0.165 h-1 in a continuous culture. A low pH appeared to decrease the cell yields. Large 
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changes in pH were observed when the cultures were washed off. S. bovis produces more lactate 

when the pH falls below 5.75. (Russell and Dombrowski, 1980). 

 The study of pH values in HeLa cells by Barton, 1971 in batch suspension culture revealed 

a characteristic pattern. The sample was analyzed for 24 hours It operates as a chemostat to provide 

more nutrients each time fresh medium is added. As the pH increased from 6.8 to 7.5, an increase 

in glucose consumption and lactate production of HeLa cells increased. This result couldn’t be 

related to cell multiplication as the rate of increase in glucose consumption and lactate production 

was seen at a pH of 7.8 when cell multiplication was minimal. The authors linked this pattern of 

increased and decreased depletion to cell aggregation in suspension culture. In cultured mouse 

neuroblastoma cells, PH alterations can influence their growth, neurite production, and 

acetylcholinesterase activity (Bear and Schneider, 1977). 

 CHO cells grow over a broader range of pH than human or mouse cells, centering at 

approximately pH 7.2-7.4. Optimum pH was independent of serum concentration in the culture of 

different mammalian cells (Eagle, 1973). Yoon et al., 2005 studied the effect of culture pH on 

erythropoietin (EPO) produced by CHO cells. Highest specific growth rate and viable 

concentrations were obtained at pH values of 7.0 and 7.2, respectively. EPO productivity was 

optimal at a pH of 7.0. Ozturk et al., 1991 observed a two-fold increase in specific antibody 

production at a pH of 7.2 in hybridoma cell culture. Saccharomyces cerevisiae when cultured at a 

pH of 4 showed an increase in reproduction and growth. This condition provided the largest size 

(2 x 3µ) of yeast cells (Salari and Salari, 2017). 
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2.9 - 3D Printing / Rapid Prototyping 

 

 3D printing techniques have gained popularity over the decades for various 

biomanufacturing applications. Recent trends are seen in the use of vascular implants for tissue 

engineering. Blume et al., 2022 outlines the potential of these vascular implants for 3D printing 

advanced therapeutic drug products in biotechnology. Use of electrode impedance spectroscopy 

(EIS) along with rapid prototyping in bioreactor design allowed the reactor system to maintain a 

shear rate of 0.001 dyne cm-2 which can be used to cultivate epithelial cells and this technology 

integrated with organ-on-chip is a powerful tool for online analytics, (Linz et al., 2021). 

Photopolymerization is a technique frequently used which refers to the curing of photo-reactive 

polymers by using a laser, light or ultraviolet (UV) and one such technique is stereolithography 

(SLA). Materials used for this method are usually liquids that will harden when it is exposed to 

UV light producing high quality surfaces. (Shahrubudin et al., 2019). Another widely used 

technique is powder fusion processing, which relies on the deposition of molten or bonded layers 

of powder to make parts. The Selective laser sintering (SLS) enables fusion of one layer over the 

other with the help of a laser and has an advantage of less material wastage (Arefin et al., 2021). 
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Chapter 3 – Design And Optimization of the Spiroid 
 

Abstract 

 

 This research investigates a continuous bioreactor with an internal spiroid for enhanced 

gas-liquid mass transfer.  The bioreactor consists of a cylindrical wall and is horizontally rotated 

on a roller bed.  The inlet and outlet ports on the reactor provide continuous flow to the reactor.  

The spiroid is a simple helix attached to the inner wall of the reactor cylinder.  The spiroid increases 

the gas-liquid contact areas within the reactor to increase oxygen mass transfer.  To optimize the 

oxygen mass transfer, the diameter and length of the spiroid and the rotation rate of the reactor are 

important factors to be considered.  The flow though spiroid at different rotation rates, spiroid 

diameter and spiroid length was studied using computational fluid dynamics (CFD) to determine 

conditions for optimum operation.  Initial experiments were conducted using a dye at different 

rotation rates to determine the pumping rate of the spiroid.  The results from these experiments 

were utilized to determine the inlet velocity to be used in the simulations.  As flow through spiroid 

is a complex phenomenon, the CFD model was simplified to a straight tube and different 

parameters (shear stress, velocity vectors, wall turbulence, turbulence parameters) for different 

dimensions were studied to determine the optimum size of the spiroid.  Results indicate that the 

optimum rotation rate of the spiroid is 8 rpm. Based on these preliminary simulations a model can 

be developed for oxygen transfer. 

Keywords: continuous bioreactor, spiroid, computational fluid dynamics, optimization 
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3.1 Introduction 

 

 Cell culture plays a prominent role in various bioprocess industries and the use of 

bioreactors for this purpose is a vital part of this process.  Bioreactors of different types are used 

in pharmaceutical industries, tissue engineering (scaffold preparation), stem cell research and gene 

therapy.  Many researchers developed bioreactors of various kinds to address issues which limit 

cell production.  Continuous supply of oxygen to the cells for survival and agitation or mixing are 

the two important factors which limit cell growth and production for aerobic bioreactor systems.  

Other factors which limit the growth to an extent are temperature, pH, culture media, and reactor 

configuration.  These limiting factors can be analyzed using experimental methods which involve 

designing different reactors and assessing production by varying each parameter or multiple 

parameters at a time and optimizing them for enhanced production. 

 With the development of computational and statistical tools for fluid domain analysis, it is 

possible to study the fluid dynamics of bioreactors.  Computational fluid dynamics (CFD) is being 

used by many researchers to study various flow parameters affecting cell culture in bioreactors.  

This method is relatively inexpensive when compared to conducting experiments for cell growth 

or antibody production in bioreactors and can also be used to optimize production (Hutmacher et 

al., 2008). CFD is increasingly used in bioprocessing, especially in simulating flow distribution in 

bioreactors. It is evident that the knowledge of hydrodynamics can be of immense help to 

researchers looking to improve the reactor design, performing optimization and scale-up of the 

process, and/or aiming to understand of interactions between the various significant input 

parameters (Rathore et al., 2016).  Dhanasekharan et al., 2005 investigated the effect of bubble 

size distribution on oxygen transfer in an air lift bioreactor.  The use of population balance method 

to study bubble dynamics determined the presence of recirculation in the reactor.  These results 
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could be used for any type of stirred tank bioreactor regardless of scale and geometry.  Increased 

impeller rotation in bioreactors provides optimum mixing but, at the same time increases shear 

stress.  With the use of ANSYS CFX 12.0, the velocity profile predictions for various gas flow 

rates in a stirred airlift bioreactor showed that low rotation rates result in low mass transfer 

coefficients (Sergio S. de Jesus, Edgar Leonardo Martinez, Aulus R.R. Binelli, Aline Santana, 

2013). Based on the studies of Ravindram, 1987, different droplet diameters were selected and 

their iodine removal effect on non-submerged venturis was investigated. The model was 

qualitatively validated as overall iodine removal efficiencies were observed within the range 

reported by Ali et al., 2013. The mass fraction of gas phase iodine decreases, and the iodine content 

increases Liquid phase iodine is observed along the length of the venturi. The same gas phase 

velocity behavior for different droplet diameters is noted due to the smaller liquid phase volume 

fraction (Ashfaq et al., 2019). 

 Apart from gas-liquid hydrodynamics, with the help of CFD Niño et al., 2018 modeled 

mass transfer rates in a 10L bioreactor which were later used to make design modifications for the 

bioreactor with a helical impeller.  The oxygen transfer prediction using CFD in a novel rotating 

disk bioreactor for tissue culture applications showed that oxygen can be enhanced by convection 

limiting to low shear environments (Liow et al., 2009).  Volumetric mass transfers are 

comparatively less in shake flasks than in stirred tank bioreactors.  Velocity vector distribution 

studies in a shake flask determined that though there is larger interfacial area in shake flasks, the 

power dissipated in these flasks is less which results in low mass transfer coefficients than 

conventional stirred bioreactors (H. Zhang et al., 2005). Amer et al., 2019 used a population 

balance CFD model to evaluate the influence of ring spargers on mass transfer in a single-use 

bioreactor and found that the optimal sparger-to-impeller ratio is 0.8.  Comprehensive 
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experimental and model-based bioreactor characterization is critical for realistic scale-up and 

scale-down approaches and technology transfer across geometrically diverse vessels. 

Understanding the shear stress limitations of a single cell culture process justifies the use of higher 

specific power inputs in large-scale animal cell culture, thereby reducing inhomogeneity and gas 

mass transfer issues (Villiger et al., 2018). Hybrid multi-region CFD modeling methods bring new 

opportunities for equipment design and process operation and control, such as establishing optimal 

equipment geometry, baffle placement, and impeller design (Bezzo et al., 2003). Teng et al., 2021 

investigated the impacts of scaling up on BHK-21 cells and developed a CFD-based approach for 

the reactor's hydrodynamics at the lab scale. Brannock et al., 2010 established the applicability of 

their membrane bioreactor CFD model as a design and optimization tool. It allows for the 

prediction of how full-scale reactor design parameters (e.g., energy input via aeration or mixers, 

size and position of inlets, baffles, and membranes) affect hydrodynamics and hence performance. 

In the future, fluid-structure interactions may be of interest. This is especially true in single-use 

bioreactors made of flexible bags, where the geometry of the culture bag is influenced by liquid 

movement (Werner et al., 2014). 

 This research studied the use of a spiroid in a horizontally rotating bioreactor.  The rotating 

bioreactor with spiroid can be operated at various rotation rates in batch or continuous mode.  The 

purpose of spiroid is to increase gas-liquid contact areas and act as a low shear oxygenator for 

mixing and aeration in the reactor. For the spiroid to work effectively, the length and diameter are 

two important process parameters to be considered for enhanced oxygen transfer rate.  

Computational fluid dynamic simulations were used to analyze the effect of change in these 

parameters (rotation rate, diameter and length) on the shear stress within the reactor and extent of 

mass trasfer.  Dye experiments were conducted for preliminary studies to determine if the spiroid 



55 
 

was pumping the liquid.  As the flow through spiroid is complex, the geometry of the spiroid was 

simplified to a straight tube to study the formation of gas and liquid slugs.  Design of experiments 

(DOE) was developed in minitab for various rotation rates, diameter and lengths.  A total of 27 

combinations were run as simulations using ANSYS FLUENT.  The rotating bioreactor provided 

less shear and the optimization of spiroid in terms of rotation rate and the process parameters was 

done.  These simulations will be used to study the species transport between gas and liquid in the 

spiroid and develop a model for determining mass transfer coefficients. 

 

3.2 Materials and Methods 

 

3.2.1 Experimental Apparatus 

 

 The continuous bioreactor used for this study is a scaled up bioreactor and consists of an 

outer cylindrical shell with a spiroid.  The spiroid is embedded onto the inner wall of this cylinder 

to increase gas-liquid contact areas which helps in enhancing oxygen transfer within the reactor.  

The bioreactor can be rotated horizontally with the help of a roller bed as shown in Figure 3.1.  

The inlet/outlet ports present on either side of the reactor help in providing medium and oxygen 

continuously to the reactor.  This bioreactor is prototyped using a 3D printer.  

The dimensions of the original and scaled-up bioreactor are summarized in Table 3-1 
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Table 3-1 Bioreactor Dimensions 

 

 

3.2.2 Preliminary Dye Experiments 

 

 To determine the flow rate through the spiroid and confirm that the spiroid is pumping at 

an effective rate, dye experiments were conducted at different rotation rates in the scaled-up 

bioreactor.  The reactor was filled up to two-thirds of its volume with water and the roller bed was 

Parameter Original Bioreactor Scaled-up Bioreactor 

Chamber Length (m) 0.100 0.193 

Chamber Inner Diameter (m) 0.0444 0.0889 

Spiroid Length (m) 1.09 3.12 

Spiroid Inner Diameter (m) 0.00476 0.00953 

Spiroid Turns 8 12 

Volume (10-4 m3) 1.11 9.86 

Figure 3.1 Bioreactor Schematic (Fang et al., 2018) 
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activated.  At each rotation rate, a food dye was introduced from the inlet of the reactor.  Slugs of 

gas and liquid were clearly seen within the spiroid.  The time taken for the dye to flow from the 

start to the end of the reactor (spiroid length) was noted.  This test was repeated at rotation rates 

of 4, 6, and 8 rpm. Results show that the flow of dye through the spiroid was increased with 

increase in rotation rates, confirming that the spiroid is pumping effectively.  These experiments 

were auxiliary for conducting simulations as the observed flow in these experiments was used for 

generating the simulation model. 

 

3.3 Computational Fluid Dynamic Simulations 

 

 The optimization of spiroid is a major factor which will enhance the oxygen transfer in the 

bioreactor.  The length and diameter of the spiroid must be capable enough to provide the highest 

amount of oxygen transfer in the reactor.  Making the spiroid too long or short will not serve in 

enhancing the gas-liquid mass transfer.  Hence, optimum range of diameter and length of spiroid 

is necessary for higher efficiency. ANSYS workbench 19.2 (ANSYS, Inc. Canonsburg, PA, USA) 

was used in this research to carry out the simulations.  CFD simulations were performed as per a 

full factorial DOE with rotation rates at three levels and diameters and lengths of spiroid at three 

levels (Table 3-2). 

Table 3-2 Range of parameters for simulations 

SNO RPM DIAMETER LENGTH 

1 4 0.004 0.6 

2 4 0.004 0.7 

3 4 0.004 1.0 

4 4 0.005 0.6 

5 4 0.005 0.7 

6 4 0.005 1.0 

7 4 0.006 0.6 

8 4 0.006 0.7 
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9 4 0.006 1.0 

10 6 0.004 0.6 

11 6 0.004 0.7 

12 6 0.004 1.0 

13 6 0.005 0.6 

14 6 0.005 0.7 

15 6 0.005 1.0 

16 6 0.006 0.6 

17 6 0.006 0.7 

18 6 0.006 1.0 

19 8 0.004 0.6 

20 8 0.004 0.7 

21 8 0.004 1.0 

22 8 0.005 0.6 

23 8 0.005 0.7 

24 8 0.005 1.0 

25 8 0.006 0.6 

26 8 0.006 0.7 

27 8 0.006 1.0 

 

 The basic steps for performing any simulation in ANSYS workbench are as follows: 

1. Create the geometry (Design Modeler was used in this research) 

2. Mesh the geometry using ANSYS meshing tool. 

3. Create ‘Named selections’ for the domain of study. 

4. Setup the model needed to illustrate the flow phenomenon 

5. Run the simulations 

6. Analyze and predict the results using CFD-post processing. 

 Apart from the above-mentioned steps, it is necessary to check for the mesh quality once 

the mesh is generated to ensure for a better solution convergence.  Studying the flow through 

spiroid geometry is complex and is computationally expensive.  As a result, the geometry of spiroid 

was simplified into a long straight tube and was studied under different operating conditions.  To 

mimic the exact conditions within the spiroid, the assumptions made are steady state, homogenous, 
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Newtonian fluids, isothermal, pressure-based model.  All the simulations were carried out without 

the influence of gravity.  When gravity is included in a straight tube, the slugs forming in the 

spiroid cannot be represented and all the gas and liquid are pushed towards the end of the tube.  

For these reasons, gravity was disabled and to hold the slugs together, surface tension between the 

phases (water and gas) was enabled. 

3.3.1 Geometry 

 

 The geometry of the bioreactor with the spiroid was created using SolidWorks and 

imported into ANSYS workbench as shown in Figure 3.2(a).  The sectional view of the reactor is 

shown in Figure 3.2(b).  The inlet and outlet ports were represented by small tubes to represent 

fluid flow through the reactor.  The geometry of spiroid alone is shown in Figure 3.2(c).  The 

dimensions of the original bioreactor were used to create this geometry.  As it can be seen from 

Figure 3.2(c), the spiroid geometry is complex and analyzing the flow through one turn (loop) 

alone is computationally expensive.  Hence, the whole spiroid geometry is simplified to a straight 

tube as shown in Figure 3.2(d).  The dimensions of this geometry are varied (as mentioned in DOE) 

and each case is simulated.  To determine two-thirds of the volume of the spiroid with the water 

and the remaining volume with air, the height of water within the spiroid was numerically 

calculated.  The inlet of spiroid was divided into two segments (air inlet and water inlet) using the 

calculated height.  This way, we could clearly define the amount of water and air entering the 

spiroid.  
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(a) Bioreactor with Spiroid                                (b) Sectional View 

 

      (c)  Geometry of Spiroid                              (d) Spiroid as a Straight Tube 

Figure 3.2 Geometry of the Novel Bioreactor 

 

 

3.3.2 Mesh Generation 

 

 In ANSYS workbench, the mesh is generated using the mechanical package.  As the 

domain being studied is fluid, a volume mesh is generated throughout the geometry.  The physics 

preference was set as CFD.  A finer mesh with large number of elements was not used in this study 
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as the time of convergence is high. Further, the parts of spiroid (inlet, outlet, pipe wall) were named 

using the named selection option in meshing toolbar.  These named selections were created to 

determine the boundary conditions at ease in the next step.  The ANSYS mesh generated is shown 

in Figure 3.3.  The overall mesh for bioreactor with spiroid is represented by Figure 3.3 (a). Figure 

3.3 (c) depicts the mesh for the spiroid alone and Figure 3.3 (d) represents the closer view of the 

mesh for the straight tube.  

 

(a) Overall Mesh for Bioreactor with Spiroid                 (b) Sectional View of the Mesh 

 

(c) Spiroid Mesh                                                        (d) Mesh over Straight tube 

Figure 3.3 Meshed Geometry (ANSYS 19.2) 
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The quality of mesh affects the simulation results, time taken for the solution to converge 

and the overall performance.  This can be determined by the parameter skewness which is obtained 

from the mesh statistics toolbar.  A maximum skewness of 0.95 is permissible for a good quality 

mesh.  The maximum skewness of the straight tube under consideration was 0.84 which is 

acceptable for the simulations.  A mesh sensitivity analysis was also done to ensure the quality.  

 

3.3.3 Theory 

 

 At operating conditions of 4, 6 and 8 rpm, the flow through the spiroid is in the low 

turbulence region (Childs, 2011). Turbulence modeling in ANSYS is possible using the Reynolds-

Averaged Navier-stokes (RANS) equations.  This provides the most economical way to simulate 

complex flows.  These models include two additional transport equations for calculating the 

resulting Reynolds stress.  k-ε and k-ω are the two turbulence models offered in ANSYS that 

predict the flow accurately.  The k-ε model is known for its robustness, economy, and reasonable 

accuracy.  The k-ω model predicts the flow near the boundary considering a low Reynolds number 

instead of accounting for mesh quality but takes longer convergence time (ANSYS FLUENT 13 

User’s Guide, 2013 ;Argyropoulos et al., 2015). 

 The standard k-ε model is generally used to predict flow characteristics in industries.  The 

turbulence kinetic energy (k) is obtained by using exact equations whereas the dissipation rate (ε) 

is obtained by physical reasoning.  The major assumptions of this model are molecular viscosity 

is negligible and the flow is fully turbulent.  Thus, this model is only applicable to turbulent 

regions. The RNG k-ε model uses a statistical technique called renormalizing group theory.  This 

model accounts for a large portion of the low Reynolds number zone, making it more applicable 

to a broader range of flows.  The realizable k-ε model includes an exact equation for the turbulent 
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eddy dissipation rate which makes it the most accurate out of all three models.  This can also be 

used for rotating homogenous flows.  The k-ε model with enhanced wall treatment has also been 

included in this research to ensure the near-wall region is also taken into consideration (ANSYS 

FLUENT 13 User’s Guide, 2013).  The transport equations solved by ANSYS setup for k-ε model 

are as follows (ANSYS FLUENT 13 User’s Guide, 2013): 

  (3-1) 

 

  (3-2) 

 

where ; ; S is the modulus of the mean strain rate tensor, 
 

 (s-1);  is the mean strain rate,  (s-1); ; ; 
 

;  is the component of the flow velocity parallel to the gravitational vector (m 

s-1);  is the component of the flow velocity perpendicular to the gravitational vector (m s-1);  

 is the turbulent Prandtl number for k, ;  is the turbulent Prandtl number for , 

. k is the turbulence kinetic energy per unit mass (J kg-1 or m2 s-2); µ is the molecular 

dynamic viscosity (Pa-s); µt is the turbulent or eddy viscosity (Pa-s); Gk is the generation term 

because of the mean velocity gradients (J s-1 m-3 or kg m-1 s-3); Gb is the generation term due to the 

buoyancy, (J s-1 m-3 or kg m-1 s-3); ԑ is the dissipation rate per unit mass (J kg-1 s-1 or m2 s-3); YM is 

the effects from the fluctuating dilatation in the compressible turbulence on the overall dissipation 

rate (J s-1 m-3 or kg m-1 s-3);  is the kinematic viscosity (m2 s-1);   (J s-1 m-3 or kg m-1 s-3) and    

(J s-2 m-3 or kg m-1 s-4) are user-defined source terms (ANSYS FLUENT 13 User’s Guide, 2013). 
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3.3.4 Model Setup 

 

The model can be solved using one of two numerical approaches in ANSYS FLUENT. The 

first is a pressure-based solver, whereas the second is a density-based solver. The velocity field is 

obtained from the momentum equation in both techniques. The continuity equation is utilized in 

the density-based method to derive the density field and pressure from the equation of state, but in 

the pressure-based method, the pressure field is determined by solving pressure correction, which 

is achieved by manipulating continuity and momentum equations. Pressure-based models are 

commonly employed for low compressible flows, while density-based models are utilized for high 

compressible flows. A pressure-based model was employed in this study. The simulations were 

run at steady-state and gravity was disabled.  

Multiphase flow regimes are classified as two phase (gas-liquid, liquid-liquid, gas-solid, 

solid-liquid) or three phase (gas-solid-liquid). In this study, the gas-liquid multiphase flow was 

modeled as water and air filling the bioreactor. There are two techniques for numerically 

computing multiphase flows. The first is the Euler-Lagrange method, whereas the second is the 

Euler-Euler method. When the volume fraction of the dispersed phase or secondary phase is small 

(less than 10%) and particle-particle interactions are unimportant, the first approach is considered.  

The distinct phases are considered as interpenetrated continua in the Euler-Euler method. There 

are three types of Euler-Euler multiphase models available: the volume of fluid method (VOF) 

model, the Eulerian Model, and the Mixture Model. When the interface between fluids is of 

interest, the VOF approach is applied. When the primary and secondary phases have differing 

velocities, the mixing model is applied. The most complicated multiphase model is the Eulerian 

model. With computational memory constraints, this technique can describe any number of phases 
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(ANSYS FLUENT 13 User’s Guide, 2013). In this study, the VOF method is employed to simulate 

flow via a spiroid. The sharp/dispersed option with implicit formulation was used to create the 

interface between the phases. Water was designated as the primary phase, and air as the secondary 

phase. At standard conditions, phase interactions such as surface tension were enabled. The 

boundary conditions for each phase were suitably set, and the pressure in the spiroid's headspace 

was atmospheric.  Rotation rates of 4, 6 and 8 rpm were applied at the moving wall of spiroid.  

Velocity for each case was calculated and entered at the inlet. 

 

Figure 3.4 Multiphase Contours of Water and Air Using the VOF Method (two-thirds fill) 

 

 For the pressure-velocity approach, FLUENT provides four separate algorithms (SIMPLE, 

SIMPLEC, PISO, COUPLED). SIMPLEC can be used for simple flows, but SIMPLE is a more 

common technique that was used in this study. With the help of PISO, one could do transient 

computations. For transient calculations with long time steps, this approach can maintain a stable 
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calculation. In the case of a steady-state single-phase implementation, the COUPLED algorithm 

provides a reliable solution. Green-Gauss node-based, cell-based, and least-square cell-based 

gradients were utilized in this study for efficient convergence criteria, with the green-gauss node-

based type being the most efficient (ANSYS FLUENT 13 User’s Guide, 2013). The default 

settings were used for the remaining parameters.  The same settings were used for all cases of DOE 

(except for changing inlet velocity and hydraulic diameter), and the results for each case were 

analyzed considering the mixing plane between gas and liquid in the spiroid. These simulations 

are important for analyzing the transport of substances from gas to liquid for further experiments. 

 

3.4 Results and Discussion 

 

 The criteria for convergence were checked by using the residual profiles.  In case the 

solution doesn’t converge even after long iterations, convergence conclusion can be made if the 

residuals continue to remain almost the same or decrease at a very small rate.  Mass conservation 

for each was also checked to validate the convergence.  Each case in this research took several 

hours of computation time (Intel(R) Core (TM) i704700MQ CPU @ 2.4 GHz, 8.00 GB RAM and 

64-bit operating system).  The velocity contours, wall shear and hydrodynamic parameters were 

generated for each case, with the contours for each case presented below).  In each case, with 

increase in rotation rate, the average wall shear increased (diameter and length constant).  Also, at 

spiroid diameters less than 0.005 m, the FLUENT simulations would not converge.  This result 

was due to low flow rate and less area for flow.  For a length of 0.6 m, the mixing in the tube 

wasn’t sufficient since shorter lengths are not efficient for interactions of the gas-liquid slugs.  

Turbulent eddy dissipation rates determine the breaking of large eddies formed into smaller ones 

due to shearing action.  The turbulent eddy dissipation rate increased with increase in rotation rate.  
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The higher the eddy dissipation rate, the greater the oxygen transfer as the large size eddies are 

broken down into smaller sizes leading to larger surface to volume ratios available for mass 

transfer.  The velocity contours for each case remained almost constant.  Minor differences were 

noticed with change in rotation rate.  This result was due to the low inlet velocities in each case.   

Case 1:  d = 0.005 m, L = 0.6 m 

 The volume fraction of air at different locations along the length of the pipe was changing 

with rotation.  Gas-liquid interface was increased with increase in rotation rate.  At 4 rpm, the 

interaction between the fluids didn’t start until half of the length of the tube whereas for 6 and 8 

rpm, mixing was seen earlier.  The velocity along the plane was almost constant along the length 

at different rotational rates as shown in Figure 3.5(a), (b) and (c).  The minor differences could be 

accounted to small inlet velocity of the spiroid which doesn’t produce major differences in velocity 

patterns.  The rotation rate had little influence on the system velocity. 

 

(a) At 4 RPM                                                         (b) At 6 RPM 
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(c) At 8 RPM 

Figure 3.5 Velocity Contours at Different Rotation Rates for d = 0.005 m, L = 0.6 m 

 Shear stress is one of the most important factors to be considered in cell culture.  The 

contours for wall shear stress were generated to obtain the maximum shear stress obtained in the 

spiroid.  With increase in rotation rate from 4 to 6 rpm, an increase in shear stress was noted as 

observed in Figure 3.6(a) and (b).  At 8 rpm, the shear stress was initially near that observed at 

6rpm but gradually increased along the length of tube.  Higher shear stress values were observed 

near the interface which could be due to phase interactions.  The shear stress in the spiroid at this 

length were of the order of 10-1 Pa, significantly less than values observed in traditional 

bioreactors. The maximum shear stress observed was 0.96 Pa at 8 rpm. 

 

(a) Wall Shear at 4RPM                                      (b) Wall Shear at 6RPM 
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                           (c) Wall Shear at 8RPM 

Figure 3.6 Wall Shear Contours at Different Rotation Rates for d = 0.005 m, L = 0.6 m (YZ 

plane) 

 Turbulent eddy dissipation rate greatly impacts the amount of oxygen transfer 

(volumetric mass transfer coefficients) in the reactor.  Figure 3.7 depicts the contours of the 

maximum turbulent eddy dissipation rate (XY plane) at all three rotation rates.  The eddy 

dissipation rate increased with increase in rotation rate.  Increase in eddy dissipation rate implies 

that large eddies formed in the flow are broken down into smaller sized eddies.  The smaller the 

eddy, the larger the interfacial area available for oxygen transfer.  The results from values 

obtained showed that oxygen transfer can be increased with increase in rotation rate. 
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(a) At 4 RPM                                                         (b) At 6 RPM 

 

                                   (c) At 8RPM 

Figure 3.7 Turbulent Eddy Dissipation Rate at Different Rotation Rates d = 0.005 m, L = 0.6 m 

(XY plane) 

  
Figure 3.8 Eddy Dissipation Rate and Maximum Kinetic Energy at Different Rotation Rates for 

d = 0.005 m, L = 0.6 m 
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Case 2: d = 0.005 m, L = 0.7 m 

 A pattern similar to that of the 0.6 m length was seen for velocity contours (Figure 3.5). 

The areas of minimum value of velocity decreased and no major changes for the entire length.  

Slight changes in velocity contours compared to the previous case could be accounted to the 

change in length as diameter was kept constant and rotation rates studied were the same. 

(a) At 4 RPM                                                         (b) At 6 RPM 

 

                                   (c) At 8RPM 

Figure 3.9 Velocity Contours at Different Rotation Rates for d = 0.005 m, L = 0.7 m 

An average wall shear of 0.67 Pa was observed at these dimensions.  High shear was seen after 

half of the length of the pipe, likely due to increasing interactions and mixing between gas and 
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liquid.  The contours of wall shear in Figure 3.10(a), (b) and (c) show that average wall shear 

increased from 4 rpm to 8 rpm.  The distribution of shear stress was changed significantly for a 

rotation rate of 6 rpm and maximum shear stress occurred in the area where gas-liquid 

interaction was the highest. 

 

(a) Wall Shear at 4RPM                                      (b) Wall Shear at 6RPM 

 

 

 

                 (c) Wall Shear at 8RPM 

Figure 3.10 Wall Shear Contours at Different Rotation Rates for d = 0.005 m, L = 0.7 m (YZ 

plane) 

 Turbulent eddy dissipation was observed near the rotating wall.  Compared to results at a 

length of 0.6 m, the maximum eddy dissipation rate increased three-fold at 8 rpm.  The plots for 

eddy dissipation rate and kinetic energy with varying rotation rate is shown in Figure 3.12.  With 

change in rotation rate, the eddy dissipation rate also increased.  
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(a) At 4 RPM                                                         (b) At 6 RPM 

 

 

(c) At 8 RPM 

Figure 3.11 Turbulent Eddy Dissipation Rate at Different Rotation Rates for d = 0.005 m, L = 

0.7 m (XY plane) 
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Figure 3.12 - Eddy Dissipation Rate and Maximum Kinetic Energy at Different Rotation Rates 

for d = 0.005 m, L = 0.7 

Case 3: d = 0.005 m, L = 1.0 m 

Figure 3.13 shows that the velocity contours were uniform throughout the length.  The regions of 

low velocity (blue) occurred at negligible regions of the pipe.  A region of high velocity (red) was 

seen at a rotation rate of 6rpm towards the bottom of the pipe during rotation. Slight increase in 

velocity was observed with increase in rotational rate. 

 

(a) At 4 RPM                                                         (b) At 6 RPM 
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                             (c) At 8 RPM 

Figure 3.13 - Velocity Contours at Different Rotation Rates for d = 0.005 m, L = 1.0 m 

 

(a) At 4 RPM                                                         (b) At 6 RPM 

 

                             (c) At 8 RPM 

Figure 3.14 - Wall Shear Contours at Different Rotation Rates for d = 0.005 m, L = 1.0 m (YZ 

plane) 
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Figure 3.15 Turbulent Eddy Dissipation rate at Different Rotation Rates for d = 0.005 m, L = 1.0 

m (XY plane) 

  

Figure 3.16 - Eddy Dissipation rate and Maximum Kinetic Energy at Different Rotation Rates 

for d = 0.005 m, L = 1.0 m 
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Case 4:  d = 0.006m, L = 0.6 m 

(a) At 4 RPM                                                         (b) At 6 RPM 

 

  (c) At 8RPM 

Figure 3.17 - Velocity Contours at Different Rotation Rates for d = 0.006m, L = 0.6 m (YZ 

plane) 
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(b) Wall Shear at 4RPM                                      (b) Wall Shear at 6RPM 

 

               (c) Wall shear at 8RPM 

Figure 3.18 - Wall Shear Contours at Different Rotation Rates for d = 0.006m, L = 0.6 m (YZ 

plane) 

 

(a) At 4 RPM                                                         (b) At 6 RPM 
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                            (c) At 8RPM 

Figure 3.19 Turbulent Eddy Dissipation Rate at Different Rotation Rates for d = 0.006m, L = 

0.6 m (XY plane) 

  

Figure 3.20 - Eddy Dissipation Rate and Maximum Kinetic Energy at Different Rotation Rates 

for d = 0.006m, L = 0.6 m 
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Case 5:  d = 0.006 m, L = 0.7 m 

(a) At 4 RPM                                                         (b) At 6 RPM 

 

                                   (c) At 8RPM 

Figure 3.21 Velocity Contours at Different Rotation Rates for d = 0.006 m, L = 0.7 m (YZ 

plane) 
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(c) Wall Shear at 4RPM                                      (b) Wall shear at 6RPM 

 

             (c) Wall shear at 8RPM 

Figure 3.22 - Wall Shear Contours at different Rotation Rates for d = 0.006 m, L = 0.7 m (YZ 

plane) 

 

(b) At 4 RPM                                                         (b) At 6 RPM 
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                            (c) At 8RPM 

Figure 3.23 - Turbulent Eddy dissipation Rate at Different Rotation Rates for d = 0.006 m, L = 

0.7 m (XY plane) 

 

Figure 3.24 - Eddy Dissipation Rate and Maximum Kinetic Energy at Different Rotation Rates 

for d = 0.006 m, L = 0.7 m  
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Case 6:  d = 0.006 m, L = 1.0 m 

(a) At 4 RPM                                                         (b) At 6 RPM 

 

                                   (c) At 8RPM 

Figure 3.25 Velocity Contours at Different Rotation Rates for d = 0.006 m, L = 1.0 m (YZ 

plane) 
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(d) Wall Shear at 4RPM                                      (b) Wall Shear at 6RPM 

 

             (c) Wall Shear at 8RPM 

Figure 3.26 - Wall Shear Contours at Different Rotation Rates for d = 0.006 m, L = 1.0 m (YZ 

plane) 

 

(c) At 4 RPM                                                         (b) At 6 RPM 
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   (c) At 8RPM 

Figure 3.27 - Turbulent Eddy Dissipation Rate at Different Rotation Rates for d = 0.006 m, L = 

1.0 m (XY plane) 

  

Figure 3.28 - Eddy Dissipation Rate and Maximum Kinetic Energy at Different Rotation Rates 

for d = 0.006 m, L = 1.0 m 

Case 7:  d = 0.004 m, L = 0.6, 0.7, 1.0 m 

The simulations conducted at this case didn’t converge and significant reverse flow was observed 

due to the smaller diameter of the tube. 
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3.5  Conclusions 

 

 CFD simulations were used to study the various hydrodynamic factors and flow variables 

in the spiroid.  The spiroid didn’t function at diameters lower than the 0.005 m.  Due to low 

turbulence and low rotational rates, there was no major difference in velocity contours or wall 

shears.  The maximum wall shear observed was in the order of 10-1 which enables this bioreactor 

to operate at a lower shear environment when compared to conventional bioreactors.  Turbulence 

eddy dissipation rate is an important factor to determine bubble breakage.  Smaller bubbles provide 

larger surface to volume ratios increasing available area for mass transfer.  High eddy dissipation 

rates were noticed at 8 rpm.  The spiroid was most effective in terms of mixing at 8 rpm.  At 4 and 

6 rpm, the interaction between gas and liquid was small resulting in low eddy dissipation rates.  

The rotation rate, diameter and length influence the hydrodynamic factors.  These simulations can 

serve as auxiliary experiments for developing experimentation protocols on basis of rotation rates.  
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Abbreviations 

 

µ molecular dynamic viscosity (Pa-s) 

µt turbulent or eddy viscosity (Pa-s) 

3D Three Dimensional 

CFD Computational Fluid Dynamics    

d diameter (m) 

DOE Design of Experiments 

Gb generation term due to the buoyancy, (J s-1 m-3 or kg m-1 s-3); 

Gk generation term because of the mean velocity gradients (J s-1 m-3 or kg m-1 s-3) 

k turbulence kinetic energy per unit mass (J kg-1 or m2 s-2) 

              kinematic viscosity (m2 s-1) 

L length (m) 

MRF Multiple Reference Frame 

RANS Reynolds-Averaged Navier-stokes 

RPM Rotations per minute 

t time (s) 

VOF volume of fluid 

YM effects from the fluctuating dilatation in the compressible turbulence on the overall 

dissipation rate (J s-1 m-3 or kg m-1 s-3) 

ԑ dissipation rate per unit mass (J kg-1 s-1 or m2 s-3) 
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Chapter 4 - Growth and Optimization of Saccharomyces cerevisiae in a 

Chemostat 

 

Abstract 

 

 A 3D-printed novel continuous bioreactor with an internal spiroid was shown to increase 

gas-liquid contact areas which increases cell growth and mixing.  Multiphase flow modeling using 

computational fluid dynamics showed that the bioreactor with spiroid works better at higher 

rotation rates of 6 RPM and 8 RPM.  The bioreactor is fabricated by rapid prototyping and can be 

operated in either batch or continuous modes with inlet flows via rotary unions available to provide 

medium and oxygen and outlet flows for waste and in-line analysis.  Saccharomyces cerevisiae 

was cultured in the reactor to validate the effect of the spiroid on cell growth.  Cell growth was 

monitored at different operating conditions using a spectrophotometer.  Results show that 

Saccharomyces cerevisiae could be cultured for more than 12 hours continuously at steady state.  

The reactor with spiroid produced higher biomass concentrations at high rotation rates and at low 

medium flow rates in both batch and continuous modes indicating the efficiency of the spiroid for 

enhanced production.  Growth curves were generated for these cell lines, and the biomass 

production increased. Computational fluid dynamic simulation models were generated for the cell 

lines and were in good agreement with the experimental results.  The use of bioreactor with spiroid 

showed a 21% increase in yeast cells in batch mode and the operating time reduced by 27% with 

the spiroid.  These results indicate that the reactor with a spiroid has a greater potential in 

increasing cell production in upstream bioprocessing.  

Keywords: continuous bioreactor, spiroid, Saccharomyces cerevisiae, cell growth 
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4.1 Introduction 

 

With the implementation of good manufacturing standards for cell treatments, innovative 

suspension bioreactors may create a 25-fold growth of human embryonic cells in six days as 

compared to static culture flasks (Krawetz et al., 2010).  Computational frameworks based on 

metabolic–hydrodynamic coupling can provide informative insights on cell lifelines and metabolic 

responses induced by environmental fluctuations in an industrial bioreactor (G. Wang et al., 2020).  

The integration of modeling and experiments can be used to determine the transfer of mammalian 

cell culture processes and the physical characterization of bioreactors.  The findings of these 

analyses can be used to validate scale up and scale down procedures (Villiger et al., 2018).  Guo 

et al. (2018) investigated the manufacturing and scaling up of docosahexaenoic acid (DHA) using 

computational fluid dynamics (CFD).  Various impeller combinations were studied to generate a 

homogeneous flow field environment in the bioreactor, and the reactor was optimized to a 

productivity of 326.5 mg/ (L h).  Teng et al., (2021) used a similar technique to analyze the 

behavior of BHK- 21 cells in three different sized scaled-up bioreactors using CFD.  The results 

of itaconic acid optimization studies in a flask level stirred tank bioreactor utilizing the classical 

one factor approach and statistical experiment designs demonstrated the viability of high 

production on scale up (Bafana et al., 2019).  He et al. (2019) created a mass transfer approach for 

calculating gassing requirements in the bioreactor cell culture environment.  Predictive modeling 

may also help with carbon dioxide gassing by estimating the range of a gas flow meter.  Das et al., 

(2019) demonstrated the use of microcarrier-based bioreactor systems for continued development 

and scale-up of flask-based mesenchymal stromal cells (MSC).  Single-use bioreactors (SUB) may 

benefit shear-sensitive cell lines and may also be useful in continuous perfusion operations.  SUBs 

enable scalable parallel cultivation on a tiny scale without cleaning, and numerous types of plates 
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and small reaction vessels are already available.  When employed on a wider scale, continuous 

culture systems with cell retention are a better option to batch and fed-batch approaches (Junne et 

al., 2018).  The addition of sensors to all bioreactor scales allows for robust and dependable online 

monitoring of cellular proliferation in all fed-batch cultures.  This can result in rapid process 

development and risk minimization, and hence a more robust production process (Metze et al., 

2020).  The amount of nutrients, type of strain and cell culture medium effect the proliferation of 

yeast in exponential phase (R. N. Bento, M. A. Rendas, V. A. R. Semedo, C. E. S. Bernardes, M. 

E. Minas da Piedade, 2016).  Yeast cell growth was best at pH=4 and largest cell sizes were also 

produced at this condition (Salari et al., 2017).  Malairuang et al., 2020 showed that the right source 

of carbon and using a fed-batch operation can produce high cell densities of yeast and then could 

be cultured at large scale in industries.  

This research investigated the growth of yeast at various operating conditions and medium 

flow rates.  The reactor was operated at both batch and continuous modes allowing the feasibility 

of a chemostat operation.  Desired cell concentrations and higher biomass values were studied 

under the influence of spiroid and rotation rates of 6 and 8 rpm. 

 

4.2 Materials and Methods 
 

The continuous bioreactor used for this study is a bench-scale bioreactor (Fang et al., 

2017) which consists of an outer cylindrical shell with a spiroid.  The spiroid is embedded onto 

the wall of this cylinder to increase gas-liquid contact areas which helps in enhancing oxygen 

transfer within the reactor.  The bioreactor can be rotated horizontally with the help of a roller 

bed as shown in Figure 4.1.  The two inlet and two outlet ports present at either end of the reactor 

help in providing medium and oxygen continuously to the reactor and facilitate in-line and off-

line sampling.  This bioreactor is prototyped using stereolithography (SLA) 3D printing techniques.  
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The end caps were prototyped using SLS technique and Nylon 66 material (Figure 4.2) for 

durability and for preventing cracks under pressure for longer periods of cell culture studies. 

 

 

 

 

                  
 

Figure 4.2 Image of Bioreactor and Endcaps 

The dimensions of the scaled-up bioreactor are summarized in Table 4-1 

 

   Figure 4.1 Bioreactor Schematic (Fang et al., 2018) 
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Table 4-1 Bioreactor Dimensions 

Parameter Value 

Chamber Length (m) 0.193 

Chamber Inner Diameter (m) 0.0889 

Spiroid Length (m) 3.12 

Spiroid Inner Diameter (m) 0.00953 

Spiroid Turns 12 

Volume (10-4 m3) 9.86 

 

 
4.2.1 Computational Fluid Dynamics 

 

The optimization of spiroid is a major factor which will enhance the oxygen transfer in 

the bioreactor.  The length and diameter of the spiroid must be optimum to provide the highest 

amount of oxygen transfer in the reactor.  ANSYS workbench 19.2 was used in this research to 

carry out the CFD simulations (Figure 4.3).  The basic steps for performing any simulation in 

ANSYS workbench are as follows: 

1. Create the geometry (Design Modeler was used in this research) 

2. Mesh the geometry using ANSYS meshing tool. 

3. Create ‘Named selections’ for the domain of study. 

4. Setup the model needed to illustrate the flow phenomenon 

5. Run the simulations 

6. Analyze and predict the results using CFD-post processing. 
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4.2.2 Cell culture  

4.2.2.1 Strain and Medium 

 

The culture used in this research was Saccharomyces cerevisiae (yeast) obtained from 

Ward’s Science (VWR Life Sciences, USA).  The growth medium used for yeast was YPD 

medium, which contained 20g peptone, 10g yeast extract, 20 glucose per L of distilled water 

(VWR life sciences, USA).  The pH of the medium was 6.5 and it was autoclaved for 15 minutes 

or sterile filtered before use.  The final concentration of glucose in the medium during 

experiments was 7 g.L-1. 

 

4.2.2.2 Operating Conditions 

 

Saccharomyces cerevisiae was inoculated with a disposable inoculation loop from the petri 

dish and precultured in a shaker incubator with YPD medium at 200 rpm and 30℃ for 12 hours.  

The optical density of the culture was then adjusted to 0.1 before transferring into the bioreactor 

under a hood.  The reactor was operated in batch mode first for four hours, and then continuous 

 Figure 4.3 Bioreactor Cross-Section and Independent Spiroid Showing FEA Mesh 

Pattern. (ANSYS 19.2) 
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mode (chemostat) with different rotation rates (4 rpm, 6 rpm, 8 rpm) and fresh medium flowrates 

(0.6 ml/min, 1.5 ml/min and 3 ml/min).  Oxygen was provided to the reactor periodically along 

with venting to maintain constant levels.  After batch mode of 4 hours, fresh medium was 

pumped into the reactor and the same amount was removed to maintain constant volume.  The 

feed was maintained sterile with the help of 0.22-micron filter, and the reactor was half filled in 

volume throughout the experiments. 

The exponential growth in batch mode could be described as: 

 1

𝑋

ⅆ𝑋

ⅆ𝑡
= 𝜇 

(4-2) 

where X is the biomass concentration (cell dry weight per unit volume, g.L-1) at time t (hr); µ is 

the specific growth rate (hr-1).  The exponential equation was only applied when the substrates 

are in excess (Herbert et al., 1956).  

In addition, if the feed media are sterile, the changes of bacterial concentration in a 

continuous system (or a chemostat) could be described as follows (Herbert et al., 1956): 

 ⅆ𝑋

ⅆ𝑡
= 𝜇𝑋 − 𝐷𝑋 

(4-2) 

where D is the dilution rate (hr-1) defined as:  

 
𝐷 =

𝐹

𝑉
=

1

𝜏
 

(4-3) 

where F is the flowrate (L.hr-1); V is the volume maintained in the reactor (L); 𝛕 is the mean 

residence time (hr). 

𝜇 = 𝐷 (Steady state) 

𝜇 < 𝐷 (wash out) 

When the specific growth rate is less than the dilution rate, the cells cannot maintain the 

concentration and this will lead to a condition called wash out; if the growth rate is equal to dilution 
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rate, the system reached steady state, i.e., cells maintain a constant concentration.  Thus, through 

manipulating the dilution rate, the growth rate of the cells could be controlled and maintained. 

 

4.2.2.3 Analytical Methods  

 

The growth of yeast in the reactor was monitored by measuring OD600 of the samples 

using Flex Station 3 Micro plate reader (Molecular Devices) at different time intervals during the 

experiment.  These optical density measurements were calibrated to cell concentrations (g/L) 

and reported.  Samples for these readings were drawn periodically through the outlet and 

monitored.  Metabolite concentration (glucose consumption) in the reactor was measured by 

using a glucose monitor (GM100, Bioreactor sciences, Inc., Lawrenceville, GA, USA).  

Duplicate readings were taken for every operating condition and fresh medium flowrate.  

Glucose samples were cooled to room temperature before taking the readings to ensure that they 

fall within the glucose monitor’s measurement range. 

 

4.3 Results and Discussion 

 

4.3.1 CFD simulations 

 

In this research, a pressure-based model was used.  The simulations were carried out at 

steady-state and gravity was disabled.  The VOF method is used in this research to simulate flow 

through the spiroid.  The interface between the phases was applied using the sharp/dispersed 

option with implicit formulation.  Water was set as primary phase (blue in Figure 4.4) and air as 

secondary phase (red in Figure 4.4).  Phase interactions like surface tension were enabled at 

standard conditions.  The boundary conditions were appropriately set for each phase and the 

pressure in the headspace of the spiroid was assumed to be 1.0 atmosphere. 
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The criterion for convergence was checked by using the residual profiles.  In case the solution 

does not converge even after long iterations, convergence conclusions can be made if the 

residuals continue to remain almost the same or decrease at a very small rate.  Mass conservation 

for each was also checked to validate the convergence.  Figure 4.4 shows the formation of thin 

liquid film (areas of yellow to green) from which it can be interpreted that the interfacial area in 

the volumetric mass transfer coefficients consists of film area and gas-liquid contact area.  The 

thin film area increased with increased rotation rate determining the increase in oxygen transfer 

and this film thickness or area was greatest at 8 RPM 

 

4.3.2 Cell Culture Results 

 

The growth of Saccharomyces cerevisiae in the bioreactor was relatively low at lower 

rotation rates which could be due to little to no aeration.  For batch mode, the reactor was operated 

 Figure 4.4 Multiphase Contours of Water and Air using the VOF method 8 RPM 

with Reactor Two-Thirds Full 
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for a period of 12 hours to analyze the growth of yeast at 4, 6 and 8 RPM with and without spiroid.  

Samples were collected every 2 hours in batch mode.  Optical density measurements along with 

glucose consumption was monitored. Figure 4.5 shows the effect of spiroid on cell dry weight 

measurements at various rotation rates.  The cell growth in the bioreactor with spiroid was 57% 

more than the reactor without spiroid (0.58 g/l over 0.37 g/l) over a period of 12 hours.  The 

overall operating time for the reactor decreased by 27% using the spiroid in batch mode at 8 RPM 

as shown in Figure 4.6 

 
Figure 4.5 Batch Mode, Various Rotation Rates 
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Figure 4.6 Batch Mode, 8 RPM 

 

 
For continuous mode, experiments were conducted at two different rotation rates (6 RPM, 

8 RPM) and three medium flowrates (0.6 ml/min, 1.5 ml/min and 3ml/min) to demonstrate 

different steady state level concentrations.  Duplicate experiments were conducted at each 

condition and averaged.  The reactor was operated in batch mode for four hours and then 

changed to chemostat setting.  Cells grew in exponential phase in batch mode for four hours and 

eventually reached steady state concentration with continuous flow in both growth curve and 

glucose consumption profiles. Figure 4.7 (a-f) represents steady state concentrations controlled 

by different flow rates for the bioreactor with and without spiroid at 8 rpm. The growth curves 

were consistent in batch mode and the steady-state concentration decreased with increased 

flowrates due the increased rate of cell removal.  Increase in cells at lower flowrates showed a 

decrease in metabolite concentration in the system as seen in glucose profile.  Figure 4.7 

indicates that in all the steady state levels used (0.6 ml/min, 1.5 ml/min and 3 ml/min), the 

bioreactor with spiroid produced greater steady state cell concentrations with a maximum of 
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0.2152 g/L for a 12-hour operation at 0.6 ml/min (for 8 rpm).  These cell concentrations could 

be maintained in the reactor for a period of three days.  
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Figure 4.7 Comparison of Various Flowrates with and without Spiroid, 8 rpm 

  

 Figure 4.7 indicated that yeast cells grew faster in the system with spiroid at all three 

flowrates.  In Figure 4.7 a), the biomass was increased by 34% with the use of spiroid in batch 

mode for the first 4 hours.  In addition to increased biomass, a 4-hour process without the spiroid 

could be replaced by a 2.5-hour process with spiroid in batch, with a decreased operating time of 

38%.  In Figure 4.7e, when flow was established, the system with spiroid showed a 32% increased 

steady state level concentration in chemostat mode.  This result could be attributed to the increased 

mixing and aeration with the use of spiroid at higher rotation rates and high flow rates (3 ml/min). 

 Figure 4.8(a-f) represents the growth curve and glucose profiles for rotation rate of 6 rpm 

at various flowrates in the bioreactor with and without spiroid.  The highest biomass concentration 

(0.238 g/L) was seen at 0.6 ml/min with the use of spiroid.  Additionally, Figure 4.8e showed that 

using the spiroid at 3 ml/min, cell concentrations could be obtained 1.2 hours faster in batch mode 

when compared to the system without spiroid with a reduction in operating time by nearly 43%.  

Figure 4.9 compared the system with spiroid for three different steady state levels.  Though, batch 
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growth curves were nearly consistent, when the system was operated as a chemostat, a biomass 

concentration of 0.187 g/L was maintained at 0.6 ml/min which was 46% greater than that obtained 

using a 3ml/min flowrate (0.128 g/L) indicating the efficiency of spiroid at low flowrates which is 

due to cell washout at increased flowrates.  Glucose profile also validated that the substrate level 

decreased with decreased flowrate indicating increased cell population. 
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Figure 4.8 Various Flowrates with and without Spiroid, 6 rpm 

 

 

 

Figure 4.9 Growth Curve and Metabolite Concentrations in Bioreactor, Various Flow Rates 

Figure 4.10 compared the effect of rotations rates 6 and 8 rpm for the system with the spiroid.  For 

0.6 ml/min, the system showed a 15% increased biomass concentration in chemostat mode, and 

58% increased biomass concentration was seen when the flowrate was changed to 1.5 ml/min 

keeping other parameters constant (Figure 4.10a-d). Though the obtained biomass concentration 
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at 8rpm with a flow rate of 1.5 ml/min was less than that obtained at 0.6 ml/min, these growth 

curves indicated that changing the dilution rate increased biomass concentrations significantly with 

spiroid. 
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Figure 4.10 Growth Curve and Metabolite Concentration in Bioreactor with and without Spiroid, 

Various Rotation Rates 

 

 Figure 4.11 represented the growth rates and biomass concentrations obtained at both these 

rotation rates of 6 and 8 rpm.  A growth rate of 0.2723 h-1 was obtained with spiroid at 8 rpm which 

was 35% greater than the growth rate at 6rpm (0.20134 h-1).  This indicated that yeast cells grew 

faster in the spiroid system at 8 rpm.  Highest steady state concentrations were also obtained at 8 

rpm with lower flow rates as summarized in Table 4-2.  
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Figure 4.11 Growth Rates and Steady State Cell Concentrations, Various Rotation Rates 

 

On comparison of all the flow rates for 8 rpm with spiroid, the bioreactor system was optimized 

for highest concentrations at low flow rates indicating that the system produces enhanced cell 

concentrations at higher rotation rates and low flow rates as shown in Figure 4.12. These results 

agreed with the computational fluid dynamic results obtained indicating the functioning of spiroid 

at 8 rpm. 
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Figure 4.12  Spiroid Optimization, 8 RPM 

 

Table 4-2  Summary of Cell Growth Parameters (Yeast) 

RPM µ, h-1 F, ml/min D, h-1 SS concentration, g/L 

8 0.2976 0.6 0.072 0.2161  

 0.2863 1.5 0.18 0.20703 

 0.2723 3 0.36 0.186 

6 0.25784 0.6 0.072 0.1873 

 0.25 1.5 0.18 0.1323 

 0.2013 3 0.36 0.128 

 

 

4.4 Conclusions 
 

Oxygen and mixing enhance cell production.  The use of the spiroid in the bioreactor 

increased oxygen transfer and mixing (Fang et al., 2017).  This increase in oxygen transfer led to 

an increase in cell population.  The bioreactor could be operated both in batch and continuous 

modes for improved durations.  Various steady state concentrations for different medium 

flowrates were obtained.  Increase in cell concentration and decrease in batch-mode operating 

time was observed for the bioreactor with spiroid.  The comparison of results for the bioreactor 
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with and without spiroid supported the advantages of using the spiroid loop for increased cell 

growth.  Maximum cell growth for yeast was observed in the bioreactor with spiroid at higher 

rotation rate (8 RPM) and low flow rate (0.6 ml/min).  The rotation rate comparison was in good 

agreement with the computational fluid dynamic results.  These results from yeast cell growth 

showed that this system can be used as a part of the bioreactor seed train at industrial scale for 

expressing proteins.  Engineered cell lines can also be tested in this reactor for a required protein.  

Addition of cell retention devices can lead to increased densities of cells in this system for cell 

culture and antibody production using fermentation systems. 
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Abbreviations 

 

 

 

BHK Baby Hamster Kidney fibroblasts 

CFD Computational Fluid Dynamics    

D               Dilution rate (hr-1) 

DHA docosahexaenoic acid 

F Flowrate (ml/min) 

GM Glucose monitor 

MSC mesenchymal stromal cells 

OD600 optical density at 600nm 

rpm Rotations per minute 

SLA stereolithography 

SLS Selective Laser Sintering 

SS Steady state  

SUB Single-use Bioreactors 

t time (s) 

VOF volume of fluid 

YPD yeast peptone dextrose 

𝛕              mean residence time (hr) 
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Chapter 5  - High Density CHO Cells using a Spiroid in a Novel Bioreactor 

 
Abstract 

  

 A 3D printed novel continuous bioreactor comprising a one-liter rotating horizontal 

cylinder with an internal spiroid was shown to increase gas-liquid contact areas which increases 

cell growth and mixing.  Multiphase flow modeling using computational fluid dynamics showed 

that the bioreactor with spiroid works better at higher rotation rates of 6 rpm and 8 rpm.  The 

bioreactor is fabricated by rapid prototyping and can be operated in either batch or continuous 

modes with inlet flows via rotary unions available to provide medium and oxygen and outlet flows 

for waste and in-line analysis.  Chinese Hamster Ovary (CHO) cells were cultured in the reactor 

to validate the effect of the spiroid on high cell densities and highly viscous cell lines.  Viable cell 

density was monitored at different operating conditions using a hemocytometer and trypan blue 

assay.  Results show that CHO cells could reach densities of 2.5 x 106 cells/ml using the bioreactor 

with spiroid which is possible only by combining multiple roller bottles.  The reactor with spiroid 

produced higher viable cell densities at high rotation rates and at high medium flow rates in both 

batch and continuous modes indicating the efficiency of the spiroid for enhanced production.  

Growth curves were generated for this cell line, and the cell density increased.  A viability of 90% 

could be maintained in the reactor with the spiroid at higher rotation rates of 10 rpm and higher 

flow rates of 4 ml/min.  The reactor with spiroid could be operated for a maximum of 14 days for 

these highly viscous cell suspensions. 

Keywords: continuous bioreactor, spiroid, CHO, cell growth 

 

 

 

 



114 
 

5.1 Introduction 

 

  Mammalian cells have been widely used in the biopharmaceutical industry to produce 

recombinant proteins.  The production of monoclonal antibodies (mAbs) using these cells is 

rapidly developing sector in the industry.  The lack of outer cell wall in these cells makes them 

highly sensitive to the environment stimuli such as osmotic changes, hydrodynamic forces, pH, 

and nutrients (Prokop et al., 1989).  The effect of these variables was studied in CHO cells by 

Sieck et al. (2013) using a scaled down model.  CHO cells are known for growing at a rapid rate 

under suitable culture conditions.  The impact of hydrodynamic stress conditions on CHO cells 

showed that these cell lines were robust under shear.  Although there was a slight decrease in the 

monoclonal antibody production with increasing hydrodynamic stress, cell lysis did not occur. 

The implementation of cell culture processes for mAb production requires optimization of 

cell lines capable of synthesizing molecules at high productivities, culture media and bioreactor 

conditions, on-line and off-line sensors for process control and culture performance for easy scale-

up.  The use of stainless-steel bioreactors on large scale is costly and hard to maintain.  To 

overcome these challenges, single use bioreactors (SUB) are being used.  These disposable 

technologies are advantageous particularly at pilot scale (Li et al., 2010).  Human carcinoma cells 

were cultured in a device with continuous perfusion of medium.  The unit consist of a circular 

microfluidic chamber, multiple narrow perfusion channels and ports for fluidic access.  An array 

of 10 x 10 was constructed of such single units.  A resulting cell density of 5 x 107 cells/ml 

constituted a 10-fold increase compared to values reported for cultures in other bioreactors (Hung 

et al., 2005).   

Encapsulated hybridoma cells in perfused fluidized-bed reactors produced monoclonal 

antibodies at a rate of 2.75 μg per ml-hr.  Continuous operation for 35 days represented a five-fold 
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increase over batch and fed-batch operations (Lecina et al., 2011).  Increasing the cell seeding 

densities that are 25 to 40 times higher than the typical densities used in CHO cell production 

reduced the production time for N-1 bioreactor from 14 to 8 days (Padawer et al., 2013).  While 

batch and fed-batch methods are the most used methods in mammalian cell manufacturing, the 

demand for perfusion systems is growing.   The wave-induced bioreactor can generate a cell 

density of 2.14 x 108 cells/ml and remain in operation for two weeks.  The employment of TFF 

and ATF methods results in cell cultures with a consistency of 20-35 x 106 cells/ml, however 

increasing viscosity creates limits (Clincke et al., 2013).  

Shear rate increase with the use of cell retention devices such as TFF can be reduced with 

the use of low shear centrifugal pumps, which in turn maximizes the cell growth, particle 

concentration and product recovery to comparable levels of ATF (Wang et al., 2017). Coronel et 

al., 2019 grew suspension cells to a density of 50 x 106 cells/ml in perfusion mode using both ATF 

and TFF systems in an orbital shaken bioreactor. Cell retention is also affected by the material and 

pore size used in the ATF device. Changing the hollow fiber material in ATF from polyether 

sulfone to polysulfone increased the retention rate from 15 ± 8% to 43 ± 18% (Su et al., 2021).  

Process intensification with the use of continuous operations has been successfully applied 

in the chemical industry but fed-batch is the primary mode for the production of mAbs rather than 

perfusion or continuous in biopharmaceutical industries.  Increase in inoculation density in 

combination with non-perfusion strategies of the seed stage helped in achieving viable cell 

densities of 22to 34 x 106 cells/ml for a 14-day duration in the production of CHO cells.  These 

results were scaled up from 5-L bioreactors to 500-L and 1000-L N stage bioreactors (Yongky et 

al., 2019).  Tissot et al., 2012 studied the effects of kLa on CHO cell growth and determined that 

oxygen did not have a greater impact on cell growth in a shaken orbital bioreactor.  The pH of the 



116 
 

cell culture medium appeared to be a limiting factor.  Maintaining the kLa from 7 to 9 h-1 helped 

maintain cell viability without the use of pH or DO controllers.  

This research investigated the growth of CHO cells at various operating conditions and 

medium flow rates.  The reactor was operated at both batch and continuous modes allowing the 

feasibility of a chemostat operation.  Viability and higher cell densities were studied under the 

influence of spiroid and rotation rates of 8 and 10 rpm.  Due to the high viscosity of these cells, 

higher dilution rates were chosen.  The reactor was also prototyped before the experiments with 

SLA technique to account for the cell debris generated from the previous yeast cell culture 

experiments.  The effect of temperature, pH and working volumes was also reported. 

 

5.2 Materials and Methods 

 

5.2.1 Experimental Apparatus 

 
 

Figure 5.1 illustrates the experimental setup of the bioreactor with spiroid.  The 

continuous bioreactor used for this study is a bench-scale bioreactor (Fang et al., 2017) which 

consists of an outer cylindrical shell with a spiroid.  The bioreactor can be rotated horizontally 

with the help of a roller bed (Model No: 88881003, Thermo Scientific, Waltham, MA, USA) as 

shown in Figure 5.1.  The two inlet and two outlet ports present at either end of the reactor help 

in providing medium and oxygen continuously to the reactor during rotation.  This bioreactor is 

prototyped using stereolithography (SLA) 3D printing techniques and PLA material previously.  

With continued use for various cell lines, the reactor had cell debris which could not be removed 

even with hypochlorite solution (Figure 5.2).  The reactor was then prototyped using SLA 

technique and ClearVue material from Xometry LLC.  This material is naturally-transparent 

polycarbonate material with excellent moisture resistance and high clarity (Figure 5.2).  The end 
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caps were designed to be removable making the cleaning of both the reactor and spiroid easier.  

The required temperature was maintained with the help of an electric space heater.  The flow in 

and out of the reactor was maintained with the help of peristaltic pumps on either side of the 

reactor.  O-rings and rotary seals present between reactor body and endcaps helped to prevent 

leakages over long operating times. 

 

 
Figure 5.1 Experimental Setup 

                                
Figure 5.2 Cell Debris in the Reactor and Newly Prototyped SLA-Printed Bioreactor 
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5.2.2 Cell culture  

5.2.2.1 Strain and Medium 

The cell line used in this research was CHO-K1 obtained from Dr. Allan David’s 

laboratory (Department of Chemical Engineering, Auburn University, AL, USA).  The cell 

culture medium used for CHO cells contained 89% (v/v) F-12k medium (Kaighn's Modification 

of Ham's F-12 Medium, ATCC 30-2004, VA, USA), 10% (v/v) Fetal Bovine serum (Life 

Technologies Corporation, CA, USA) and 1% (v/v) Antibiotics (Dr. Allan David’s laboratory, 

Department of Chemical Engineering, Auburn University, AL, USA).  The media was prepared 

in sterile conditions under BSL2 cabinet and stored at 2 to 8 ℃ before use. 

 

5.2.2.2 Operating Conditions 

 

Batch Culture 

The CHO cells vial was thawed, and cells were passaged into a 75 cm2 flask with cell 

culture media.  These cells were maintained in a five% CO2/air mixture, humidified at 37℃. 

Exponentially growing cells were inoculated at 1 x 105 cells/ml into the bioreactor with a 

working volume of 200 ml in batch mode.  The reactor was operated for rotation rates of 6 rpm, 

8 rpm and 10 rpm.  The temperature was controlled at 33 to 37℃ with the help of an electric 

space heater.  The dissolved oxygen in the bioreactor was maintained at 30% with the help of a 

flow through dissolved oxygen electrode system (DO-166MT-1SXS, Lazar research 

laboratories, LA, CA).  The culture pH was controlled at various pH values (6.8, 7.0, 7.2) by 

addition of 1M NaHCO3 and monitoring it with the help of a micro pH electrode (PHR-146S, 

Lazar research laboratories, LA, CA).  
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Chemostat Culture 

Based on the results obtained from batch mode experiments, the optimum temperature 

was maintained at 37℃ and pH was maintained at 7.2.  Exponentially growing cells were 

inoculated at 2 x 105 cells/ml into the bioreactor with a working volume of 300 ml in chemostat 

mode.  The reactor was operated in batch mode for 3 days, and then changed to continuous mode 

(chemostat) with different rotation rates (8 rpm, 10 rpm) and fresh medium flowrates (1 ml/min, 

3 ml/min and 4 ml/min).  After batch mode of 3 days, fresh medium was pumped into the reactor 

and the same amount was removed to maintain constant volume.  The feed was maintained 

sterile with the help of 0.22-micron filter.  All the experiments were done with and without 

spiroid for comparison. 

The exponential growth in batch mode could be described as: 

 1

𝑋

ⅆ𝑋

ⅆ𝑡
= 𝜇 

(5-3) 

where X is the biomass concentration (cell density, cells/ml) at time t (hr); µ is the specific growth 

rate (hr-1).  The exponential equation was only applied when the substrates are in excess (Herbert 

et al., 1956).  

In addition, if the feed media are sterile, the changes of cell concentration in a continuous 

system (or a chemostat) could be described as follows (Herbert et al., 1956): 

 ⅆ𝑋

ⅆ𝑡
= 𝜇𝑋 − 𝐷𝑋 

(5-2) 

where D is the dilution rate (hr-1) defined as:  

 
𝐷 =

𝐹

𝑉
=

1

𝜏
 

(5-3) 

where F is the flowrate (L.hr-1); V is the volume maintained in the reactor (L); 𝛕 is the mean 

residence time (hr). 
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𝜇 = 𝐷 (Steady state) 

𝜇 < 𝐷 (wash out) 

When the specific growth rate is less than the dilution rate, the cells cannot maintain the 

concentration and this will lead to a condition called wash out; if the growth rate is equal to dilution 

rate, the system reached steady state, i.e., cells maintain a constant concentration.  Thus, through 

manipulating the dilution rate, the growth rate of the cells could be controlled and maintained. 

 

5.2.2.3 Analytical Methods  

 

The total cell concentration or the total number of cells was determined by cell counting 

using a hemocytometer at different time intervals during the experiment.  Viable cell density was 

calculated with the help of a trypan blue test.  Aliquots were diluted as required for each test and 

the total and viable cell count was then noted.  Duplicate readings were taken for every operating 

condition and fresh medium flowrate.   

 

5.3 Results and Discussion 

5.3.1 Cell Culture Results 

 

The growth of CHO cells in the bioreactor with spiroid was slow at the lower rotation 

rate of 6 rpm which could be due to lack of aeration and an increase in viscosity.  The cell 

densities reached a maximum of 6.8 x105cells/ml in the bioreactor with spiroid on day four and 

then cell growth started to decline. The reactor could be operated only for 7 days in batch mode at 6RPM 

as shown in Figure 5.3. Cell densities of 5 x 105 cells/ml were obtained in the reactor without 

spiroid on day five of the test which is approximately 36% less than that was obtained for the 

bioreactor system with spiroid.  Figure 5.3 depicts the effect of spiroid on cell densities at various 
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rotation rates.  CHO cells grew faster with the spiroid at higher rotation rates of 8 rpm and 10 

rpm in the bioreactor with spiroid.  Cell densities obtained at 8 rpm with spiroid were 2.1 x 106 

cells/ml after running the reactor for 9 days whereas the same cell densities could be attained at 

10 rpm within 6 days.  This result indicates that reactor operating time could be reduced by 3 

days with the use of spiroid at a higher rotation rate of 10 rpm.  Though higher cell density was 

obtained at 8 rpm when compared to 6 rpm, the reactor could be operated for 12 days in the case 

of 8 rpm.  After day ten, cell death was observed. 

 
Figure 5.3 Batch Mode, Various Rotation Rates 

 

Highest cell densities of 2.3 x 106 cells/ml were obtained at 10 rpm in the bioreactor with 

spiroid which could be attributed to increase in aeration which was provided with the 

recirculation of contents and nutrients with the help of the spiroid as shown in Figure 5.4.  The 

cell densities in the bioreactor with spiroid was 45% more than the reactor without spiroid when 

tested over a period of 7 days.  The overall operating time for the reactor decreased by 31% using 

the spiroid in batch mode at 10 rpm as shown in Figure 5.4 
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Figure 5.4 Batch Mode, 10 rpm 

 

To study the effect of temperature, three different temperatures were selected for the reactor with 

spiroid at 10 rpm.  In Figure 5.5, data indicated that for T=33℃, there was a long lag phase and 

decreased cell densities, extending the duration of exponential phase by 4 days.  Maximum cell 

densities obtained at this temperature were 7.2 x 105 cells/ml after 10 days of operation.  When the 

temperature was changed to T=35℃, the cells grew exponentially from day 2, and a maximum 

cell density of 1.64 x 106 cells/ml were achieved after nine days.  The cell densities were promising 

at 10 rpm and could be achieved faster in batch mode as seen in Figure 5.5.  Based on these results, 

a temperature of T=37℃ was maintained for the next set of experiments. 
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Figure 5.5 Temperature Comparison, 10 rpm 

Figure 5.6 indicates the effect of pH on cell densities in batch mode.  At a pH of 6.8, cells did not 

grow and simply entered a slow decline phase.  A pH of 7.0 generated cell densities of 10.1 x 105 

cells/ml, and a pH=7.2 generated cell densities of 2.3 x 106 cells/ml.  This result determined that 

the optimum conditions of pH=7.2 and T=37℃ were best suited for CHO cell growth in the reactor 

with spiroid. 

 
Figure 5.6 pH Comparison, 10 rpm 
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Based on the findings from batch mode, all the experiments in continuous mode were 

conducted at standard conditions of pH=7.2 and T= 37℃.  For chemostat mode, experiments 

were conducted at two different rotation rates (8 rpm, 10 rpm) and three medium flowrates (1 

ml/min, 3 ml/min and 4 ml/min) to demonstrate different steady state level cell densities.  Higher 

medium flowrates were considered as with the growth of CHO cells in the reactor, the viscosity 

also increased.  In trial experiments, low flow rates of 0.5 to 1 ml/min could not pump the cells 

through the reactor.  Duplicate experiments were conducted at each condition and averaged.   

The reactor was operated in batch mode for three days and then changed to chemostat 

setting.  Cells grew in exponential phase in batch mode for three days and eventually reached 

steady state concentration with continuous flow.  For each of these dilution rates of 0.2, 0.6 and 

0.8 h-1, the working volume was maintained at 300 ml.  The inoculation density in chemostat 

mode was 2 x 105 cells/ml.  The total and viable cell densities were noted.  Percentage viability 

was then calculated and reported for the reactor with the spiroid and without the spiroid. 

Figure 5.7(a-f) represents cell densities obtained controlled by different dilution rates for 

the bioreactor with and without spiroid at 8 rpm.  The growth curves were consistent in batch 

mode and the cell densities decreased with decreased flowrates due the increased product 

accumulation resulting from growing CHO cells.  Increase in cells at higher flowrates or dilution 

rates showed a decrease in metabolite concentration in the system.  Figure 5.7 indicated that in 

all the different dilution rates used, the bioreactor with spiroid produced greater cell densities 

with a maximum of 2.42 x 106 cells/ml for a 11-day operation of the reactor at 4 ml/min (for 8 

rpm). 
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Figure 5.7 Cell density at Various Flowrates with and without Spiroid, 8 rpm 

  

 Figure 5.7 indicated that CHO cells grew rapidly and at higher densities in the bioreactor 

with spiroid at all three flowrates.  In Figure 5.7 (a-b), the maximum viable cell densities obtained 

in the reactor with spiroid was 6.5 x 105 cells/ml and the cell densities obtained in the reactor 

without spiroid were reported as 4.4 x 105 cells/ml which is 47% less when compared to the 

bioreactor with spiroid.  In addition, viable steady state densities of 4.4 x 105 cells/ml could be 

maintained in the reactor with spiroid for a period of 11 days.  In Figure 5.7 (c-d), at 3 ml/min, the 

reactor with spiroid showed a 63% increase in viable cell densities for three-day batch mode (2.48 

x 106 cells/ml vs 1.52 x 106 cells/ml).  This increase results as the spiroid increases gas-liquid 

contact areas for oxygen transfer as all other conditions remained constant.  Figure 5.7 Cell density 

at Various Flowrates with and without Spiroid, 8 rpm 

 (e-f) depicted that highest cell densities were obtained in batch mode for reactor with spiroid.  

Additionally, steady state cell densities increased by 29% when compared to the results for 

operation without the spiroid. 
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 Percentage cell viability for these three flow rates were reported in Figure 5.8 (a-c).  In all 

the three cases, the bioreactor with spiroid could maintain up to 85% viability which cannot be 

achieved in conventional roller bottles.  The reactor without spiroid in the case of 4 ml/min 

achieved viability percentage of nearly 80% during steady state which could be due to the 

incoming fresh nutrients supplied to the cells growing in the reactor.  Based on these observations, 

the flow rate of 4 ml/min was selected for conducting experiments at 10 rpm as steady state 

densities could be maintained for longer durations.   
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Figure 5.8 %Viability – comparison at 8rpm 
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c)  %Viability, 10 rpm, 4 ml/min 

Figure 5.9 Cell density & Viability – 10 rpm, 4 ml/min 

Figure 5.9 (a-b) compared the effect of rotations rate 10 rpm for the reactor with and without the 

spiroid.  For 4 ml/min, the bioreactor showed a 28% increase in cell density in batch mode of three 

days, and a 14% increase in steady state cell densities when the spiroid was used.  In comparison 

of percentage viability between 8 and 10 rpm for 4 ml/min, the cells at 10 rpm with spiroid could 

be maintained nearly 92% viable for 12 days which could not be achieved with 8 rpm for CHO 

cells.  The highest steady state cell density of 18.2 x 105 cells/ml was obtained at 10 rpm, 4 ml/min 

for the bioreactor with spiroid as shown in Table 5-1.  The table below shows the maximum viable 

cell count was also the greatest in this case indicating the efficiency increase due to the spiroid. 
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Table 5-1 Summary of Cell Growth Parameters (CHO) 

RPM F, 

ml/min 

D, h-1 Maximum 

Viable cell 

count, 105 

cells/ml 

SS cell 

densities, 

105 cells/ml 

Cell Viability 

at 8 days 

(With spiroid) 

Cell Viability at 8 

days (No spiroid) 

8 1 0.2 6.5 3.7  84% 75.7% 

 3 0.6 21.8 16.3 84.4% 75% 

 4 0.8 23.4 16.6 89% 77.9% 

10 4 0.8 24.2 18.2 91% 83.2% 

 

 

 

 

5.4 Conclusions 
 

 

CHO cell growth is directly affected by the oxygen concentration, temperature and pH 

maintained in the bioreactor.  The effect of temperature on the CHO cell growth determined that 

cells grow at higher densities at 37℃; pH studies showed that a pH of 7.2 is suitable for 

maintaining these cell densities for longer durations.  CHO cells do not have a cell wall and the 

cell growth is impacted by the amount of shear.  Higher impeller rotation rates in conventional 

bioreactors lead to cell death.  Cell growth results from higher rotation rates of 8 and 10 rpm 

show that the reactor with spiroid is feasible for a low shear environment by maintaining cell 

viabilities ranging from 80 to 90% in both the cases.  Maximum cell densities of 25.6 x 105 

cells/ml were obtained in the bioreactor with spiroid when the reactor was operated in batch 

mode for three days.  The reactor could be operated continuously for a maximum of 14 days 

duration without any leakages while maintaining steady state cell densities.  The spiroid is 

effective in pumping high viscosity cells like CHO cells and is capable of producing cell 

densities which are not possible with a single roller bottle.  Various steady state concentrations 

for different medium flowrates showed improved performance at higher rotation rates of 10 rpm 

and higher flow rates of four ml/min for highly viscous cell lines. With the use of traditional 
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impellers, shear sensitive cell lines like CHO cannot be cultured for longer durations in the 

reactor and maintained at higher densities but, this can be achieved with the help of a rotating 

bioreactor with spiroid. 
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Abbreviations 

 

ATF Alternating tangential flow filtration 

CFD Computational Fluid Dynamics    

CHO Chinese Hamster Ovary 

D Dilution rate (hr-1) 

DO Dissolved oxygen 

F Flowrate (ml/min) 

FBS Fetal Bovine serum 

rpm Rotations per minute 

SLA stereolithography 

SLS Selective Laser Sintering 

SS Steady state  

SUB Single-use Bioreactors 

t time (s) 

TFF Tangential flow filtration 

𝛕 mean residence time (hr) 
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Chapter 6 - Summary and Recommendations 
 

 

 A novel continuous bioreactor with enhanced cell production was successfully operated in 

a multiphase environment.  The addition of a spiroid facilitated the growth of cells by increasing 

the gas-liquid contact areas and providing nutrient recirculation.  The complex flow in spiroid was 

predicted using computational fluid dynamics (CFD) simulations to calculate the hydrodynamic 

parameters for the fluid flow in the bioreactor with spiroid.  The results from these simulations 

showed that the spiroid has a design space and rotation rate where it works to its full potential in 

the one liter bioreactor.  Simulating the spiroid as a straight tube showed the formation of gas-

liquid segments in the reactor which assist in oxygen transfer area. 

 Saccharomyces cerevisiae experiments validated the CFD results by showing enhanced 

growth at 8 rpm and was optimized at low flow rates and higher rotation rates for this cell line.  

The harvesting of these cells could be carried out for almost two  days without leakage.  Different 

steady state levels were achieved by varying the flowrate.  The feasibility of the reactor for a shear-

sensitive Chinese hamster ovary (CHO) mammalian cell line was also tested.  The cultures could 

be grown to higher cell densities of 2.42 x 106 cells/ml which is usually not possible by using a 

single roller bottle.  The bioreactor with spiroid showed potential for cell production for highly 

viscous cell lines.  The reactor with spiroid could be operated continuously for a maximum of 14 

days in both batch and chemostat modes.  Cell viabilities could be maintained up to 90% at a 

rotation rate of 10 rpm and medium flow rate of 4 ml/min.  Without the use of traditional impellers, 

adequate mixing was provided with the use of spiroid as no clumping of CHO cells was seen when 

cultured in suspension.  The bioreactor with spiroid offers potential for both mammalian and 

fermentation cell culture systems in biopharmaceutical industries and can be used as part of the 

inoculum seed train for high cell densities before a production bioreactor. 
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 As part of future work, the shear sensitivity of the reactor could be tested by using insect 

cell lines.  The effect of spiroid on the production of higher titer antibodies can be tested with the 

use of an antibody producing cell line.  The capability of the bioreactor with current industry 

perfusion can be validated by modifying the bioreactor with feedback control loop for temperature, 

pH, pressure, and dissolved oxygen concentrations.  Once the reactor is modified with automated 

controls, it can further be tested for greater cell densities by using cell retention devices such as 

tangential flow filters (TFF), alternating tangential flow filters (ATF), or a flow-through filter in 

the existing outlet hub of the bioreactor to include perfusion systems within bioreactors.  Perfusion 

system setup can be followed to culture cells for antibody or vaccine production. 
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