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Abstract 
 

 
 This research investigated a novel continuous bioreactor which has the advantages of 

enhanced oxygen transfer, low shear stress, ease of operation and scalability.  The bioreactor 

showed significant improvement in gas-liquid and medium mixing through its unique design, 

leading to higher cell production.  The bioreactor had both an outer shell cylinder and an inner 

core cylinder, each with adjustable rotational velocities to control the mixing in the reactor.  Inlet 

flows were controlled to provide additional medium and oxygen to the reactor volume.  

Moreover, a spiroid tube was attached to the wall of the outer cylinder, providing enhanced gas-

liquid interfacial area thus improving oxygen transfer. 

Computational fluid dynamics (CFD) simulations were performed to analyze the 

resulting hydrodynamic properties (shear stress, velocity distribution, eddy viscosity and 

turbulence kinetic energy) in the multiphase bioreactor, and the results were used to determine 

the optimum operating conditions for oxygen transfer experiments.  Mathematical models were 

also developed to simulate the experimental dynamic behaviors of oxygen transfer process and to 

obtain the volumetric mass transfer coefficients (kLa) in the bioreactor at a variety of operating 

conditions operating conditions.   

To increase the potential for cell production, this bioreactor was further scaled up by 9 

nine times, from 1.11 x 10-4 m3 to 0.986 x 10-3 m3.  Oxygen measurements were conducted to 

characterize the bioreactor with and without spiroid.  The comparisons proved the advantages of 

using spiroid as a method to improve oxygen transfer performance or adding spiroid to the 
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bioreactor could help reduce the oxygen saturation time by two times.  Furthermore, biological 

tests (using E. coli, K91BlueKan) were used to further verity the potentials in the cellular 

production of this bioreactor under various operating conditions (batch and continuous modes, 

different rotational rates and different flow rates).  By measuring the cell growth and glucose 

consumptions for the microorganism in the bioreactor with and without spiroid under different 

operating conditions, the results not only further demonstrated the advantages of using the 

spiroid in oxygen delivery (increase 15% cells in the batch and reduced 33% operating time), but 

also showed great potentials in harvesting cells continuously. 
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Chapter 1 - Introduction 

 There have always an interest focusing on increasing cell survival rate, and extending cell 

lines to large scale production, since the secretions of cells, such as enzymes, antibodies, 

hormones, and other biological products, including even the cells themselves, are considered to 

have high commercial and medical potential.  Various type of bioreactor have been developed 

and modified in order to satisfy the high requirements of productivity and viability for different 

types of cells.  Advantages and disadvantages have already been discussed in many publications 

(Bareither and Pollard, 2011; King and Miller, 2007; Pörtner et al., 2005).  Despite of different 

designs, the goals always lay on providing optimal living conditions for cell growth and relative 

products generation. 

 Mass transfer are normally one of the severe issues in the large scale and leads to poor 

cell growth (Chu and Robinson, 2001; Gill et al., 2008; Kallos et al., 2003; Marks, 2003; 

Schmidt, 2005; Shuler et al., 1990).   Oxygen transfer mechanism are essential in cell production 

process.  Appropriate amount of oxygen transported to the system aids cell productivity and 

viability, since oxygen plays an important role in cell metabolism.  However, when operating the 

bioreactor in certain conditions in order to get high mixing result, shear stress should be a central 

issues and taken into serious account.  Cell walls or the plasma membrane may not be strong 

enough to bear the shear forces from rapidly flowing the outside fluids, and so high shear forces 

will reduce the amount of living cells.  A bioreactor capable of an optimum mixing environment, 

providing appropriate shear forces and high oxygen transfer, sufficiently high nutrient usage or 

low required input nutrient, and easy to scale up, is likely to be of significant economic potential 

in both industry and biomedical research.   
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 The objective of this research is to investigate the use of an automated, horizontally-

rotating bioreactor consisting of a rotating outer cylindrical shell and a counter-rotating core.  

Each component is equipped with adjustable rotational velocities to control the mixing and shear.  

This bioreactor can be operated either in batch or continuous mode.  Excellent oxygen transport 

phenomena as measured by oxygen monitor were accomplished by the use of rotational cylinders 

and spirals attached to the bioreactor. Cell growth were measured.  This research effort was in 

part based on simulation and in part, on empirical effort.  

In the simulation computational fluid dynamic (CFD) simulations and mathematical 

simulations were performed for the small scale of the bioreactor in order to determine the range 

of flow patterns likely to occur.  Oxygen transfer coefficients in the spiral and the bioreactor 

were calculated and measured based on gas-liquid mechanics.  Simulations were conducted for 

multiphase fluids with various operating conditions in order to simulate the actual reaction 

environment in the bioreactor.  A suitable range of rotational velocity and optimized bioreactor 

size was obtained from the simulation results.   

During the experimental phase the simulation outcomes were tested.  A bioreactor with 

spiroid attached to the outer cylinder was built and then operated at selected operating 

conditions.  The bioreactor was scaled up in operation by nine fold, from 1.109 x 10-4 m3 to 

0.944 x 10-3 m3 to enable evaluation of its potential for high throughput cell production.  The 

performance of this bioreactor was evaluated with regard to oxygen transfer and cell growth.   

The experimental results were used to provide feedback to the simulation and to help improve 

the system.  We feel that our experimental results can be used to further modify the bioreactor 

and bioreactors in general so as to enable the ability of large scale in industry.   

 



3 
 

Reference 

Bareither, R., Pollard, D., 2011. A review of advanced small-scale parallel bioreactor technology 

for accelerated process development: Current state and future need. Biotechnol. Prog. 27, 2–

14. 

Chu, L., Robinson, D.K., 2001. Industrial choices for protein production by large-scale cell 

culture. Curr. Opin. Biotechnol. 12, 180–187. 

Gill, N.K., Appleton, M., Baganz, F., Lye, G.J., 2008. Quantification of power consumption and 

oxygen transfer characteristics of a stirred miniature bioreactor for predictive fermentation 

scale-up. Biotechnol. Bioeng. 100, 1144–1155. 

Kallos, M.S., Sen, A., Behie, L.A., 2003. Large-scale expansion of mammalian neural stem cells: 

A review. Med. Biol. Eng. Comput. 41, 271–282. 

King, J.A., Miller, W.M., 2007. Bioreactor development for stem cell expansion and controlled 

differentiation. Curr. Opin. Chem. Biol. 11, 394–398. 

Marks, D.M., 2003. Equipment design considerations for large scale cell culture. Cytotechnology 

42, 21–33. 

Pörtner, R., Nagel-Heyer, S., Goepfert, C., Adamietz, P., Meenen, N.M., 2005. Bioreactor design 

for tissue engineering. J. Biosci. Bioeng. 100, 235–245. 

Schmidt, F.R., 2005. Optimization and scale up of industrial fermentation processes. Appl. 

Microbiol. Biotechnol. 68, 425–435. 

Shuler, M.L., Cho, T., Wickham, T., Ogonah, O., Kool, M., Hammer, D.A., Granados, R.R., 

Wood, H.A., 1990. Bioreactor Development for Production of Viral Pesticides or 

Heterologous Proteins in Insect Cell Cultures. Ann. N. Y. Acad. Sci. 589, 399–422. 

 



4 
 

Chapter 2 – Literature Review 

2.1. Introduction 

The scientific and economic potentials of the market related to cell production are always 

so great that they attract both research and industrial areas to put continuous efforts in order to 

innovate and improve the technologies involved in cell culture.  In general, the appropriate 

selection and the novel reformation of bioreactors are the most commonly used methods to 

increase production. 

Bioreactors can be simply defined as devices that simulate or provide the most favorable 

conditions for specific cell lines.  Various bioreactors (e. g. bubble columns, agitated reactors, 

roller bottles, newly developed membrane bioreactors) have been applied in engineering and 

industrial production.  Biological and biochemical experiments conducted in specific devices are 

controlled under a range of operating conditions in order to seek an optimal method for various 

fields.  Bioreactor can be used to produce pharmaceuticals (e. g. antibodies, hormones, viral 

vaccines), solve environmental issues (e. g. wastewater treatment), process food, provide energy 

source (e. g. conversion of corns to alcohol) and supply cells and tissues lines (Martin et al., 

2004). 

Before using or designing bioreactor systems that are suitable for cell growth, an 

understanding of several properties in the cell culture is essential.  To assist in the selection and 

improving process, cell properties (e. g. structure), physicochemical conditions, fundamental 

mechanisms of cell culture, and potential cell damage associated with fluid mechanical effects 

are commonly considered (Papoutsakis, 1991).   

The selection and reformation of bioreactors will always be closely related to the 

effectiveness, quality of products, and the production cost especially in large-scale commercial 
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application.  For instance, a fed-batch process is one of the most attractive processes for large 

scale production of monoclonal antibodies (MAbs) because of its simple operation, reliability 

and flexibility for implementation.  By extending the cell culture longevity, maintaining high 

specific antibody secretion rates via appropriate nutrient supplementation, minimizing the waste 

production (such as inhibitory growth byproducts) and controlling environmental conditions 

(such as pH), high yield could be achieved in fed-batch reactors (Bibila and Robinson, 1995).  

Nevertheless, when comparing fed-batch reactor with perfusion operation modes, the cell 

densities and volumetric productivities achieved in perfusion culture are much higher than that in 

fed-batch system, though perfusion operation could have increased possibility of equipment 

failure, difficult facility design and product contamination.  

Once the specific bioreactors are selected, operating conditions will then be a main 

concern.  Generally, pH, pressure, temperature, medium selection, continuous nutrient supply, 

nutrient concentration, oxygen transfer phenomenon, hydrodynamic shear stress effects, 

overdose products, and wastes removal are common essential factors that should be taken into 

account when in the process of optimization.  The following review will emphasize some of the 

key factors above. 

 

2.2. Hydrodynamic Shear Stress Effects on Cell Cultures 

Hydrodynamic forces, often referred to as shear, are known to have influences on cell 

shape and membrane structure, which in turn affect the physiology (e. g. metabolism of cells, 

protein synthesis, even DNA and RNA mechanism) (Abu-Reesh and Kargi, 1989; Ben-Ze’ev et 

al., 1980; Dewey et al., 1981; Farmer et al., 1978; Folkman and Moscona, 1978; Stathopoulos 

and Hellums, 1985).  The existence of shear stress cannot be avoided in most bioreactors.  
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Generally, the damage of shear stress resulting from turbulent flow is more severe than that from 

laminar flow (Chisti, 2001).  The sensitivity of cells to shear stress may vary with the stage of 

growth, the cultivation culture, and operation conditions (Petersen et al., 1988). 

Mixing is essential for bioreactors to increase oxygen transfer and maintain a relatively 

uniform environment for cell growth.  However, even appropriate mixing can result in shear 

stress levels that could cause cell damage.  Hence, a balance between maximizing the oxygen 

transport rate and minimizing the detrimental effect on cells still remains a main challenge in 

order to get high cell density and large-scale application in industry.  Thorough explanations of 

the mechanisms of cells damage (especially in animal cells due to the lack of a cell wall, making 

them more sensitive and vulnerable) associated with fluid mechanical forces will help establish 

new ideas on bioreactor design and scale-up. 

Cell can be grown in immobilized cultures or homogeneous suspensions.  Each culture 

has its own advantages in increasing cell growth rate.  Though the immobilized system increases 

the surface area per unit reactor volume for cell attachment and provides reduced fluid stresses, 

the suspension culture is more suitable to be applied in large-scale production due to the 

relatively easier operation process control and lower cost. 

Using micro carriers is considered to be one of the promising technologies and is 

normally observed in immobilized cell cultures where cells are anchorage-dependent.  Micro 

carriers are typically micrometer beads, and can maintain suspension in the fluids.  The bulk 

fluid, typically in turbulent flow, contributes most to the effect on cells in bioreactors with micro 

carriers (Cherry and Papoutsakis, 1990; Croughan et al., 1987).  In micro carrier bioreactors, 

interactions can be summarized into bead-to-fluid, bead-to-bead, and bead-to-bioreactor.  The 

interaction of bead-to-fluid usually is very closely associated with bead-to-bead interaction.  
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Experimental data and theoretical models strongly suggest that bead-to-fluid (with small 

turbulent eddies) interaction could be counted as a damaging source to cells, and that the bead-

to-bead interaction was mainly responsible for cell damage in micro carrier bioreactors in the 

condition of intense-agitation, while the negative effect from bead-to-bioreactor interaction could 

be negligible (Cherry and Papoutsakis, 1986; Cherry and Papoutsakis, 1988; Cherry and 

Papoutsakis, 1989; Cherry and Papoutsakis, 1990; Croughan et al., 1987; Komasawa et al., 

1974). 

In suspension culture, shear stress from gas bubbles is problematic for cells.  The shear 

stress effects on cells resulting from the bulk fluid are normally treated as small, except the case 

of very high agitation rates, which can be above 700 RPM for hybridoma cells without a vortex 

and bubble entrainment (Kunas and Papoutsakis, 1990).  It has also been demonstrated that rising 

bubbles generate insignificant shear stress (Tramper et al., 1987).  Intensive shear stress 

generated by the bursting gas bubbles at the air-liquid interface (or known as the air-liquid 

interfacial effect) causes the dominant detriment to animal cells (Handa et al., 1987; Oh et al., 

1992; Wu, 1995; Wudtke and Schiigerl, 1987).  For sparged and agitated bioreactors with 

suspended animal cells important considerations include appropriate location of the gas sparger 

and selection of the impeller (which suspends the cells and gently mixes the fluid). It is 

important to keep the average energy dissipation rate for impeller below 1.0 x 103 W m-3 (Chisti, 

2000). 

A bursting gas bubble could be divided into the part above the interface (bubble film cap) 

and the part below the interface (bubble cavity), with the latter one occupying the higher portion 

in total surface area, and thus bubble cavity is the main region that kills cells (Wu, 1995).  In 

addition, the size of gas bubbles should also be taken into account when other parameters 
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remained constant.  Normally, larger bubbles would have a less damaging influence on cells than 

smaller ones.  Though smaller bubbles are more rigid, smaller bubbles have a greater specific 

killing volume ( where is specific interfacial area of the bubble and  is a 

constant with the dimension of length.), thus causing higher death rates of cells (Wu and Goosen, 

1995).  To protect cells, medium additives, which may be divided into two categories based on 

the nutritional functions (i. e. bioactive materials and neutral polymers), could be applied either 

to reduce the contact between bubbles and cells or to strengthen cell membranes, thus decreasing 

cell death and allowing higher growth of cells (Chattopadhyay et al., 1995; Cherry and 

Papoutsakis, 1990; Goldblum et al.,; Handa-Corrigan et al., 1989; Handa et al., 1987; Jordan et 

al., 1994; Murhammer and Goochee, 1990; Ramírez and Mutharasan, 1990; Zhang et al., 1992).  

Other than bubble rupture, cells could also be killed by foam entrapment due to film drainage 

and rupture (Papoutsakis, 1991; Wu, 1995). 

 

2.3. Interphase Mass Transfer 

Oxygen is one of the most important factors for aerobic bioprocesses.  Aerobic 

bioprocesses normally takes place in the aqueous phase where the oxygen solubility could be low 

due to ionic salts and nutrients (Suresh et al., 2009).  Hence, the growth of almost any 

microorganisms is limited to the amount of oxygen transferred (or, oxygen transfer rate, OTR). 

An increase of amount of dissolved oxygen will result in the increase of secondary metabolites 

of cells, while the limited oxygen will lead to the decrease of metabolic rate (Vardar and Lilly, 

1982).  

Oxygen transfer rate may be influenced by various parameters including the physical 

properties of gas and liquid, operational conditions, choice of bioreactor and presence of biomass 
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(Garcia-Ochoa and Gomez, 2009).  Generally, interphase mass transfer could be summarized as 

three steps:  the transfer of oxygen from the bulk air to the interface of air and water, across the 

interface, and from the interface to the bulk water.  To simplify the gas-liquid mass transfer, a 

two-film model (see Figure 2-1) or a two-resistance theory proposed by Whitman could be used 

appropriately (Whitman, 1923).  According to the theory, oxygen transfer rate between phases is 

controlled by the diffusion rate, and lead to the equilibrium at the interphase all the time.  The 

two resistances are the diffusion from the bulk gas phase to the interface and the diffusion from 

the interface to the bulk liquid phase as shown in Figure 2-1.  

 

Figure 2.1. Schematic representation of gas-liquid mass transfer (Garcia-Ochoa and Gomez, 

2009). 

In Figure 2.1, the bulk gas phase concentration of oxygen is cG, which is normally 

represented by pG, the bulk gas oxygen partial pressure.  Similarly, the interface gas phase 

concentration cGi is represented by pi (the index i refers to interface), which is in equilibrium 
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with the interface liquid concentration cLi.  The oxygen concentration in the bulk liquid phase is 

cL, and the interface liquid phase concentration is cLi.  The two interface (gas/liquid) 

concentrations are in equilibrium and could be related by Henry’s Law ( , where H is 

the Henry’s constant with units of m3 Pa mol-1).  Henry’s law states the amount of gas dissolved 

in the liquid is proportional to the equilibrium partial gas pressure at constant temperature 

(Henry, 1803). The gas and liquid film thicknesses are denoted by δG and δL, respectively.  D is 

the diffusion coefficient (the index G and L refer to gas and liquid) (Whitman, 1923).  

The molar flux of species is known to be product of driving force (concentration 

difference) by the mass transfer coefficient.  Also, the transport of oxygen flux through gas phase 

and water phase should be equal at steady-state. Thus, it may be written as (Whitman, 1923): 

  （2-1） 

where,  is the molar flux of oxygen (mol m-2 s-1);  (mol m-2 s-1 Pa-1) and  (m s-1) are the 

local or individual mass transfer coefficients (the index G and L refer to gas and liquid 

respectively);  (Pa),  (Pa),  (mol m-3) and  (mol m-3) were described as before. 

Due to the difficulty of measuring the partial pressure and concentration interface, the 

molar flux could be rewritten by using the overall mass transfer coefficients, which account for 

the entire diffusional resistance in both sides of interface (Garcia-Ochoa and Gomez, 2009; 

Whitman, 1923): 

  （2-2） 

where,  (mol m-2 s-1 Pa-1) and  (m s-1) are overall mass transfer coefficients;  (Pa) is the 

theoretical partial oxygen pressure in equilibrium with the bulk liquid phase (or, is in 

equilibrium with ), and  does not have any physical existence in the system;  (mol m-3) is 
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the oxygen saturation concentration in equilibrium with the bulk gas phase (or, is in 

equilibrium with );  (Pa) and  (mol m-3) were described as before. 

The overall mass transfer coefficients may be related to the local mass transfer 

coefficients by introducing Henry’s constant.  Applying Henry’s Law, the theoretical partial 

oxygen pressure  is in equilibrium with the bulk liquid phase oxygen concentration by: 

  （2-3） 

 Similarly, the bulk gas oxygen partial pressure  is in equilibrium with the oxygen 

saturation concentration  by: 

  （2-4） 

Also, the interphase partial pressure  is in equilibrium with the interface liquid concentration 

cLi by: 

  （2-5） 

Rewriting Equation 2-2 using the latter part as:  

 
 

（2-6） 

Rearranging Equation 2-6 as: 

 
 

（2-7） 

Substituting Equation 2-1, 2-4 and 2-5 into Equation 2-7 yields: 

 
 

（2-8） 

To relate  with  and , a similar equation could be derived: 

 
 

（2-9） 
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For the case when the gas is very soluble in the liquid, Henry’s constant is very small. From 

Equation 2-9, as the second term of the right part could be neglected, the overall mass transfer 

coefficient  is equal to the local mass transfer coefficient .  Since the major resistance to 

mass transfer resides within the gas phase, this system is gas-phase controlled.  

If the gas is relatively insoluble in the liquid, or Henry’s constant is very large, the overall 

mass transfer coefficient  is equal to the local mass transfer coefficient  as from Equation 2-

8.  In the other words, the principal resistance to mass transfer lies in the liquid side, and the 

system is called to be liquid-phase controlled.  

Taking into account that oxygen is rather insoluble in water, the system should be liquid 

phase controlled, and  is equal to .  The oxygen transfer rate per unit volume (OTR)  

(mol m-2 s-1) from gas to liquid could be achieved by multiplying the molar flux of oxygen  with 

gas-liquid interface area per liquid volume,  (m-1): 

  （2-10） 

 Equation 2-10 is commonly seen in various papers related to measurement of oxygen 

transfer.   

 The mass balance for the dissolved oxygen in the system could be thus established as: 

 
 

（2-11） 

where,  is the accumulation term of the oxygen rate and OUR represents the oxygen uptake 

rate which can be expressed as the product of the specific oxygen uptake rate per unit mass of 

microorganisms r and the biomass concentration Cx.  

 In the absence of microorganisms or with non-respiring cells, in other words, for the case 

that the OUR is zero, Equation 2-11 could be rewritten as:  
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（2-12） 

As it is difficult to measure  and  separately, the product , the volumetric mass transfer 

coefficient, is utilized to analyze oxygen transport in the system.  The values of  could be 

affected by many factors, such as measurement methods, presence of biomass, selection of 

bioreactors and viscosity of the medium.  Various methods could be used to determine the mass 

transfer coefficient, such as sulfite oxidation method (Harris and Roper, 1964; Hermann and 

Walther, 2001; Linek and Vacek, 1981; Ruchti et al., 1985; Waal and Okeson, 1966; Westerterp 

et al., 1963), the gassing-out method (Gayik, 2001; Puthli et al., 2005; Suijdam et al., 1978; Tribe 

et al., 1995; Veglio et al., 1998; Yoshihito et al., 1997), the dynamic method (Amanullah et al., 

1998; Bandyopadhyay et al., 1967; Ducros et al., 2009; Kilian et al., 1983; Payne et al., 1990), 

the respiration activity monitoring system (RAMOS) method (Anderlei et al., 2004; Anderlei and 

Büchs, 2001; Jeude and Dittrich, 2006; Losen et al., 2004; Peter et al., 2004; Scheidle et al., 

2007; Seletzky et al., 2007; Stockmann et al., 2003), glucose oxidase method (Duetz and 

Witholt, 2004), catechol 2,3-dioxygenase (C23O) (Ortiz-Ochoa et al., 2005).  Different methods 

can result in slightly different values. 

The sulfite oxidation and the gassing-out methods are used most commonly to determine 

the volumetric mass transfer coefficient ( ).  Sulfite oxidation method can be used to carry out 

mass transfer measurement in small scale bioreactors and miniature bioreactors with up to 1-mL 

volume (e. g. microtiter plates) (Hermann and Walther, 2001).  The drawbacks of using sulfite 

oxidation is due to the high salt concentration and the high surface tension that leads to the 

underestimation of the oxygen transfer rate (Duetz, 2007).  The application of the gassing-out 

method is limited to the slow response time of the electrode to reflect the true changes of oxygen 
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rate (Tribe et al., 1995).  Additionally, the gassing-out method is also difficult to carry out the 

measurement in microtiter plates (Suresh et al., 2009).  

The measurement of oxygen concentration can be carried out by using zirconia, 

electrochemical, laser cells and optical sensors.  A zirconia sensor could provide an output 

voltage corresponding to the proportion of oxygen in the fluid by using a solid-state 

electrochemical fuel cell (Suresh et al., 2009).  A Clark-type oxygen sensor is commonly used in 

the electrochemical systems in large scale cases.  The output current states the partial pressure of 

oxygen (Fraden, 1996).  However, the conventional oxygen electrodes were not applicable in 

small scale bioreactors.  In recent years, optical sensors based on luminescence methods gained 

particular interests in miniature bioreactors despite their high cost and the need for controlling 

and analyzing data using software and computer.  An optical sensor uses oxygen sensitive dyes 

to measure oxygen amount and was not affected by flow rate, agitation speed and magnetic field.  

(Bacon and Demas, 1987; Bambot et al., 1994; John et al., 2003; Klimant and Wolfbeis, 1995).  

 

2.4. Oxygen Transfer in Various Bioreactors 

Many innovative methods have been used to improve the amount of dissolved oxygen, 

including the use of various bioreactors (e. g. stirred reactor, bubble column, shaking flasks 

(Maier et al., 2001; Maier et al., 2004), gas-lift bioreactors), introducing oxygen enriched air to 

the system, using hyperbaric air to aerate the bioreactor (Belo et al., 2003), or adding an organic 

phase (often called oxygen vectors) to the system (Ede et al., 1995). 

Fleischaker and Sinskey (1981) proposed a possible method of using membrane 

oxygenation to provide oxygen for large-scale cell production under micro carrier cultures.  The 

membrane oxygenation was accomplished by passing air through a silicone rubber tube (length, 
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4m; ID, 0.058 inches; OD, 0.077 inches) (Fleischaker and Sinskey, 1981).  Experimental figures 

for vessels without a silicone rubber tube at different volumes indicated that the mass transfer 

coefficient for a specific volume had an approximate equation ( , where N is the 

agitator speed and V is the volume).  They also concluded from the more gradual slope of curve 

for the vessel (14 L) with a tube that the oxygen transfer rate across the tube was less sensitive 

than that across the vessel liquid surface and substantial (0.6 mmol O2 per atm-meter of tubing-

h).  Additionally, their data suggested that 5-liter was the limit for the growth of FS-4 cells in 

micro carrier culture without additional aeration, however, 10 liters of FS-4 cell cultures with a 

density of more than 106 cells per ml could be achieved and aerated by using one meter of 

tubing.  Moreover, this method could be absolutely capable of aerating FS-4 cell cultures with a 

limit of less than 1,000 liters, which was quite promising in industrial application. 

Mammalian cells are normally cultivated by using traditional flasks or dishes that provide 

2-D growth environment for cells.  However, cells grown in this environment tend to 

dedifferentiate and lose the special features of the original tissues that they were derived from.  

3-D cell-to-cell and cell-to-extracellular matrix interactions are proved to be important for the 

differentiation and future therapeutic applications.  Rotating bioreactors with low rotational rates 

(such as roller bottles) can be used to mimic the natural 3-D cell growth environment.  Roller 

bottles are widely used in cell fermentation despite their difficulties in scale- up.  Low rotational 

rates will minimize the damaging mechanical effects of turbulence and shear stress and improve 

the mixing of media and mass transfer, all leading to higher cell density.  The operation of 

rotating vessels is conducive to the formation of 3-D cell structure through aggregating cells to 

the microcarriers or the extracellular matrix.  To increase the cell growth surface area and reduce 
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the cost of obtaining new roller bottles, the use of a foamed, textured or woven liner or sleeve 

could also be inserted to the roller bottle (Mussi and Gray, 1984) 

Mak et al. (1990) used a roller bottle (internal diameter, 7 cm; height, 11.5 cm) to obtain 

a higher production of Monascus (a fungus) pigments compared to the production from batch 

submerged and agar surface cultures.  Fungal colonies which grew on the rotating vessel wall as 

expected were found to be maximized at the optimum speed of 2 rotations per hour (Mak et al., 

1990).  The pigment productivity (pigment per gram of dry cell mass) using a roller bottle was 

nearly fourfold higher than that using stationary bottle, and the pigment yield (per gram of 

glucose or total absorbance units produced per gram of glucose consumed) was about tenfold 

higher than that obtained from batch submerged and agar surface cultures.  As cells attached on 

the wall rotated with the rotating wall, the mycelium regularly exposed to air or medium as the 

bioreactor was not fully filled, which led to retarded conidiation and thus raising the productivity 

of Monascus pigments. 

It was found that cells with three dimensional patterns were difficult to cultivate in vitro.  

Schwarz used a rotating-wall vessel (RWV) to successfully grow BHK-21 cells to high density 

(1.1 x 107 cells per ml in batch mode (Schwarz et al., 1992).  Various publications have 

investigated the damage from turbulence or shear stress to cells.  The environment of spaceflight 

possessed this feature of suspending micro carrier beads without turbulence, but operating 

experiments free of gravitational forces were not common.  The RWV also simulated a similar 

environment for cells.  Furthermore, Schwarz used a novel way of oxygenation, i. e. silicon 

membrane oxygenation, which Fleischaker and Sinsky (1981) applied before.  The membrane 

was wrapped around the center shaft of the vessel, where oxygen diffused through the membrane 

into the system without introducing any bubbles.  This operating environment of a RWV for 
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BHK-21 cells was proved to be quiescent, low-shear and low-turbulence.  The gentle mixing 

process was contributed to the motion of the micro carriers caused by the rotation of the vessel.  

Scanning electron micrographs also showed three-dimensional aggregates of cells on dozens of 

micro carriers.  The RWV has a high possibility in cultivating the wide variety of cell types and 

neoplastic tissues due to the similarity between rotating environment in RWV and zero gravity 

conditions in spaceflight. 

Oh et al. (1994) developed a depth filter perfusion system (DFPS) which had a volume of 

about 300 or 400 mL for hybridoma cells.  The surface area to volume ratio can reach 450 to 600 

cm2 per cm3.  The circulated radial flowing medium (about 10 to 20 mL per min at first, then 

nearly 30 mL per min) would increase medium usage efficiency, provide enough oxygen to cells 

(the oxygen uptake rate of this cell line was about 5 µg per 106 cells per hour), and lead to stable 

high percentage entrapment of cells (more than 90 percent of the cells) in the pore space. Twenty 

µm and 30 µm filters were used for comparison.  The experimental data indicated that the 

smaller pore size filter (with a limitation of cell size about 13 µm to prevent the filter from 

clogging) could have higher entrapment efficiency than that in the larger (Oh et al., 1994).  

Within 10 days, the density of hybridoma cells was about 3 x 107 cells per mL using their system 

with the 20 µm filter.  The productivity of monoclonal antibodies was 744 mg per liter per day, 

25 to 35 times higher than that from the continuous suspension culture.  Also, the well-

distributed particles on the depth filters and low possibility of filter clogging made the long-term 

operation possible. 

Dronawat et al. (1997) analyzed the effect of different geometry of impellers on gas-

liquid mass transfer coefficients.  Three combinations of impellers were used:  two Rushton 

turbines, the Rushton and hydrofoil combination, and the Rushton and propeller combination.  



18 
 

Cellulose fibers were used to simulate the rheological behavior of Aspergillus niger (Dronawat et 

al., 1997).  The mass transfer coefficients were obtained through measuring electrode dynamics 

at different gassing rates, agitation speeds and cellulose fiber concentrations.  Mass transfer 

coefficients were found to decrease with increasing concentration of cellulose fibers as expected.  

Also, increasing agitation rate would help increase mass transfer coefficients.  The conclusions 

were that two Rushton turbines gave the best performance at the low agitation rate, while the 

Rushton and hydrofoil combination standout among the other two for the case of high agitation 

rate.  Moreover, the Rushton and propeller combination consumed the least power.  Tests were 

conducted both in a 20 L stirred-tank fermenter and in 65 L tank, which would help to state the 

scale-up effect.   

Airlift bioreactors with multistage columns have been used in many bioengineering 

experiments and processes.  The hydrostatic pressure inside the gas-lift bioreactor enables the 

system to circulate the fluids.  Unlike stirred tank, energy dissipation and shear are more 

dispersed in airlift bioreactors, thus the cultured cells may therefore not encounter contrasting 

environments (Merchuk, 1990). The excellent performance of a gas-lift bioreactor has already 

been widely investigated.  As was concluded by Chisti (1998), the lower shear environment, 

higher oxygen transfer, lower power inputs, lower possibility of failure, and the lower cost were 

the most competitive advantages of airlift columns compared to stirred tanks and aerated 

bioreactors.  Mass transfer could also be affected by the viscosity of fluids.  Density difference 

was regarded as the main force for the motion between gas and liquid phase (Bendjaballah et al., 

1999; Calderbank and Moo-Young, 1995; Choi and Lee, 2007; Kawase et al., 1994; Young et 

al., 1991).  Normally, the volumetric mass transfer coefficient ( ) is treated as one of the 

standards for oxygen transfer performance.   Kilonzo and Margaritis’ study have indicated that 
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 would decrease rapidly as viscosity increased.  In addition, since the bubble size increases as 

viscosity increases, interfacial area would decrease due to the rapidly rising of large bubbles 

(Kilonzo and Margaritis, 2004).  In the other words, the volumetric mass transfer coefficient  

would decrease rapidly as viscosity increases (Suh et al., 1992; Zhao et al., 1994).  The time 

required for small bubbles to reach equilibrium in viscous fluids was found to be much shorter 

than that for large bubbles, due to the larger interfacial area per unit of gas volume that small 

bubbles have.  Most of the small bubbles with the properties of very small rise velocities are 

circulated to the down flow section, which affect the molar gas flow rate and thus the oxygen 

mass transfer.  

Berson et al. (2002) introduced a modified continuous roller bottle (length, 61 cm; 

diameter, 9.1 cm; full capacity, 4 L) with more comprehensive work than his previous 

publication (Berson et al., 1998).  His reactor enhanced mixing and mass transfer by adding a 

recirculation loop, wall baffles, and center baffles.  The surface area to volume ratio was 0.206 

cm2 per cm3.  The cell densities for four different mammalian cell lines (human carcinoma HeLa, 

hamster ovary CHO, myeloma NS/1, myeloma SP2/0) cultivated using his enhanced bioreactor 

were  shown to be 2.13 to 2.95 times greater than the densities supported by the original design 

(Berson et al., 2002).  In the newer design, cells maintained high viabilities up to 25 days, which 

could be a consequence of continuous medium feeding.  Mathematical models were developed to 

calculate the axial liquid flow and oxygen transfer for the bioreactor chamber and the sample 

loop, respectively.  Berson concluded that increased rotational velocity and baffle number 

contributed to the increase of axial dispersion coefficient in the newer design.  The oxygen 

transfer rate obtained from the recirculation loop was shown to have 381 to 723 percent higher 

than that from the unbaffled growth chamber, which was attributed to the more rigorous interface 
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contact in the recirculation loop.  The increased oxygen transfer using the newer reactor 

indicated high potential in further scale-up as the reactor allowed more liquid to be operated. 

Burris and his group (2002) predicted oxygen transfer and water flow rate in airlift 

aerators. The aerator used in the experiment was large (with a capacity of approximate 49 x 106 

m3) and was installed by a local municipal water system in its reservoirs (Burris et al., 2002).  

Data were collected over various air flow rates to generate water flow rates, gas-phase holdup, 

and dissolved oxygen (DO) profiles.  A discrete-bubble model was applied and proved to be in 

close agreement with the DO profiles and the observed gas-holdup both in the riser and 

downcomer.  The Sauter-mean diameter (use diameter of a sphere that has same volume/surface 

area ratio) of the bubbles, which ranged from 2.7 to 3.9 mm, was measured in lab scale using a 

large cylindrical tank.  The predicted bubble size was 2.3 to 3.1 mm. The variation in bubble size 

could be due to the difference in hydrodynamic conditions between the field and the laboratory 

tests. Additionally, at intermediate water velocity (around 0.9 m s-1), the calculated frictional loss 

coefficient for the air-water separator (Kt) was was close to the 5.5 predicted from literature 

based on similar external airlift aerators.  This agreement suggested the water flow rate in the 

airlift bioreactor could be obtained by using an energy-balance approach. 

Chisti and Jauregui-Haza (2002) developed a mechanically agitated airlift bioreactor 

which combined the feature of airlift bioreactors and conventional stirred fermenters.  The 

reactor could achieve more fluid circulation than airlift reactors and reduce the possibility of 

impeller flooding as in stirred fermenters through aerating the gas in the annular riser zone 

(Chisti and Jauregui-Haza, 2002).  Several properties were characterized in this relatively large 

reactor (approximately 1.5 m3, with diameter of 0.755 m and height of 3.21 m).  While keeping 

aeration velocity and agitation rate as constant, the experimental figures showed that the gas hold 
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up declined with increasing concentration of the cellulose fiber solids, which led to the decrease 

of gas-liquid interfacial area, and thus the decline of overall volumetric mass transfer coefficient 

(  measured with dynamic method.  On the other hand, mixing time was independent of the 

slurry with a concentration of 0 to 4 percent.  Though the mixing performance and the oxygen 

transfer were enhanced by the agitation, the oxygen transfer efficiency was reduced when using 

agitation due to the increased power demand for mechanical agitation.  Surface aeration in this 

case contributed less than 12 percent to the total oxygen transfer, but may contribute more in 

shallow reactors for animal cell culture.  

Hristov et al. (2004) described the performance of a new geometry Narcissus (NS) 

impeller by using a three-dimensional model with large quantity of networks-of-zones (36,000 

zones).  The NS impellers were used to improve the performance of gas-liquid mixing, mass 

transfer and bioreaction in the system (Hristov et al., 2004).  The new zones in the model were 

modified by readapting the zone volume from the existing computer algorithm for a Rushton 

turbine which kept the original conservation and balance equations unchanged.  The new design 

of this NS impeller helped created the complex upwards and downwards flows which 

contributed to the improvement of the locally dissolved oxygen.  However, whether this higher 

level of locally dissolved oxygen led to higher observed biomass production rates still remained 

uncertain.  Gas hold-up, bubble phase oxygen, liquid-phase dissolved oxygen, nitrate nutrient 

and bioreaction rates were computerized in CFD modeling to visualize the complex fluid 

patterns in this triple impeller bioreactor.  Also, the power consumption was reduced by 30% by 

using a Narcissus (NS) impeller instead of a conventional Rushton turbine.  
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2.5. Scale-Up for Bioreactors 

Bioreactor processes usually can be divided into four scales of operation:  flask level (low 

working capacity and low cost), laboratory level (preliminary procedures), pilot level (optimal 

operating conditions) and production level (large scale and financial return) (Lonsane et al., 

1992).  The scale-up process is commonly referred to the process of reproducing the successful 

results from the laboratory or bench scale equipment to production scale equipment.  To achieve 

effective scale up, some characteristics can be maintained constant, such as reactor geometry, 

maximum shear, power input per unit volume of liquid, mixing time and volumetric oxygen 

transfer coefficient (kLa) (in the aerated system) (Ju and Chase, 1992).  The conventional 

strategies for scale-up are normally based on controlling the impeller speed (N), volumetric gas 

flow rate (Q) and ratio of impeller diameter to the bioreactor diameter (Di/DB).  The volumetric 

oxygen transfer coefficient could also be introduced into the system to represent one of the 

previous parameters.  Ju and Chase (1992) proposed an improved method to replace the 

volumetric oxygen transfer coefficient by the oxygen transfer rate (or gas-phase oxygen partial 

pressure via Henry’s law) in the aerated system, which still involved of parameter power input 

per unit liquid volume.  

The filter system has already been used to grow much higher cell densities since 1969 

when Himmelfarb et al. (1969) increased the density of mouse leukemia L1210 to 108 cells per 

milliliter using a spin filter device to replace (previous methods).  Tolbert et al. (1981) developed 

a rotating filter perfusion system which cultivated high density mammalian cells.  A four-liter 

vessel was first built. Subsequently, a second vessel was scaled up to 40 liters.  Agitation was 

accomplished by rotating the filter (1 µm) which was magnetically driven.  Fresh media were fed 

to the system at a rate of 10 to 20 ml per hour per 109 cells, while the waste was withdrawn via 



23 
 

the filter.  Hence, liquid level was approximately constant (Tolbert et al., 1981).  pH was 

controlled by CO2 and NaHCO3 (0.5 M) to the system automatically to maintain high pH 

environment for the walker 256 rat tumor cell line.  A mixture of carbon dioxide (5 to 10 

percent) and air was provided, as well as pure oxygen at a small flow rate.  The maximum 

concentration could reach nearly 4 x 107 cells per mL for a four-liter vessel, while maintaining 

the viabilities above 95 percent.  On the other hand, for a 40-liter vessel, cell suspension was 

harvested daily after a cell density of 9 x 106 cells per mL was cultivated and maintained.  The 

total yield of 8.7 x 1011 cells was obtained from this system using 360 liters of medium.  The 

conclusions indicated that cells concentration in this system was ten- to thirty-fold higher than 

the traditional Bellco spinners, and the medium usage efficiency was two- to three-fold greater 

than non-perfused systems. 

Applegate (1992) compared the performance of a single-pass ceramic matrix bioreactor 

and an immobilized recycle bioreactor.  The single-pass ceramic matrix bioreactor was showed 

to have higher product yields (80 percent higher of antibody concentration within a residence 

time of 200 minutes which was much less than the recycle one), simpler operation modes, and 

better axenic conditions.  Hydrodynamic and interfacial forces caused by a conventional oxygen 

supply method could be damaging to cells.  Also, recycled medium may impact cell viability and 

cell protein production adversely due to modest oxygenation.  This single-pass bioreactor used a 

unique oxygenation method which allowed the oxygen to be supplied along the entire reactor.  

Gaseous oxygen passed through the silicone tube, across the open channel, and then was 

consumed by entrapped cells in the porous wall.  Shear forces were minimized since the cells 

were entrapped into the porous wall.  Plug flow operation in this single-pass bioreactor gave 

many other advantages over conventional bioreactors, such as high protein production and cell 
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viability at the beginning of the reactor (Applegate and Stephanopoulos, 1992).  The scale-up 

criteria for this single-pass bioreactor was straightforward due to its proper design and based on 

maintaining a minimum dissolved oxygen concentration, which satisfies cell growth and occurs 

at the midsection of the porous wall according to the concentric cylinder approximation for 

oxygen concentration distribution.  Either the oxygen concentration in the inlet gas flow or the 

total amount of the gas flow could be increased to increase the maximum bioreactor length.  

Moreover, ceramic monoliths, which was used in this bioreactor to retain cells, were considered 

to have better performance in controlling the maximum diffusional lengths and oxygen demand 

in volumetric base among other materials.  

In the suspension animal culture, stirred bioreactors are one of the most competitive 

designs. Chisti (1993) scaled up a stirred bioreactor from 0.02 to 0.3 m3, while maintaining a 

high concentration for hybridoma cells.  A series of three bioreactors (0.02, 0.075 and 0.3 m3) 

were established.  The appropriate aeration was controlled by the four-hole sparger which was 

half way between the propeller and the bottom of the tank, because, though the porous-metal 

sparger gave a higher mass transfer coefficient, it generated small bubbles which formed highly 

densely packed foam (Chisti, 1993).  The experimental results revealed that a cell density of 

nearly 2 x 1012 cells per m3 and high viability (about 75 percent) were obtained after 45 to 50 

hours at a constant impeller speed of 1.67 m s-1 in a 0.3 m3 bioreactor.  Mechanical impeller 

operation and foam control seemed to have negligible effects on cells.  Hybridoma cells were 

shown to have a larger ability to withstand shear stress than expected.  High impeller tip speed 

(>1m s-1), Reynolds numbers (>105), and the size of energy-dissipating terminal eddies (>10 fold 

that of the hybridoma cells) did not cause significant damage to cells in this bioreactor up to 0.3 

m3. 
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Bioreactors with a rotating filter (or called spin-filter based bioreactor) are commonly 

applied in continuous perfusion system. Yabannavar et al. (1994) successfully scaled up a spin-

filter perfusion bioreactor for mammalian cell retention from 12 L (with high cell densities up to 

107 mL-1) to 175 L both in working volume.  Filter screens with 25 µm pore size was chosen to 

avoid the clogging.  The rotational speed of the filter was proved to have large effect on cell 

retention and screen clog; high speed led to cell rupture and low speed caused screen clog.  In the 

other words, the ratio of permeation drag (which is related to the fluid exchange across the 

screen) to lift drag should be kept below a certain value to avoid the screen clog.  The spin-filter 

speed was 28 RPM for a 170 L working volume bioreactor or ABEC bioreactor, while the 

original was 50 RPM for 12 working volume bioreactor or MBR bioreactor.  The experimental 

data for fluid exchange (exchange flow per working volume) was notably similar between two 

different sizes of reactors when the working conditions were set to be equivalent.  Cell counts 

were similar, also.  The similarity of cell retention results confirmed the equivalent performance 

of the two bioreactors with different size.  

In Tolbert’s work, as described before, he actually experienced screen fouling after two 

weeks.  Deo et al. (1996) studied a series of parameters (spin-filter rotation speed, perfusion rate, 

cell density) that can cause screen fouling and finally scaled up the model from 7 L to 500 L 

successfully.  The screen fouling phenomenon was examined by using scanning electron 

microscopy.  They concluded that a raise in the spin-filer area per reactor volume would lead to a 

proportional increase in perfusion capacity without screen fouling under the condition of fixed 

rotational velocity and cell concentration (or  ) (Deo et al., 1996).  Hence, 

the design for a scale-up bioreactor was established based on that conclusion.  It was desirable to 

increase the ratio of the spin-filter diameter to height in order to increase perfusion capacity 
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which led to the better performance in long term use for large scale reactor according to the 

proposed equation.  Also, the perfusion capacity, which could be increased by raising rotational 

spin-filter velocity, contributed to the cell concentration.  As shown in their research, about 1.0 

kg of antibodies (with concentration of 75 mg per liter) could be produced in one 500-liter 

reactor within one month, which would require 5000 – 10000 L bioreactor if using batch or fed-

batch systems. 

 Shukla et al. (2001) used the volumetric mass transfer coefficient (kLa) as a standard to 

scale up the biotransformation process (yeast isolate VS1 used to biotransform benzaldehyde to 

L-phenyl acetyl carbinol or L-PAC) in a shaking flask (100 ml) to a stirred tank (5 L) which used 

dual impeller.  The fractional hold-up and kLa were measured to be highest in the air-water 

system, followed by growth medium, and then biotransformation medium. Also, corresponding 

correlations for gas hold-up and kLa were developed under the conditions of different medium, 

and were consistent with other literatures except for the case of biotransformation medium.  The 

correlations were used to optimize the impeller speed and air flow rates.  Moreover, more cell 

mass (78% more) and higher yield of L-PAC (desired product) were obtained in the bioreactor 

than the shaking flask for 2 hours of reaction, which may be due to better mixing performance in 

the bioreactor than that in the shaking flask.  

Xing et al. (2009) scaled up a bioreactor with multiple marine impellers for CHO cell 

culture process to 5,000 L from the bench scale 5- and 20-L bioreactor, using parameters of 

oxygen transfer coefficient, mixing time and carbon dioxide removal rate.  This large bioreactor 

was observed to have the maximum viable CHO cell capacity of 7 x 106 cells mL-1.  Empirical 

equations showed that in comparison to the bench scale reactor, the 5,000 L bioreactor had a 

lower oxygen transfer coefficient (which could be improved by increasing bottom air sparging 
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instead of increasing power input), longer mixing time (the potential significant existence of pH 

and DO gradients in large scale may lead to serious implications for the cell cultivation), and 

lower carbon dioxide removal rate (a result due to higher pCO2 level in cell culture).    However, 

more efforts were needed to optimize the bulk mixing and carbon dioxide removal, since the 

liquid volume increased dramatically in the bioreactor with fed-batch mode. 

 

2.6. Calculations for Reynolds Number 

 In fluid systems, the Reynolds number (Re) is widely calculated to help identify the flow 

patterns in different situations.  The idea was first proposed by George Gabriel Stokes for 

introducing similar properties to his basic equations of viscous flow in 1850 (Stokes, 1850).  The 

Reynolds number was named after Osborne Reynolds who set forth the law in 1883 (Reynolds, 

1883; Rott, 1990).  The definition of the Reynolds number is the ratio of inertial forces to 

viscous forces, defining laminar or turbulent flow.  Laminar flow occurs when the Reynolds 

number is small, or viscous forces are the primary forces in the system, thus generating parallel-

layer flow.  Similarly, a high Reynolds number where the inertial forces dominate will result in 

turbulent flow.  

 The general Reynolds numbers is as follows: 

 

 

（2-13） 

where  is the density of the fluids (kg m-3);  is the velocity (m s-1);  is the characteristic 

length (m);  is the dynamic viscosity of the fluids (Pa-s or kg m-1 s-1);  is the kinematic viscosity 

of the fluids (  , m2 s-1). 
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For fluids between concentric cylinders with inner cylinder rotation with no axial 

pressure gradient, the expression for the Reynolds number can be (Bilgen and Boulos, 1973; 

Lathrop et al., 1992): 

 
 

（2-14） 

where  is the rotational Reynolds number based annulus gap;  is the density of the fluids 

(kg m-3);  is the angular velocity of inner cylinder ( , radians per 

s);  is the radius of inner cylinder (m);  is the radius of outer cylinder (m);  is the dynamic 

viscosity of the fluids (Pa-s or kg m-1 s-1).  

Similarly, if we rewrite the equation above for the Reynolds number in concentric 

cylinders with outer cylinder rotation with no axial pressure gradient, we obtain: 

 
 

（2-15） 

where  is the angular velocity of outer cylinder. 

When the rotational Reynolds number is less than 64, the system flow is laminar; when 

the rotational Reynolds number is larger than 500, the system flow is turbulent; for the case of 

the Reynolds number between 64 and 500, the system flow is transient.  Under certain conditions 

of two cylinders rotating in the same direction, the fluids could be either stable everywhere or 

unstable everywhere.  In addition, when two cylinders rotate in opposite directions, the 

phenomenon will be observed that the region close to the inner cylinder tends to be unstable, 

while the region close to the outer cylinder is normally stable (Childs, 2012).  Toroidal vortices 

were formed in these cases and could be explained by Taylor vortex flow theory (Taylor, 1923).  

Experiments also supported this existence of vortices.  Kaye and Elgar (1958) revealed that four 
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modes of flow existed in an annulus with an inner rotating cylinder:  laminar flow; laminar flow 

plus Taylor vortexes; turbulent flow; turbulent flow plus Taylor vortexes. 

 

Figure 2.2. Taylor vortices cells (the inner cylinder had higher rotational speed than outer 

cylinder)  (Childs, 2012) 

When the case of the axial flow through the annulus exists, axial Reynold numbers will 

be also be calculated (Becker and Kaye, 1962; Chandrasekhar, 1959): 

 
 

（2-16） 

where  is the axial Reynolds number;  is the velocity of the axial flow;  is the radius of 

inner cylinder (m);  is the radius of outer cylinder (m);  is the dynamic viscosity of the fluids 

(Pa-s or kg m-1 s-).  

 

2.7. Computational Fluid Dynamics (CFD) 

In recent years, computational fluid dynamic (CFD) tools are used widely to predict the 

fluid pattern and study the hydrodynamics of the bioreactors.  Mudde (2001) used two- and three 
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dimensional (2D and 3D) simulations to predict the liquid circulation rate and gas fraction of an 

airlift reactor under steady state at low gas flow rates.  The two-fluid flow with a modified k-ԑ 

turbulence model was used.  The 2D (using developed code) and 3D simulations (using 

FLUENT 4.5) were found to be in good agreement with the mechanical energy balance (1D) 

(Mudde and Van Den Akker, 2001).  The three-dimensional CFD results were considered to be 

more realistic than two-dimensional ones as a result of the deviations when compared to the 

LDA data.  

Dhanasekharan (2005) proposed a generalized method to model oxygen transfer in airlift 

bioreactors.  The standard k-ԑ model was used to simulate the turbulence (Dhanasekharan et al., 

2005).  The results (gas holdup and volumetric mass transfer coefficients) obtained from the 

three-dimensional CFD simulation (by using FLUENT 6) for two-phase flow (air and water) 

using a full multi-fluid Eulerian model were compared with the experimental data of Kawase and 

Hashimoto (1996).  The overall predictions were in the same order and were in good agreement 

with experiment.  

In Fayolle’s work (2007), an experimentally validated numerical tool based on 

computational fluid dynamics (FLUENT 6.2) was used.  The Euler-Euler model derived from the 

Navier-Stokes equations was selected to simulate the bubbly flow.  The local axial velocity and 

gas hold-up were well reproduced by the CFD model both at the operating conditions of aeration 

and no aeration.  The measurement error for mean axial liquid velocity was found to be around 

ten percent, and five percent for volumetric oxygen transfer coefficient (Fayolle et al., 2007).  

Simulation results were consistent with the fact that a larger bubble size will induce a smaller 

oxygen transfer coefficient.  
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Santhosh (2010) investigated the effect of rotational Reynolds number (ReΩ) and axial 

Reynolds number (Rea) on heat transfer and fluid flow in an annulus (radius ratio of 0.5) with an 

inner rotating cylinder and outer stationary wall.  Two dimensional axial symmetric steady and 

incompressible flow (air) was simulated by CFD (FLUENT 6.3).  The standard k-ԑ model was 

coupled with the incompressible Navier-Stokes equations.  The effect of rotational Reynolds 

number on axial velocity occurred only when the axial Reynolds number was small, while the 

axial Reynolds number did not affect swirl velocity significantly (Sukumaran et al., 2010).  The 

computational work was validated with experimental work. 

Perez et al. (2013) simulated the turbulent flow of a rotating cylinder electrode with 

different geometry of counter electrodes (four-plate, six-plate and concentric cylinder).  The 

Reynolds averaged Navier-Stokes (RANS) equation along with turbulent viscosity and the 

standard k-ԑ turbulence model was solved by using boundary conditions of universal logarithmic 

wall function (Pérez and Nava, 2013).  The arrangement of four-plate and six-plate reactors was 

showed to develop turbulent Taylor vortex flow via 3-D simulations.  Moreover, the 

hydrodynamics of the concentric situation was found to be superior to other two cases because of 

the quasi stagnant zones caused by plates near to plates and on the wall free of plates. 

 

2.8. Cell Culture 

Most cells (except for certain cells in blood) derived from tissues are anchorage-

dependent, and so thereby require a surface upon which to grow.  During attachment to the 

surface, cells divide and expand to cover the surface.  The cell division stops when the entire 

surface is covered by the monolayer of cells or called contact inhibition.  Then the detachment 

was conducted to degrade the protein that attaches cells to the surface by enzyme.  The released 
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cells were transferred to the vessels for further cultivation or experimental purpose.  For 

suspended cells, expansions are conducted by simply diluting cells with fresh medium step by 

step until reaching the require cell culture volume for experiments.  Normally, the capacity of 

cell division could be 40-60 times of the original cell until the Hayflick limit is reached, after 

which cells become senescent (Hayflick, 1965; Shay and Wright, 2000).   

Theoretical equation for the exponential growth in the batch could be described as: 

 
 

(2-17） 

where X is the biomass concentration (dry weight per unit volume, g·L-1) at time t (hr);  is the 

specific growth rate (hr-1).  The exponential equation was only applied when the substrates are in 

excess state (Herbert et al., 1956). 

In addition, if the feed media are sterile the changes of cell concentration in a continuous 

system (or a chemostat) could be described as follows (Herbert et al., 1956; Jannasch et al., 

1969): 

 
 

(2-18） 

where D is the dilution rate (hr-1), and can be defined as: 

 
 

(2-19） 

where F is the flow rate (L·hr-1); V is the liquid volume of reactor (L); τ is the mean residence 

time (hr). 

When the specific growth rate is less than the dilution rate, the cells cannot maintain the 

concentration and will be washed out; if the growth rate is equal to dilution rate, the system 

reached steady state, i.e. cells maintains a constant concentration. Thus, through manipulating 

the dilution rate, the growth rate could be controlled.  
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Chapter 3 - Enhanced Oxygen Delivery to a Multiphase Continuous 
Bioreactor 

Abstract 

 This research investigates a novel continuous bioreactor with significant improvement in 

gas-liquid transport phenomena.  This bioreactor is an automated, horizontally-rotating 

bioreactor consisting of an outer cylindrical shell and a core with adjustable rotating velocities 

operated in continuous mode.  The under-filled bioreactor provides a multiphase environment for 

the cell line beneficial for improving the gas-liquid transport phenomena.  A spiroid tube is 

embedded in the inner surface of the outer wall of the bioreactor to increase gas-liquid contact 

area and thus improve oxygen transfer.  Computational fluid dynamics simulations were 

performed to determine the optimum operating conditions for oxygen transfer.  The oxygen 

transfer rates were determined experimentally, and the related volumetric mass transfer 

coefficients (kLa) were predicted by mathematical models at a variety of operating conditions.  

The results indicate that a reactor with an embedded spiroid reached saturation approximately 

two times faster than without the spiroid.  

 

Keywords: Multiphase Computational Fluid Dynamics, Continuous Bioreactor, Oxygen 

Transport Phenomena, Roller Bottle, Spiroid
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3.1. Introduction 

Bioreactors have the potential to be applied in large-scale industrial processes to increase 

productivity.  Bioreactors can be simply defined as devices that simulate or provide the most 

favorable conditions for specific cell lines.  Various bioreactors (e. g. bubble columns, agitated 

reactors, roller bottles, membrane bioreactors) have been applied in the engineering and 

industrial production.  Biological and biochemical experiments conducted in specific devices are 

controlled under a range of operating conditions in order to seek an optimal method to produce 

pharmaceuticals (e. g. antibodies, hormones, viral vaccines), solve environmental issues (e. g. 

wastewater treatment), process food, provide energy source (e. g. conversion of corns to alcohol) 

and supply cells and tissues lines (Martin et al., 2004). 

In many biological cell cultivations, shear stress and oxygen transport of the bioreactor 

are normally considered to be two of the most limiting factors for the production results.  Shear 

forces are known to have influences on cell shape and membrane structure, which in turn affect 

the physiology (e. g. metabolism of cells, protein synthesis, DNA and RNA mechanisms) (Abu-

Reesh and Kargi, 1989; Ben-Ze’ev et al., 1980; Dewey et al., 1981; Farmer et al., 1978; Folkman 

and Moscona, 1978; Stathopoulos and Hellums, 1985).  The sensitivity of cells to shear stress 

may vary with the stage of growth, the cultivation culture, and operation conditions (Petersen et 

al., 1988).  To inhibit the activation of human cervical carcinoma HeLaS3 and mouse abdominal 

fibroblast L929 in the environment of turbulent flow through stainless steel capillaries, 

Augenstein et al. (1971) concluded that an average wall shear stress of (0.1-2.0) x 103 N m-2 

should be achieved.  Leukocytes could be sheared away from the vascular endothelium by shear 

stress at a range of 26.5 and 106 N m-2 in the rabbit omentum (Schmid-Schoenbein et al., 1975).  

McQueen et al. (1987) observed that a threshold average wall shear stress of 180 N m-2 would 
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lyse suspended mouse myeloma cells in the resulting turbulent capillary flow.  The biochemical 

response of human T cells to the lectin phytohemagglutinin-P (PHA-P) would be affected when 

the shear stress was 10 to 20 N m-2 over 10 minutes (Chittur et al., 1988).  For erythrocytes in 

tube flow (three mm tube and whole blood), hemolysis would occur in the entrance with the 

shear stress of 4000 N m-2 (Blackshear and Blackshear, 1987), which was in agreement with the 

conclusion from Bernstein et al. (1967) that the critical shear stress for the lysis of erythrocytes 

in turbulent jet was measured as 6000 N m-2 for brief exposures (around 10-5 s).  For hybridoma 

cells sheared in a coaxial cylinder Searle viscometer, a shear stress level of over 5 Pa in the 

turbulent regime would damage cells over 0.75  hour exposure  (Abu-Reesh and Kargi, 1989).  A 

rapid decrease in cytosolic pH of rat aortic endothelial cells cultured in glass capillary tubes  

resulted from laminar shear stress (1.34 N m-2 of shear stress led to the maximal effect 0.09 pH 

unit) (Ziegelstein et al., 1992).  The existence of shear stress cannot be avoided in most 

bioreactors.  Generally, the damage of shear stress resulting from turbulent flow is more severe 

than that from laminar flow (Chisti, 2001).  Thus, a bioreactor with low shear stress is desired in 

cell cultivation. 

Oxygen transfer is one of the most important factors for aerobic bioprocesses.  Aerobic 

bioprocesses normally take place in the aqueous phase where the oxygen solubility could be low 

due to ionic salts and nutrients (Suresh et al., 2009).  However, the consumption rate of oxygen 

for cells is generally high. Hence, the growth of almost any microorganisms is limited to the 

amount of oxygen transferred.  An increase of amount of dissolved oxygen will result in the 

increase of secondary metabolites of cells, while the limited oxygen will lead to the decrease of 

metabolic rate (Vardar and Lilly, 1982).  Oxygen transfer rate may be influenced by various 

parameters including the physical properties of gas and liquid, operational conditions, choice of 
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bioreactor and presence of biomass (Garcia-Ochoa and Gomez, 2009).  Many innovative 

methods have been used to improve the amount of dissolved oxygen, including the use of various 

bioreactors (e. g. stirred reactor, bubble column, shaking flasks (Maier et al., 2004, 2001), gas-

lift bioreactors), using silicone membrane oxygenation to provide oxygen for large scale cell 

production (Fleischaker and Sinskey, 1981), adding an organic phase (often called oxygen 

vectors) to the system (Ede et al., 1995), adding a sample loop spiroid, wall baffles and center 

baffles to a continuous roller bottle reactor (Berson et al., 1998), introducing oxygen enriched air 

to the system, using hyperbaric air to aerate the bioreactor (Belo et al., 2003). The results from 

these modifications were promising, however, a simpler and more effective method to improve 

oxygen transfer was proposed in this study involving only adding a spiroid.  This study 

demonstrated the ability of one novel rotating bioreactor with a spiroid to transfer oxygen to the 

liquid phase in the absence of living cells two times faster than did the same reactor without a 

spiroid.  Were cells to be cultivated in this bioreactor, since the oxygen would be continuously 

consumed by the cells, the oxygen in the system would remain unsaturated; therefore, with the 

spiroid oxygen can be continuously aerated into the liquid phase increasing the efficiency of 

aeration.     

Computational fluid dynamic (CFD) tools are used widely to predict the fluid pattern and 

study the hydrodynamics of the bioreactors.  Cockx et al. (2001) applied the CFD code ASTRID 

in two-phase aeration reactors which predicted the dissolved gas concentration and optimized 

gas-liquid interfacial mass transfer process.  Mudde and Van Den Akker (2001) used two- and 

three dimensional simulations to predict the liquid circulation rate and gas fraction of an airlift 

reactor under steady state at low gas flow rates by applying a modified k-ԑ turbulence model.  

Dhanasekharan et al. (2005) proposed a generalized method to model oxygen transfer in airlift 
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bioreactors with the standard turbulence k-ԑ model, which was in good agreement with the 

experimental data from Kawase and Hashimoto (1996).  In Fayolle’s work, an experimentally 

validated numerical tool based on computational fluid dynamics was used to precisely predict the 

aeration situation in different tanks (Fayolle et al., 2007).   

This research investigated the use of an automated, horizontally-rotating bioreactor 

consisting of a rotating outer cylindrical shell and a counter-rotating core operated at various 

conditions.  The inlet flow made the bioreactor a continuous system and provides additional 

medium with little effect to the system.  The revolving cylinders with appropriate velocities (4 

rpm, 6 rpm, 8 rpm) improve the mixing performance without causing cell damage due to the low 

shear stress.  Furthermore, a spiroid tubing (8 turns) was attached to the wall of the outer 

cylinder to improve oxygen transfer.  Experiments were conducted to compare the rates of 

oxygen transfer between the system with and without the spiroid.   

 

3.2. Materials and Methods 

3.2.1. Experimental Apparatus 

Roller bottles are commonly used in cell cultivation.  However, the operation of roller 

bottles is limited to batch operation.  A continuous bioreactor is more attractive because the 

medium and oxygen can be added to the system continuously, thereby increasing the production 

of cells and cellular products. 

Figure 3.1 illustrates the structure for this bioreactor with a spiroid.  This bioreactor 

consists of an outer shell and an inner core, each with adjustable rotational velocities to provide a 

variable shear-rate environment and control the mixing performance in this reactor.  The spiroid 

attached to the outer cylinder is designed to improve the oxygen transport through increasing the 
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gas-liquid contact areas.  Spiroid ports are located at the reactor exit and entrance.  Two motors 

allow independent rotation of the outer and inner cylinder of the bioreactor, either in concurrent 

or countercurrent rotation.   

 

Figure 3.3. Bioreactor Design.  For dimensions see Table 3.1 

 

Table 3.1. Bioreactor Dimensions 

Parameter Value (m) 
Core Length 0.0858 
Core Shaft + Hub Part Length 0.00696 
Shell Length 0.100 
Shell Shaft Length 0.00782 
Spiroid Tubing Length 1.09 
Core Diameter 0.0254 
Shafts’ Diameter 0.0117 
Shell Inner Diameter (I.D.) 0.0444 
Spiroid Tubing Inner Diameter (I.D.) 0.00476 
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The specific dimensions of the bioreactor are found in Table 3.1.  The original bioreactor 

has a volume of 1.109 x 10-4 m3 and the surface area of 0.0252 m2.  The bioreactor with spiroid 

loop was prototyped using a 3D printer.  To reduce loss of reactor volume, the spiroid was 

embedded in the inside wall of the shell.  The bioreactor with the spiroid has a similar volume of 

1.088 x 10-4 m3 and a surface area of 0.0460 m2, almost twice the original surface area).  When 

the rotation starts, liquid is transported by the spiroid tube from the exit end to the entrance end 

of the bioreactor.  Since the bioreactor is partially filled with liquid, the spiroid transports 

segments of liquid and gas, increasing the gas-liquid contact areas and oxygen mass transfer.  

This reactor can be operated in the batch mode, if necessary.   

Figure 3.2 (a) and (b) shows the process flow diagram of the system before operation and 

in operation, respectively.  The experimental work for measuring oxygen concentration and mass 

transfer coefficient were conducted using water.  Nitrogen was bubbled through the water for 

two hours to eliminate any dissolved oxygen.  In addition, oxygen was continuously aerated 

through the reactor for a long period of time to ensure the reactor was full of oxygen before 

conducting experiments.  The pre-treated water was then pumped to the reactor in high flow rate 

(to reduce the oxygen and water contact time before the rotation) until 2/3 of the reactor was 

filled.  Then, the tubing of the system was reconnected to be a closed system so that the fluids 

could flow through the oxygen probe.  The optimal operating conditions were determined by 

using CFD simulations.  The corresponsive oxygen concentration measurement was achieved by 

using a micro oxygen probe (Model DO-166FTL-XS, Lazar Research Laboratories, Los 

Angeles, CA, USA) to take data automatically and periodically.  The collected data were plotted 

and analyzed to calculate the volumetric mass transfer coefficients through solving theoretical 

equations.  
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(a) 

 

(b) 

Figure 3.4.  Process Flow Diagram. (a) Process Flow Diagram for the System before Operation; 

(b) Process Flow Diagram for the System in Operation 
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3.2.2. Preliminary Simulations for Experimental Operating Conditions 

As mentioned, CFD simulations were used to analyze the possible behavior of the fluids 

and mixing performance in this novel bioreactor under the multiphase situation.  Simulations 

were conducted to predict mixing performance under various operating conditions (4 rpm, 6 rpm 

and 8 rpm with concurrent and countercurrent rotations) that would occur in the experiments in 

order to find out the most optimized one.  Results obtained from simulations were important 

auxiliary materials for further experiments.  Moreover, the optimized operating conditions will 

be used in the future scaling-up.  

ANSYS workbench version 16.0 (Ansys, Inc., Canonsburg, PA, US) was used in this 

research to carry out the simulations.  Some appropriate assumptions should also be made in the 

computational dynamic fluid simulations, such as homogenous, Newtonian fluids, 

incompressible fluids, isothermal process and gravity existence.  Two equation turbulence 

models (derived from Reynolds Averaged Navier-Stokes or RANS equations) are one of the 

most widely used and economic models to solve practical fluid engineering problems.  In this 

study, the realizable k-ԑ turbulence model in combination with the Enhanced Wall Treatment 

(EWT) (which has the most consistent wall shear stress and is least sensible to y+ values) was 

applied in this research.  k is the turbulence kinetic energy per unit mass (J kg-1 or m2 s-2), and ԑ 

is the dissipation rate per unit mass (J kg-1 s-1 or m2 s-3).  The realizable k-ԑ model satisfies 

uniquely the realizable constraints on the normal Reynolds stresses and the unequal Schwartz 

shear stresses for the turbulent flow among any other k-epsilon turbulence models (Argyropoulos 

and Markatos, 2014).  
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 For a two-phase (air and water, or dispersed and continuous phase) system, the equation 

of continuity for phase N (gas or liquid phase) with volume fraction of  could be written as 

follows: 

 
 

（3-

20） 

where  is the volume fraction of phase N;  is the density of phase N (kg m-3);  is the 

velocity vector (m s-1) of phase N; t is the time (s);  is the mass interaction term (kg m-3 s-1) or 

the rate of transfer of mass to the phase N from the other phase, which results from a phase 

change or chemical reaction. In this case, the mass interaction term will be neglected. 

The equations of momentum could also be written in the i direction with substituting 

equation of continuity for simplification (Brennen, 2005):  

 
 

（3-

21） 

where the subscripts i, j and k represent three directions (x, y, z axis) separately; g is the 

gravitational acceleration (m s-2);  is the force per unit volume (N m-3) exerted on the 

inclusion and follows ;  is 0 for the disperse phase and 1 for the continuous phase; 

 is the pressure (Pa);  is the shear stress (Pa). 

 The transport equations for the realizable k-ԑ turbulence model (Shih et al., 1995) 

involving k (turbulence kinetic energy) and ԑ (the dissipation rate) could also be written as: 

 
 

（3-

22） 
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（3-

23） 

where ; ; S is the modulus of the mean strain rate tensor, 

 (s-1);  is the mean strain rate,  (s-1); ; ; 

;  is the component of the flow velocity parallel to the gravitational vector (m 

s-1);  is the component of the flow velocity perpendicular to the gravitational vector (m s-1);  

is the turbulent Prandtl number for k, ;  is the turbulent Prandtl number for , 

. 

Moreover,  is the turbulent or eddy viscosity (Pa-s);  is the generation term because 

of the mean velocity gradients (J s-1 m-3 or kg m-1 s-3);   is the generation term due to the 

buoyancy, (J s-1 m-3 or kg m-1 s-3);  is the effects from the fluctuating dilatation in the 

compressible turbulence on the overall dissipation rate (J s-1 m-3 or kg m-1 s-3);  is the kinematic 

viscosity (m2 s-1);  (J s-1 m-3 or kg m-1 s-3) and  (J s-2 m-3 or kg m-1 s-4) are user-defined 

source terms.     

In general, fluids flow through the reactor from right to left in the simulation process.  

The thin and small tubes attached to the geometry were used to simulate the inlets and outlets.  

Also, in the simulations the maximum skewness of the mesh or grid was about 0.86, which was 

acceptable for the following computational simulations.  Two thirds of the bioreactor was filled 

with liquid (water), and the rest (the head space) was filled with air.  Multiphase model was 

considered by using the Euler-Euler method.  Appropriate boundary conditions were set 

carefully for each phase.  Since the flow pattern of the water phase was what should be analyzed, 
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water was set as the primary phase, and air is the secondary phase.  Furthermore, the pressure in 

the head space of the bioreactor was assumed to be atmospheric.  

 

3.2.3 - Mathematical Modeling for Measuring Gas-Liquid Mass Transfer Coefficients 

3.2.3.1 - Modeling without a Spiroid Loop 

Generally, interphase mass transfer could be summarized as three steps:  the transfer of 

oxygen from the bulk air to the interface of air and water, across the interface, and from the 

interface to the bulk water.  To simplify the gas-liquid mass transfer, a two-film model or a two-

resistance theory proposed by Whitman could be used appropriately (Whitman, 1923).  

According to the theory, oxygen transfer rate between phases is controlled by the diffusion rate, 

which is instantaneous thus leading to the equilibrium at the interphase all the time. 

In the oxygen data measurement, the closed circulation loop was designed to record 

oxygen concentrations automatically at regular time intervals.  Moreover, the recirculation flow 

rate from spiroid was much higher than the inlet and outlet flows, and the circulation loop can be 

viewed as a small outside volume of the reactor.   

To determine the gas-liquid mass transfer coefficients in the original reactor without a 

spiroid loop, for direct comparison with the reactor with a spiroid loop, a mass balance equation 

could be written for this batch reactor as follows: 

 
 

（3-

24） 

where  (mol lit-1) is the dissolved oxygen concentration in water measured using a micro 

oxygen electrode where liquid can flow through;  (s) is time be measured by a stopwatch;  is 

the mass transfer coefficient (m s-1);  is the gas/liquid interface area per liquid volume ( ); 
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 (s-1) are usually measured together as volumetric mass transfer coefficient, can be obtained 

using dynamic technique, as the slope of  as a function of time;  (mol lit-1) is the 

saturated oxygen concentration in water.  Theoretical saturation oxygen concentration can be 

calculated by using Henry’s Law and is associated with the operating temperature.  But in this 

modeling, the saturation oxygen concentration was measured as the final oxygen concentration. 

Equation (3-5) can also be expressed using exponentials as follows: 

  
（3-

25） 

where  (mol lit-1) is the initial dissolved oxygen concentration in the system. 

 

3.2.3.2 - Modeling with the Spiroid Loop 

The system with spiroid loop is more complicated due to the recirculation process.  To 

simplify the calculation, the system with spiroid loop was divided into two parts, the spiroid loop 

and the chamber.  Part of the liquid in the chamber flows through the spiroid tubing and exits the 

spiroid tubing back to the chamber, as shown in Figure 3.3.  The mass transfer coefficients for 

the spiroid loop and the chamber are calculated separately to investigate the influence of the 

spiroid loop to the oxygen transfer. 
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Figure 3.5.  Circulation Process 

To simplify the calculation for the gas-liquid mass transfer coefficient in the spiroid loop, 

the spiroid loop can be treated as a long tube with both inlet and outlet flows as shown in Figure 

3.3.  The dissolved oxygen concentration increased when moving through the spiroid loop.   

 

Figure 3.4.  Simplified Spiroid Loop 

A mass balance on the spiroid loop yields：  

 
 

（3-

26） 

 After simplifications: 

 
 

（3-

27） 

Similarly, a mass balance equation for the chamber could be written in the form to be 

consistent with the inlet and outlet of the spiroid as: 

 
 

（3-

28） 

After simplifications: 

 
 

(3-29) 

where  and  (mol s-1) is the molar flow rate of dissolved oxygen entering and exiting 

the spiroid from and to the reactor;  (s-1) and  (s-1) are the volumetric mass transfer 
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coefficient for the spiroid loop and the chamber respectively;  (mol L-1) is the concentration of 

the dissolved oxygen in the inlet flow to spiroid, or the dissolved oxygen concentration in the 

chamber;  (mol L-1) is the concentration of the dissolved oxygen in the outlet flow from 

spiroid, or the inlet concentration to the chamber;  is defined as the same as before (mol L-1);  

(m3 s-1) is the volumetric flow rate flowing into and exiting from spiroid loop, which could be 

approximately calculated based on the radius of the spiroid tube and the linear tangential velocity 

inside the rotational reactor at the place where the spiroid loop was attached; the linear tangential 

velocity is related to the rotational speed and the place where spiroid loop was attached; (m3) is 

the liquid volume of the bioreactor;  (m3) is the liquid volume of spiroid tube which involves 

the liquid fraction of 2/3 and the length of the spiroid tube.  

 Two boundary conditions are needed to solve the two differential equations.  The 

dynamic lag in the spiroid was neglected because no obvious data changes were observed in 

experiment with current time scale.  The boundary conditions for the spiroid loop and the 

chamber can be summarized as: 

  （3-30） 

  (3-31） 

 The two adjustable parameters were the volumetric mass transfer coefficients.  The 

differential equations could be solved and fitted to the experimental data to get the volumetric 

mass transfer coefficients for the spiroid loop ( ) and the chamber ( ), respectively.  

 

3.3 - Results and Discussion 

To investigate the effects of rotational rate and rotation direction, velocity vector 

simulations were performed.  Normally, the fluids near a moving plane have about the same 
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velocity as the plane.  From velocity vector (m s-1) of the fluids in Figure 3.5 (a) to (c), the 

maximum velocity occurred at the wall of the outer cylinder and had the same value as the outer 

cylinder (indicated by the red color), while the minimum velocity occurred at the wall of the core 

cylinder and had the value of 0 (represented in blue).  Also, the velocity of fluids near the core 

areas was nonzero from Figure 3.5 (d) and (e) due to the rotational core and core shaft at given 

values, which was marked in yellow.  At low rotational speed, the rotating inner cylinder had 

little effect on the system as seen in Figure 3.5 (c), (d) and (e). 

The fluid flow patterns were consistent and an increasing trend with no major differences 

between velocity vectors under various operating conditions (both rotational rates and rotational 

directions).  The minor difference of velocity profiles and velocity vectors under different 

operating conditions was due to the low rotational velocities of the system and small difference 

between rotational velocities, which resulted in an almost stationary and low shear system.  

Thus, the operating experimental conditions selected were rotating outer cylinder at 4 rpm, 6 

rpm, 8 rpm, and counter rotating cylinders only at 8 rpm (since rotational directions seemed to 

have minor effect on the mixing performance based on simulations).  

   

(a) Outer Cylinder Rotational at 4 rpm                                     (b) Outer Cylinder Rotational at 6 rpm 
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(c) Outer Cylinder Rotation at 8 rpm                               (d) Concurrent Inner and Outer Cylinder Rotation at 8 rpm 

   

(e) Countercurrent Inner and Outer Cylinder Rotation at 8 rpm  

Figure 3.6. Velocity Vectors at Various Conditions (Multiple Phases - 2/3 fluid volume) 

As could be concluded from Figure 3.6, the magnitudes for average wall shear stress are 

small (in the order of 10-2) and positively proportional to the rotational velocity.  The maximum 

average shear stress at 8 rpm in this system was far less than the average shear stress that would 

inhibit the behavior of most cell lines.  The rotation of the inner cylinder did increase the average 

wall shear stress of the system by a small amount.  Considering the effects from rotational 

directions, the average wall shear stress did not differ much on the rotational direction of the 

inner cylinders, or seemed to be independent of the rotational directions at low rotational 
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velocities (less than 8 rpm).  Thus, the outer cylinder rotation had a larger effect on the wall 

shear stress and velocity distribution than that of the inner cylinder.  

 

Figure 3.7. Average Shear Stress versus Rotational Velocity 

 Based on the CFD results, the outer cylinder was rotated at 4 rpm, 6 rpm, 8rpm, and the 

inner cylinder was rotated countercurrently at 8 rpm with and without the spiroid.  The study of 

the bioreactor without spiroid was to be a comparison or a control experiment for the one with 

spiroid. The main purpose of this comparison was to illustrate the advantage of using spiroid, 

which will help improve oxygen transfer.   

A minimum of five experiments were conducted under the same operating conditions.  

Figure 3.7 illustrates the results with standard deviations shown as an error bar.  The regression 

lines for the oxygen data which could be obtained by using the equations discussed before were 

also plotted.  The regression lines showed a good fit to the experimental data.  As described 
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previously, the water used was pretreated with nitrogen, which gave near-zero initial 

concentrations.  As the dissolved oxygen curves flatten, the concentration of oxygen in the liquid 

phase approached its saturation state. 

As indicated in Figure 3.7, the time for oxygen to reach the equilibrium state decreased 

with increasing rotational speed with and without spiroid.  For experiments at 4 rpm, the oxygen 

saturation time was about 40 minutes without the spiroid and about 20 minutes with the spiroid.  

The oxygen saturation time was reduced by about a maximum factor of 2, or the oxygen reached 

its saturation state two times more quickly with a spiroid attached.   

 

Figure 3.8. Dissolved Oxygen Concentrations Under Various Operating Conditions 

 As predicted by CFD simulations, the rotation direction of the inner and outer cylinders 

has little influence on the system at low rotational rates.  Experiments of countercurrent rotation 

of the inner and outer cylinders at 8 rpm for the bioreactor with and without spiroid tube were 
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also conducted and shown in Figure 3.8.  Little difference exists between the oxygen data of 

countercurrent rotation and the rotating only outer cylinders for both bioreactors with and 

without the spiroid.  The effect of spiroid tube was about a factor of 1.5 in oxygen saturation 

time at 8 rpm. 

 

Figure 3.9. Effects of Countercurrent Rotation With and Without the Spiroid  

 Table 3.2 gave a summary of the calculated volumetric mass transfer coefficients (kLa) 

based on experimental data.  From Table 3.2, though the volumetric mass transfer coefficients in 

the spiroid are high (about 9 times of the kLa in the bioreactor without spiroid at maximum), 

adding the spiroid only increased the kLa in the system by a factor of 2.  Therefore, increasing 

the volume ratio (such as increase turns, radius of the spiroid) would further increase the oxygen 

transfer.  Figure 3.9 shows the comparison of kLa in bioreactor with and without the spiroid and 

in the spiroid.  The volumetric mass transfer coefficients for all cases showed a positive and 
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approximate linear relationship to the rotational rate.  The kLa in the spiroid had the greatest 

increase as a function of rotational speed. 

 

 

 

Table 3.2. Summary of the Volumetric Mass Transfer Coefficients (kLa) 

Liquid 

Fraction 

Outer Cylinder 

(RPM) 

Inner Cylinder 

(RPM) 

kla (s-1) without 

spiroid 

kla (s-1) with 

spiroid 

kla (s-1) in 

spiroid 

 2/3 4 0 0.002945 0.00423 0.0217 

 

6 0 0.003404 0.004607 0.02825 

 

8 0 0.004206 0.004838 0.03709 

  8 -8 0.004124 0.004779 0.03699 
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Figure 3.10. Comparison of kLa in the Bioreactor With and Without the Spiroid 

 

3.4. Conclusions 
Computational fluid dynamic (CFD) modeling was used to predict the complex flow 

structures in a novel bioreactor.  The average shear stress caused by the bioreactor was small, 

providing a suitable environment for the production of cell lines.  Experiments were conducted 

to measure oxygen concentration in the bioreactor with and without spiroid tube at 4 rpm (outer 

cylinder rotation), 6 rpm (outer cylinder rotation) and 8 rpm (outer cylinder rotation and 

countercurrent rotation).  Mathematical models were also applied to calculate the volumetric 

mass transfer coefficients (kLa) for different operating conditions.  The kLa in spiroid tube was 

shown to be about nine times that in the original bioreactor at maximum.  By introducing the 

spiroid to the bioreactor, the time for oxygen to reach the saturated state was halved.  The 

bioreactor was shown to improve the oxygen transfer performance.  However, due to the small 

capacity of current bioreactor, scale-up is necessary in the future to develop it for cell cultivation.  

Also, additional modifications of the spiroid tube could increase oxygen transfer.  The size of 

common roller bottles varies from about 10 ml to 3 L, and depends on the required cell 

productivity in each targeted process.  The bioreactor could be envisioned to immediate scale up 

to 1L, which was about 9 times the original (about 110 ml), and subsequently scaling further 

depending on empirical improvements in subsequent steps of scale-up.   
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Nomenclature 

 initial dissolved oxygen concentration in liquid phase, mol·L-1 

 dissolved oxygen concentration in liquid phase (water), mol·L-1 

 
saturated oxygen concentration in liquid phase at certain temperature, 

mol·L-1 

 final dissolved oxygen concentration in the bioreactor, mol·L-1 

  dissolved oxygen concentration entering spiroid loop, mol·L-1 

 dissolved oxygen concentration exiting from spiroid, mol·L-1 

  constant,  

 constant, 1.44 

 constant, 1.9 

 constant,  

  force per unit volume which exerts on the inclusion, N·m-3 

   molar flow rate into the spiroid tube, mol·s-1 

 molar flow rate out of the spiroid tube, mol·s-1 

g  gravitational acceleration, m·s-2 

 ith direction component of the gravitational vector, m·s-2 

  generation term due to the buoyancy,  or 

 (for idea gases), J·(s-1·m-3) or kg·(m-1·s-3) 

  generation term due to the mean velocity gradients,  
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or  (Boussinesq hypothesis), J·(s-1·m-3) or kg·(m-1·s-3) 

 mass interaction term, kg· (m-3·s-1) 

k turbulence kinetic energy per unit mass, J· kg-1 or m2·s-2 

 volumetric gas-liquid mass transfer coefficient, s-1 

 
volumetric gas-liquid mass transfer coefficient in bioreactor chamber, 

s-1 

 volumetric gas-liquid mass transfer coefficient in spiroid loop, s-1 

RPM  rotational velocity of the reactor, round per minute 

  mean strain rate, , s-1 

  user-defined source term, J· (s-1·m-3) or kg· (m-1·s-3)   

  user-defined source term, J· (s-1·m-3) or kg· (m-1·s-3) 

t time, s 

  volumetric flow rate through spiroid loop, L·s-1 

  component of flow velocity parallel to the gravitational vector, m·s-1 

  component of flow velocity perpendicular to the gravitational vector, 

m·s-1 

  velocity vector of phase N, m·s-1 

 liquid volume of bioreactor, m3 

 liquid volume of spiroid tube, m3 

  effects from the fluctuating dilatation in the compressible turbulence 

on the overall dissipation rate, , J· (s-1·m-3) or kg· (m-1· s-

3)  
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Greek Letters 

  volume fraction of phase N, percent 

  constant, 0 for the disperse phase and 1 for the continuous phase 

ԑ  dissipation rate, m2·s-3 

 constant,  

   molecular dynamic viscosity, Pa·s 

  turbulent or eddy viscosity, Pa·s 

  kinematic viscosity, m2·s-1 

  density of phase N, kg·m-3 

 turbulent Prandtl number for k,  

  turbulent Prandtl number for ,  

  shear stress, Pa 

Subscripts 

i, j, k three directions (x, y, z axis) separately 
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Chapter 4 – Design and Simulation of a Continuous Bioreactor 

Abstract 

 This research investigates a novel continuous bioreactor with significant improvement in 

gas-liquid and medium mixing.  This bioreactor has dramatic advantages in cell cultivation 

because of the high cell survival rate, enhanced growth rate, and overall high productivity.  The 

bioreactor consists of an outer shell cylinder and inner core cylinder, each with adjustable 

rotational velocities to control the mixing in the reactor.  Inlet flows are controlled to provide 

additional medium and oxygen to the reactor volume.   

 Computational fluid dynamics (CFD) simulations were performed to determine the range 

of flow patterns possible in this bioreactor.  The steady state operation was assumed to reduce 

the time for convergence.  Simulations are conducted for multiphase fluids under various 

operating conditions (different rotational rates and different rotational directions) to simulate the 

actual reaction environment and to investigate the mixing performance of the bioreactor.  From 

simulations, shear stress caused by the bioreactor was small (the order of magnitude was 10-1), 

providing a more suitable environment for cell production.  In addition, the rotation and rotation 

direction of inner cylinder has smaller impact than rotating outer cylinder to the bioreactor at low 

rotational velocity, based on the small increase and overlapping lines in profiles of velocity, 

shear stress, turbulence kinetic energy (k) and eddy dissipation rate (ԑ) when rotation inner 

cylinder was enabled. 

 

Key Words:  computational fluid dynamics, continuous bioreactor, oxygen transfer 
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4.1. Introduction 

Bioreactors have large potential to be applied in the large scale of industry process to 

result in high productivity.  Various bioreactors have already been researched by scientists.  In 

many biological cell cultivations, the oxygen transport and mixing performance of the bioreactor 

are normally considered to be two of the most limiting factors for the production results.  

In recent years, computational fluid dynamic (CFD) tools are used widely to predict the 

fluid pattern and study the hydrodynamics of the bioreactors.  Mudde (2001) used two- and three 

dimensional (2D and 3D) simulations to predict the liquid circulation rate and gas fraction of an 

airlift reactor under steady state at low gas flow rates.  The two-fluid flow with a modified k-ԑ 

turbulence model was used.  The 2D (using developed code) and 3D simulations (using 

FLUENT 4.5) were found to be in good agreement with the mechanical energy balance (1D) 

(Mudde and Van Den Akker, 2001).  The three-dimensional CFD results were considered to be 

more realistic than two-dimensional ones as a result of the deviations when compared to the 

LDA data.  

Dhanasekharan (2005) proposed a generalized method to model oxygen transfer in airlift 

bioreactors.  The standard k-ԑ model was used to simulate the turbulence (Dhanasekharan et al., 

2005).  The results (gas holdup and volumetric mass transfer coefficients) obtained from the 

three-dimensional CFD simulation (by using FLUENT 6) for two-phase flow (air and water) 

using a full multi-fluid Eulerian model were compared with the experimental data of Kawase and 

Hashimoto (1996).  The overall predictions were in the same order and were in good agreement 

with experiment.  

In Fayolle’s work (2007), an experimentally validated numerical tool based on 

computational fluid dynamics (accomplished FLUENT 6.2) was used.  The Euler-Euler model 
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derived from the Navier-Stokes equations was selected to simulate the bubbly flow.  The local 

axial velocity and gas hold-up were well reproduced by the CFD model both at the operating 

conditions of aeration and no aeration.  The measurement error for mean axial liquid velocity 

was found to be around ten percent, and five percent for volumetric oxygen transfer coefficient 

(Fayolle et al., 2007).  Simulation results were consistent with the fact that a larger bubble size 

will induce a smaller oxygen transfer coefficient.  

Santhosh (2010) investigated the effect of rotational Reynolds number (ReΩ) and axial 

Reynolds number (Rea) on heat transfer and fluid flow in an annulus (radius ratio of 0.5) with an 

inner rotating cylinder and outer stationary wall.  Two dimensional axial symmetric steady and 

incompressible flow (air) was simulated by CFD (FLUENT 6.3).  The standard k-ԑ model was 

coupled with the incompressible Navier-Stokes equations.  The effect of rotational Reynolds 

number on axial velocity occurred only when the axial Reynolds number was small, while the 

axial Reynolds number did not affect swirl velocity significantly (Sukumaran et al., 2010).  The 

computational work was validated with experimental work. 

Perez et al. (2013) simulated the turbulent flow of a rotating cylinder electrode with 

different geometry of counter electrodes (four-plate, six-plate and concentric cylinder).  The 

Reynolds averaged Navier-Stokes (RANS) equation along with turbulent viscosity and the 

standard k-ԑ turbulence model was solved by using boundary conditions of universal logarithmic 

wall function (Pérez and Nava, 2013).  The arrangement of four-plate and six-plate was showed 

to develop turbulent Taylor vortex flow via 3-D simulations.  Moreover, the hydrodynamics of 

the concentric situation was found to be superior to other two cases because of the quasi stagnant 

zones caused by plates near to plates and on the wall free of plates. 
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This research investigated the use of an automated, horizontally-rotating bioreactor 

consisting of a rotating outer cylindrical shell and a counter-rotating core operated at various 

conditions.  The bioreactor has a small volume of 1.109 x 10-4 m³.  The small flow rate (velocity 

at 6.926 x 10-4 m s-1 or total flow rate of 1.2180 x 10-7 m3 min-1) of the inlet made the bioreactor 

a continuous system and provides additional medium with little effect to the system.  The 

revolving cylinders with appropriate velocities improve the mixing performance without causing 

cell damage on account of the low shear stress predicted from CFD simulations.  Furthermore, a 

spiroid tubing (8 turns) was attached to the wall of outer cylinder at desired position and was 

proved to improve the oxygen transfer phenomena.   

In addition, CFD simulations were used to analyze the possible behavior of the fluids and 

mixing performance in this novel bioreactor under the multiphase situation.  Simulations were 

conducted under various operating conditions (4 rpm, 6 rpm, 8 rpm) that would occur in the 

experiments in order to find out the most optimized one.  Results obtained from simulations were 

important auxiliary materials for further experiments.  Moreover, the optimized operating 

conditions will be used in the scaling-up session.  

 

4.2. Summary of the Invention 

 Roller bottles are commonly used in the cell cultivation.  However, the performance of 

roller bottles is limited to their batch operation.  A continuous bioreactor is more attractive 

because the medium or the air can be added to the system continuously to increase the growth 

rate of cells and cell products.  This novel reactor is the combination of these two kinds of 

reactors. 
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Figure 4.1 illustrates the bioreactor.  Figure 4.1(b) illustrates the structure for this 

bioreactor.  Figure 4.1 (c) and (d) are images of outer cylinder with spiroid tubing, produced 

using PLA via a 3D printer.  This reactor consists of an outer cylinder, or is called as shell, and 

an inner cylinder, or is named as core, each with adjustable rotational velocities to provide a 

variable shear-rate environment and control the mixing performance in this reactor.  The spiroid 

tubing with appropriate dimension was attached to the outer cylinder is designed to improve the 

oxygen transport through increasing the gas-liquid contact areas.  Two motors allow independent 

rotation of the outer and inner cylinder of the bioreactor, either in concurrent or in countercurrent 

rotation.  Two ports are located on the hubs at each side, allowing the two inlets and two outlets.  

This reactor can be operated either in the batch mode or the continuous mode.  In addition, it 

may be fed, perfused, and sampled automatically with or without operator intervention.  

Moreover, leaking was not the problem for this reactor.  The reactor has been operated without 

the leaking issues for more than one month.  

 

   

(a) Image of Novel Bioreactor                                  (b) Design of Novel Bioreactor with spiroid 
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(c) Geometry of the Shell with Spiroid Tubing        (d) Geometry of the Core 

Figure 4.11.  The Novel Bioreactor Sketch 

 
 

4.3. Computational Dynamic Fluid Simulations 

ANSYS workbench 16.0 was used in this research to carry out the simulations.  The basic 

steps for a computational simulation are as follows: 

• Construct the geometry (ANSYS Design Modeler was used in this research); 

• Generate the simulation mesh using ANSYS Meshing; 

• Perform simulations; 

• Analyze the results using ANSYS CFD-post 

 Some appropriate assumptions should also be made in the computational dynamic fluid 

simulations: 

• Steady State 

• Homogenous  
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• Newtonian Fluids (in this case, water was used) 

• Incompressible Fluids  

• Isothermal Process 

• Pressure Based Model 

• Gravity Existence 

 

4.3.1. Geometry 

The geometry of this reactor was created in the ANSYS Design Modeler 16.0 (Ansys, 

Inc., Canonsburg, PA, US).  The sizing information for the bioreactor and the spiroid tubing was 

shown in Table 4.1.  Geometry was constructed in ANSYS Design Modeler 16.0, which is 

shown in Figure 4.2 (a).   It was more convenient to see through the system in Figure 4.3 (b).  

Figure 4.3 (c) and (d) show geometries of the spiroid tubing attached to the wall of shell and 

were constructed through ANSYS Design Modeler 16.0.   

Table 4.3. Dimensions of Bioreactor 

Parameter Value (m) 
Core Length 0.08580 
Core Shaft Length 0.003200 
Hub Part Length 0.003759 
Inlet/Outlet Tubes’ Length 0.006833  
Shell Length 0.1006  
Shell Shaft Length 0.007823 
Spiroid Tubing Length 1.102 
Core Diameter 0.02545  
Inlet/Outlet Ports Diameter  0.001366 
Shafts’ Diameter 0.01168  
Shell Inner Diameter (I.D.) 0.04445  
Shell Outer Diameter (O.D.) 0.05080 
Spiroid Tubing Inner Diameter (I.D.) 0.004763 
Spiroid Tubing Outer Diameter (O.D.) 0.006350 
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(a) Geometry in ANSYS Design Modeler 16.0    (b) Geometry in ANSYS FLUENT 16.0 

   
(c) Geometry of the Shell with Spiroid Tubing        (d) Geometry of the Shell with Spiroid  

                                                                                        Tubing (Inside View) 

Figure 4.12.  The Novel Bioreactor Geometry (ANSYS Workbench 16.0) 

In general, fluids flow through the reactor from right to left in the simulation process.  

The thin and small tubes attached to the geometry was used to simulate the inlets and outlets.  As 

described previously, two motors rotate the core and shell independently.  The right inner 

cylinder consists of core rotator shaft (next to core) and hub part (next to inlets).  The outside 

part of core rotator shaft was connected to the motor via a gear, and the inside part was 
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connected to the core. The left inner cylinder was the shell rotator shaft, which would have the 

same angular velocity as the outer cylinder.  The hub was also connected to the shell, with the 

hub rotated in the same direction and velocity as the shell and shell shaft.  

 

4.3.2. Grid 

The mechanical package in the ANSYS workbench16.0 was used to generate a volume 

mesh before starting computational dynamic calculations in FLUENT.  The physics preference 

was set as CFD.  In addition, the mesh was generated by using automatic meshing method with 

patch conforming algorithm and specific sizing for important areas to generate tetrahedral 

elements.  The proximity and curvature were enabled as the advanced size function to get a 

better mesh performance.  Furthermore, each part of the bioreactor was defined (or created as 

name selection) in the meshing process for convenient uses in boundary conditions from the 

dynamic fluids calculations in next step.  The grid of this bioreactor was showed in Figure 4.3.   

Figure 4.3 (a) was the overall mesh for the bioreactor, and (b) illustrated the details of this mesh 

result.  
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(a) Overall Mesh of the Bioreactor                          (b) Mesh of the Bioreactor (Inside View) 

Figure 4.13.  The Meshed Geometry Model in ANSYS Meshing 16.0 (The skewness for mesh 

metric was 0.86) 

The quality of the meshing affects the simulation results; the iteration time and 

computational requirements will be different for different meshing quality.  Mesh should be 

adjusted depending on different flow rates.  It should be generated heavily for the corners of the 

chambers, the wall areas, and inlet and outlet areas.  Normally, good mesh quality has a 

minimum orthogonal quality larger than 0.1, or maximum skewness smaller than 0.95, both of 

which could be found in the meshing statics tab in ANSYS mesh.  In the simulations of this 

work, by using different dimension mesh to calculate and then analyzing the differences (or 

mesh sensitivity analysis), the maximum skewness of the mesh or grid was adjusted to about 

0.86, which was acceptable for the following computational simulations. 

 

4.4.3. Modeling 

4.4.3.1. Theory 

Reynolds number based on annulus gap in concentric cylinders with outer cylinder 

rotation with no axial pressure gradient could be described as (Bilgen and Boulos, 1973; Lathrop 

et al., 1992): 

 
 

（2-32） 

where  is the density of the fluids (kg m-3);  is the angular velocity of outer cylinder (radians 

per s);  is the radius of outer cylinder (m);  is the radius of inner cylinder (m);  is the 

dynamic viscosity of the fluids (Pa-s or kg m-1 s-1). 



85 
 
 

Based on Reynolds Number, the fluids in this system at selected operating conditions (4 

rpm, 6 rpm, 8 rpm) were in a region of low turbulence.  Two equation turbulence models 

(derived from Reynolds Averaged Navier-Stokes or RANS equations) are one of the most widely 

used and economic models to solve the practical engineering problems.  Two extra transport 

equations are used in two equation models to describe the turbulent flow in addition to the mean-

flow Navier-Stokes equations.  The k-ε model and k-ω model are the common models that are 

based on two equation transport models.  The first term k refers to the turbulence kinetic energy, 

which determine the energy in the turbulent flow; the second variable ԑ represent the rate of 

dissipation of kinetic energy, or ω means the specific dissipation, which determines the scale of 

the turbulence.  

 The k-ω model predicts flow region well near boundary (wall) by using a low-Reynolds 

number formulation instead of a wall function based on mesh quality.  Thus, it requires fine grid 

spacing near the wall region.  The k-ω turbulence model gives higher performance in predicting 

boundary layers with adverse pressure gradient and has significant numerical stability 

(Argyropoulos and Markatos, 2014).  However, it has more difficulty in converging and requires 

higher accurate initial guess at the solution.  

Though the k-ԑ model may not be applicable for large adverse pressure gradient, it is one 

of the most common used turbulence models.  The standard k-ԑ model is normally used to 

describe turbulence in the practical industrial flow calculations owing to its advantages of 

computational economy and reasonable accuracy.  Exact equations are used to obtain the 

turbulence kinetic energy (k).  However, since physical reasoning is used to derive its dissipation 

rate (ԑ), the standard k-ԑ model is only valid for fully developed turbulence.  The standard k-ԑ 

model is not suitable for flows involving separation and strong streamline curvature.  In virtue of 
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its restrictions, other two turbulence model could be introduced.  The RNG (renormalization 

group) k-ԑ model is very similar to standard k- ԑ model, but it can describe more turbulent flows 

in a more comprehensive way.  It renormalizes the instantaneous Navier-Stokes equations using 

a mathematical technique.  It is more accurate for the flows than standard k-ԑ model as it 

includes an additional term in its ԑ equation, the effects of swirl in the model, an analytical 

formula for turbulent Prandtl numbers, and the effects of low-Reynolds number on effective 

viscosity.  The realizable k-ԑ model is another turbulence model.  The turbulent viscosity is 

derived from a different equation in the realizable k-ԑ model.  In addition, in realizable k-ԑ 

model, a modified equation is used to calculate the turbulent dissipation rate ԑ accounting for the 

mean-square vorticity fluctuation.  The realizable k-ԑ model satisfies uniquely the realizable 

constraints on the normal Reynolds stresses and the unequal Schwartz shear stresses for the 

turbulent flow among any other k-epsilon turbulence models (ANSYS Inc., 2012; Argyropoulos 

and Markatos, 2014). 

 In this study, the realizable k-ԑ turbulence model in combination with the Enhanced Wall 

Treatment (EWT) (which has the most consistent wall shear stress and is least sensible to y+ 

values) was applied in this research. 

 For a two-phase (air and water, or dispersed and continuous phase) system, the equation 

of continuity for phase N (gas or liquid phase) with volume fraction of  could be written as 

follows: 

 
 

（4-

33） 

where  is the volume fraction of phase N;  is the density of phase N (kg m-3);  is the 

velocity vector (m s-1) of phase N; t is the time (s);  is the mass interaction term (kg m-3 s-1) or 
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the rate of transfer of mass to the phase N from the other phase, which results from a phase 

change or chemical reaction. In this case, the mass interaction term will be neglected. 

The equations of momentum could also be written in i direction for simplification 

(Brennen, 2005): 

 
 

（4-

34） 

where the subscript i, j, k represent three directions (x, y, z axis) separately; g is the gravitational 

acceleration (m s-2);  is the force per unit volume (N m-3) which exerts on the inclusion and 

follows ;  is 0 for the disperse phase and 1 for the continuous phase;  is the 

pressure (Pa);  is the shear stress (Pa). 

 The force excreted on the phase N by the other effects  could also be written as 

follows (Brennen, 2005): 

 
 

（4-

35） 

where the index C and D denote continuous and dispersed phase respectively;  is the force 

per unit volume (N m-3) owing to the relative motion between the phases.  

 The left side of Equation 3-2 could be rearranged and substituted with equation of 

continuity (Equation 3-1): 

 
 

（4-

36） 

 The transport equations for the turbulence model involving k (turbulence kinetic energy) 

and ԑ (the dissipation rate) could also be written as (ANSYS Inc., 2012): 
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（4-

37） 

 
 

（4-

38） 

where ; ; S is the modulus of the mean strain rate tensor, 

 (s-1);  is the mean strain rate,  (s-1); ; ; 

;  is the component of the flow velocity parallel to the gravitational vector (m 

s-1);  is the component of the flow velocity perpendicular to the gravitational vector (m s-1);  

is the turbulent Prandtl number for k, ;  is the turbulent Prandtl number for , 

. 

Moreover, k is the turbulence kinetic energy per unit mass (J kg-1 or m2 s-2);  is the 

molecular dynamic viscosity (Pa-s);  is the turbulent or eddy viscosity (Pa-s);  is the 

generation term because of the mean velocity gradients (J s-1 m-3 or kg m-1 s-3);   is the 

generation term due to the buoyancy, (J s-1 m-3 or kg m-1 s-3); ԑ is the dissipation rate per unit 

mass (J kg-1 s-1 or m2 s-3);  is the effects from the fluctuating dilatation in the compressible 

turbulence on the overall dissipation rate (J s-1 m-3 or kg m-1 s-3);  is the kinematic viscosity (m2 

s-1);  (J s-1 m-3 or kg m-1 s-3) and  (J s-2 m-3 or kg m-1 s-4) are user-defined source terms.     

 The eddy viscosity  could be obtained through following equations (ANSYS Inc., 

2012). 

 
 

（4-

39） 
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where ; ; ; ; ; 

 (s-1);  (s-1);  (s-1);  (s-

1);   (s-1);  is the mean rate of rotation tensor based on a moving reference 

frame,  (s-1);  is the permutation symbol, ; 

 is the angular velocity of the moving reference frame (radians per second). 

 The generation or production of turbulence kinetic energy  could be given by the 

following equation (ANSYS Inc., 2012): 

 
 

（4-

40） 

where  and  are the mean fluctuating velocity components (m s-1).  could also be 

calculated based on the Boussinesq hypothesis as , where (s-1); 

 (s-1). 

In addition, the generation term resulted from the buoyancy  could be defined as 

follows (ANSYS Inc., 2012): 

 
 

（4-

41） 

where  is the thermal expansion,  (K-1);  is the ith direction component of the 

gravitational vector, (m s-2);  is the turbulent or eddy viscosity (Pa-s);  is the turbulent 

Prandtl number, , the default value of  for realizable k- ԑ models is 0.85;  is the 

molecular dynamic viscosity (Pa-s);  is the specific heat (J kg-1 K-1);  is the thermal 
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conductivity, (W m-1 K-1); T is the temperature (K). For ideal gases,  could also be obtained 

through . 

The term involved compressibility effects  could be calculated according to Sarkar and 

Balakrihnan’s propose (Sarkar and Lakshmanan, 1990): 

  （4-42） 

where  is the turbulent Mach number, ;  is the speed of sound,  (m s-

1);  is the ratio of specific heats (adiabatic index),  for calorically perfect air;  is the 

gas constant,  (m2 s-2 K-1) for ideal gas; T is the temperature (K). 

 

 4.4.3.2. Operating Parameters 

 Pressure-based solver and density-based solver are two numerical methods in ANSYS 

FLUENT.  In general, pressure-based solver is applied for incompressible flows with low speed, 

while the density-based solver is good for compressible flows with high speed.  In pressure-

based solver, the pressure field is achieved by solving a pressure correction equation which 

derived from continuity and momentum equations.  In density-based solver, the density field was 

obtained by solving continuity equations, and the equation of state was used to determine the 

pressure field.  In this research, a pressure-based model with absolute velocity formulation was 

used, since the velocity of the fluids was small, and fluids were assumed to be incompressible.  

The gravity option was enabled (9.81 m s-2 in negative y direction) for the system.  All 

simulations were assumed to be in steady state. 

Two thirds of the bioreactor were filled with liquid (water), and the rest (the head space) 

was filled with air.  Multiphase model was used to simulate the fluid patterns in the bioreactor.  
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Multiphase flows could be categorized into four: gas-liquid (used in this research) or liquid-

liquid; gas-solid; three-phase flows.  Euler-Lagrange and Euler-Euler were two approaches in the 

multiphase modeling.  The Euler-Lagrange method is applicable when particle-particle 

interactions and the dispersed second phase can be neglected, such as spray dryers, coal and 

liquid fuel combustion.  In the Euler-Euler method, the conservation equations are solved for 

each phase in similar structure, and the different phases were assumed as interpenetrating each 

other.  The Euler-Euler method includes: the volume of fluid (VOF) model, the mixture model, 

and the Eulerian model.  The VOF model is useful in modeling two or more immiscible fluids.  

The mixture model is a simplified multiphase model and is a good substitute for the full Eulerian 

multiphase model. Besides, the mixture model can be applied in modeling multiphase flows with 

different velocities of phases and homogeneous multiphase flows with strong coupling.  The 

Eulerian model is the most complicate multiphase model.  The Eulerian model can model any 

number of secondary phases within the limit of computational memory, and calculate each phase 

using an Eulerian treatment.  However, the convergence is the normally the problem for Eulerian 

model for complex multiphase flows.   

The volume of fluids (VOF) was the type of multiphase that was used in these 

simulations because water and air are immiscible.  Appropriate boundary conditions were set 

carefully for each phase.  The dispersed interface, implicit formulation, and implicit body force 

were selected to help converge results.  Others remained default.  In the VOF model, the 

momentum equations were shared by all phases, and the volume fractions of different phases 

were recorded.  Since the flow pattern of the water phase was what should be analyzed, water 

was set as the primary phase, and air is the secondary phase.  The liquid zone in the bioreactor 

was carefully calculated and marked as in Figure 4.4.  Since multiphase model was enabled, the 
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specific operating density (which is the density of the lightest phase, or air) should also be 

enabled in the operating conditions from cell zone conditions.  Furthermore, the pressure in the 

head space of the bioreactor was assumed to be atmospheric.  

 

Figure 4.14. Multiphase Contours of Initial Volume Fraction (Phase 1-water @ t=0) 

The moving wall of the shell and core were chosen to be rotational with selected values 

(4 rpm, 6 rpm, 8 rpm).  Moreover, the hypothesis was made that no slip shear condition at walls.  

Velocity inlet was set to two inlets as boundary conditions, and pressure outlet was used to 

define two outlets.  Specific velocity values (0.0006925975 m s-1) were entered for inlets, and 

hydraulic diameter could be calculated as:  

 
 

（4-43） 

where A is the cross sectional area (m2);  is the wetted perimeter (m). 
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 The methods of SIMPLE, SIMPLEC, PISO, COUPLED are commonly seen in solution 

method scheme.  The SIMPLE approach is the standard solver (used in this research), while the 

SIMPLEC approach is suitable for the uncomplicated problems (such as laminar flow with no 

additional models activated).  The PISO method is useful for transient flow or steady-state flow 

with high average skewness.  For transient flow (if large time step is required) and the case when 

the mesh is poor, the COUPLED method is applied.  However, the pressure-based coupled solver 

is not suitable for multiphase.  There are three gradient types: Green-Gauss Cell Based, Green-

Gauss Node Based, Least-Square Cell Based.  The Least-Square Cell Based gradient is usually 

the default option.  Using the gradient of Green-Gauss Cell Based may lead to false diffusion. 

The gradient of Green-Gauss Node Based is more accurate, and minimize false diffusion, but had 

more computational intense.  Green-Gauss Node Based gradient was enabled in this research.  

For VOF and mixture multiphase, only PRESTO and large body forces are available for 

selection in pressure formulation.  On account of the existence of gravity acting on phases with 

large density difference, the option of large body forces was selected for pressure under spatial 

discretization, where forces are handled in robust numerical manner.  The second order was used 

for other specifications for improved accuracy.  

 

4.5. Results and Discussions 

 Though FLUENT will stop the calculation automatically when the convergence reached, 

it is still necessary to verify that the result is truly converged.  The criteria for convergence is as 

follows: check the residuals profile and see if they reaches the pre-set requirement (for instance, 

for a good simulation, the residual of continuity is usually less than 10-4); if a good initial guess 

was made, the unscaled residual could be compared with an appropriate parameter (such as mass 
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flow rate at inlet); when a poor initial value was used, the convergence conclusion can only be 

made if the residuals profile continues to decrease or remain low for a period of time (at least 50 

iterations).  The convergences of all the simulations showed in this research were carefully 

examined according to the criteria.  A typical simulation in this research used several hours of 

wall clock time on a laptop (Intel(R) Core(TM) i704700MQ CPU @ 2.4 GHz, 8.00 GB RAM 

and 64-bit operating system). 

In Figure 4.5, the inlets were at the left side and the outlets were at the right side.  By 

simulating a continuous flow system, the internal flow and multiphase interactions were 

investigated.  Generally, the simulations for multiphase fluid at different rotational velocities (4, 

6, 8 rpm) showed a consistent trend, but in an increasing scale.  All the velocity (m s-1) profiles 

in Figure 4.5 were obtained for YZ plane at x=0, which was the symmetric plane of the reactor.  

In general, blue color was the minimum value, and red color represented the maximum value.  

The velocities shown in Figure 4.5 was for linear velocity, which corresponded to the rotational 

velocities and dimension of the bioreactor.  The velocities would be expected to have gradient in 

radius direction despite of the same angular velocity everywhere.  

The bottom of the bioreactor was filled with water.  Since the rotational velocities (4, 6 

and 8 rpm) and the related Reynolds numbers were small, the water in the reactor would expect 

to be almost stagnant, but the thin films which were adjacent to the rotating cylinders would have 

the velocity gradient, which were in consistent with Figure 4.5 (the majority of bottom part of the 

reactor was in blue color, except the rotational wall areas, for instance, shell, shafts and core).  

The head space was filled with air.  Air is less dense and less viscous than water, hence, the 

rotating cylinder would have a much larger effect on the air in the head space, which explained 

the reason why the head space had velocity distributions as shown in Figure 4.5.  Besides, 
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increasing the rotational velocities would act like pushing more fluids to the places which were 

closer to the moving walls.  By comparing Figure 4.5 (a), (b) and (c) (or (d), (e) and (f); or (g), 

(h), and (i)), as the rotational velocities was increased, the velocity distribution located at the 

areas which were closer to the revolving cylinders.  With comparisons between Figure 4.5 (a), 

(d) and (g) (or (b), (e), and (h); (c), (f), and (i)), the differences of velocity distribution between 

rotational outer cylinder, concurrent rotational inner and outer cylinders, and countercurrent 

rotational inner and outer cylinders were small, except that Figure 4.5 (a) did not have velocity in 

core area as a result of the stationary core, which may be more convenient to observe this 

phenomena from velocity vectors in Figure 4.6 (a).   

   

(a) Rotational Outer Cylinder at 4 rpm                                     (b) Rotational Outer Cylinder at 6 rpm 
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(c) Rotational Outer Cylinder at 8 rpm                               (d) Concurrent Rotational Inner and Outer Cylinder at 4 

rpm                                                              

  

(e) Concurrent Rotational Inner and Outer Cylinder at 6 

rpm (f) Concurrent Rotational Inner and Outer Cylinder at 

                                                                                                             8 rpm  

   

(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  
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      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  

Figure 4.15.  Velocity Profiles at Various Operation Conditions (Multiple Phases (2/3 volume of 

fluids) 

Normally, the fluids that close to a moving plane are inclined to have the same or about 

the same velocity as the plane; this is called the no-slip condition.  From the velocity vectors (m 

s-1) of the fluids in Figure 4.6 (a) to (c), the maximum velocity occurred at the wall of the outer 

cylinder and had the same value as the outer cylinder (indicated by the red color), while the 

minimum velocity occurred at the wall of the core cylinder and had the value of 0 (represented in 

blue).  In contrast, it was obvious to see that the velocity of fluids near the core areas was 

nonzero from Figure 4.6 (d) to (i) due to the rotational core and core shaft at given values, which 

was marked in yellow color.  Figure 4.6 (a) to (c) (or (d) to (f); (g) to (i)) showed a consistent 

and increasing trend.  There is no major difference of velocity profiles upon different rotational 

velocity.  The minor difference of velocity profiles and velocity vectors under different operating 

conditions may be due to the low rotational velocities of the system and small difference 

between rotational velocities, which resulted in an almost stationary and low shear system.  Both 

from Figure 4.5 and Figure 4.6, the inlet velocity did not have large effects on the overall 
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velocity profile (or the flow patterns), which may ascribed to that the inlet velocity (0.0006926 m 

s-1) was small comparing to the rotational velocities.  It has been investigated that inlet velocity 

(larger than 0.001 m s-1) did have influence on the fluid patterns of this system under current 

operating rotational velocity (less than 8 rpm).  Consequently, instead of inducing problems to 

the system, the small velocity inlet provided a good approach to medium addition.    

   

(a) Rotational Outer Cylinder at 4 rpm                                     (b) Rotational Outer Cylinder at 6 rpm 

   

(c) Rotational Outer Cylinder at 8 rpm                               (d) Concurrent Rotational Inner and Outer Cylinder at 

                                                                                                   4 rpm     
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(e) Concurrent Rotational Inner and Outer Cylinder at 6 rpm (f) Concurrent Rotational Inner and Outer Cylinder at 

                                                                                                              8 rpm  

   

(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  
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Figure 4.16.  Velocity Vectors at Various Operation Conditions (Multiple Phases (2/3 volume of 

fluids) 

Shear stress is one of the key factors to cell lines.  Generally, the damage of shear stress 

resulting from turbulent flow is more severe than that from laminar flow (Chisti, 2001).  To 

inhibit the activation of human cervical carcinoma HeLaS3 and mouse abdominal fibroblast 

L929 in the environment of turbulent flow through stainless steel capillaries, Augenstein et al. 

(1971) concluded that the average wall shear stress of (0.1-2.0) x 103 N m-2 should be achieved.  

Leukocytes could be sheared away from the vascular endothelium by shear stress at a range of 

26.5 and 106 N m-2 in the rabbit omentum (Schmid-schoenbein et al., 1975).  McQueen et al. 

(1987) observed that a threshold average wall shear stress of 180 N m-2 would commence the 

lysis of suspended mouse myeloma line in turbulent capillary flow.  The biochemical response of 

human T cells to the lectin phytohemagglutinin-P (PHA-P) would be affected when the shear 

stress was 10 to 20 N m-2 over 10 minutes (Chittur et al., 1988).  For erythrocytes in tube flow 

(3-mm tube and whole blood), hemolysis would occur in the entrance with the shear stress of 

4000 N m-2 (Blackshear and Blackshear, 1987), which was in agreement with the conclusion 

from Bernstein et al. (1967) that the critical shear stress for the lysis of erythrocytes in turbulent 

jet was measure as 6000 N m-2 for brief exposures (around 10-5 s).  For hybridoma cells sheared 

in a coaxial cylinder Searle viscometer, a shear stress level of over 5 Pa in turbulent regime 

would damage cells over third fourths exposure hour (Abu-Reesh and Kargi, 1989).  A rapid 

decrease in cytosolic pH of rat aortic endothelial cells cultured in glass capillary tubes resulted 

from laminar shear stress (1.34 N m-2 of shear stress led to the maximal effect 0.09 pH unit) 

(Ziegelstein et al., 1992). 
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Figure 4.7 were the images of wall shear stress (Pa) of the outer cylinder.  Similarly, the 

blue color means the minimum value and the red color represents the maximum value.  Two 

thirds of the bioreactor was filled with water.  In other words, as shown in Figure 4.7, the top 

part was air and the bottom part was water.  The main shear stress occurred at the rotational shell 

wall (the water phase) and in the inlet and outlet area where the flow contacts with the wall.  

Additionally, the shear stress for the outer cylinder only associated with the rotational outer 

cylinder, which mean the shear stress for the outer cylinder profile would be the same for the 

same rotational rate of the outer cylinder, no matter how and what speed the inner cylinder 

rotated.  The shear from air was negligible, so the top area has the blue color.  The major shear 

stress would occur in the bottom part or the water phase.  As could be concluded from Figure 

4.7, the shear stress increased with increasing rotational velocities.  Even the maximum shear 

stress appeared in this system was far more less than the average shear stress that would inhibit 

the behavior of a plethora of cell lines, which provided the evidence of good performance of this 

bioreactor in future cell cultivation.  The viscosity of water is 8.9 x 10-4 Pa, which was smaller 

than the viscosity of the mixture of cell lines and medium.  Though the shear stress predicted in 

this research was using water as the fluid, the order of magnitude of the shear stress was 10-1 as 

from Figure 4.7, which was very small.  Thus, it could still be anticipated that the shear stress in 

this bioreactor using the accurate viscosity would still be a small value.   



102 
 
 

   

 

(a) Rotational Cylinder at 4 rpm                                              (b) Rotational Cylinder at 6 rpm 

   

(c) Rotational Cylinder at 8 rpm                                      

Figure 4.17.  Wall Shear Stress of Outer Cylinder at Various Operation Conditions (Multiple 

Phases (2/3 volume of fluids) 

Basically, the shear stress was normally caused by the velocity gradient.  As the core and 

the core shaft were stationary in Figure 4.8 (a) to (c), it would be expected that low shear stress 

occur in these two areas.  In Figure 4.8 (a) to (c), the shear stress that occurred in the right part of 

the inner cylinder was caused by the combination effect from the inlet flow and the rotation of 

hub part (in the same direction as the shell shaft).  Similarly, since the shell shaft was rotating at 

the controlled velocities, the shear stress would also occur in the shell shaft area or the left part 
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of the inner cylinder.  From Figure 4.7 (d) to (i), the shear stress also occurred in the core area 

because of the rotation.  As the top was filled with air, the shear stress on the top part of the core 

was negligible as in Figure (d) to (i).  Besides, the shear stress distribution on the core provided 

the shape of free surface of the fluids between the revolving cylinders.   

However, the distribution of shear stress on the core seemed to be independent of the 

rotational directions, as comparing Figure 4.7 (e) and (h).  Moreover, the maximum shear stress 

still appeared in the area where the inlet flow first contacted the system (or the hub part of the 

inner cylinder) and the outlet flow exited the system (or the shell shaft part).  In other words, the 

value of the maximum shear stress on the core did not depend on whether the core was gyrating 

or not as comparing Figure 4.7 (b), (e) and (h).  In Figure 4.7 (g), (h) and (i), the discontinuity of 

the shear stress profile in the right part of the inner cylinder resulted from the countercurrent 

rotating of hub part and core shaft.  From Figure 4.5 and 4.8, the conclusion may be obtained that 

the rotating of the outer cylinder had a larger effect on the wall shear stress and velocity spread 

than the spinning of the inner cylinder under low rotational velocities.  

  

(a) Rotational Outer Cylinder at 4 rpm                                   (b) Rotational Outer Cylinder at 6 rpm 
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(c) Rotational Outer Cylinder at 8 rpm                            (d) Concurrent Rotational Inner and Outer Cylinder at 4 rpm                                                              

   

(e) Concurrent Rotational Inner and Outer Cylinder at 6 rpm (f) Concurrent Rotational Inner and Outer Cylinder at 8                                                                                                                                                                             

rpm  

   

(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 
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(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  

Figure 4.18.  Wall Shear Stress of Inner Cylinders at Various Operation Conditions (Multiple 

Phases (2/3 volume of fluids) 

 From Figure 4.9 (a), it could be concluded that the average wall shear stress of this 

bioreactor was small (in the order of 10-1), and the rotation of the inner cylinder did increase the 

average wall shear stress of the system as expected, however, the average wall shear stress did 

not differ much on the rotational direction of the inner cylinders at low rotational velocities (less 

than 8 rpm).  The maximum wall shear stress in this bioreactor at 8 RPM was 0.02 Pa, which was 

far less than the critical shear stress that could damages to most of cells, even the shear sensitive 

cell line hybridoma (critical shear stress of 5 Pa).  As described previously, the eddy viscosity or 

the turbulent viscosity in the transfer momentum caused by turbulent eddies was analogues to the 

molecular viscosity in the laminar flow.  The rotation of the inner cylinders would increase the 

turbulence level, as could also be observed from Figure 4.9 (b) and Figure 4.10, the maximum 

eddy viscosity of the system under the condition of rotational inner cylinders was slightly higher 

than that with stationary inner cylinders.  It was found from Figure 4.10 that the main eddy 

viscosity distribution took place in the water phase (the bottom part), which could also be 

predicted from Equation 4.7 (as from Equation 4.7, the eddy viscosity depends on the turbulence 
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kinetic energy (k), turbulence eddy dissipation rate (ԑ) and shear stress).  Nevertheless, from 

Figure 4.9 (a), the profiles for the concurrent and the countercurrent rotation of the inner 

cylinders overlapped, which showed that the rotating direction of inner cylinders did not affect 

the maximum value and the spread of the eddy viscosity significantly (for example, comparing 

Figure 4.10 (f) and (i)) when rotational speed was low.   

The maximum turbulence kinetic energy per unit mass (k, J kg-1) appeared at the outer 

cylinder area for the reason that the area near outer cylinder had the maximum linear velocity 

though the rotational velocity of the system was constant, which was in agreement with the 

observation from Figure 4.11.  The distribution of the turbulence kinetic energy was closely 

associated with the velocity distribution (in Figure 4.5), in a way that the spread of the turbulence 

kinetic energy also was prone to be more adjacent to the outer cylinder with increasing rotational 

speed.  The dissipation rate (ԑ, J kg-1 s-1 or m2 s-3) is the rate of resistant work done by the 

fluctuating viscous stresses to deformation of the fluids by strain rates, and only acts as the 

reduction to the kinetic energy of the flow.  As from Figure 4.12, the maximum energy 

dissipated at the area near the outer cylinder and did not depend on the rotation of the inner 

cylinders (Figure 4.12 (b), (e) and (h)), which is reasonable considering the maximum kinetic 

energy also occurred here.  Furthermore, the overlapping of the lines (Figure 4.9 (c) and (d)) 

under various operating situations verified that the rotation of inner cylinders impact the 

maximum value of kinetic energy and energy dissipation rate slightly.  The rotation of inner 

cylinders led to the appearance of the turbulence kinetic energy, eddy dissipation rate near the 

inner cylinders.  In summary, the value of average shear stress, maximum eddy viscosity, 

maximum turbulence kinetic energy and maximum turbulence dissipation rate are positively 

proportional to the rotational velocity.  
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(a) Average Shear Stress versus Rotational Velocity            (b) Maximum Eddy Viscosity versus Rotational Velocity     

 

(c) Maximum Turbulence Kinetic Energy versus                           (d) Maximum Eddy Dissipation Rate versus 

      Rotational Velocity                                                                         Rotational Velocity                        

Figure 4.19.  Other Parameters versus Rotational Velocity  
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(a) Rotational Outer Cylinder at 4 rpm                                   (b) Rotational Outer Cylinder at 6 rpm 

   

(c) Rotational Outer Cylinder at 8 rpm                              (d) Concurrent Rotational Inner and Outer Cylinder at 

                                                                                                  4 rpm                                                              

   

(e) Concurrent Rotational Inner and Outer Cylinder at 6 rpm (f) Concurrent Rotational Inner and Outer Cylinder at 8 rpm 
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(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  

Figure 4.20.  Eddy Viscosity at Various Operation Conditions (Multiple Phases (2/3 volume of 

fluids) 
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(a) Rotational Outer Cylinder at 4 rpm                                   (b) Rotational Outer Cylinder at 6 rpm 

   

(c) Rotational Outer Cylinder at 8 rpm                               (d) Concurrent Rotational Inner and Outer Cylinder at 4 

rpm                                                              

   

(e) Concurrent Rotational Inner and Outer Cylinder at 6 rpm (f) Concurrent Rotational Inner and Outer Cylinder at 

                                                                                                             8 rpm  
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(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  

Figure 4.21.  Turbulence Kinetic Energy per Unit Mass at Various Operation Conditions 

(Multiple Phases (2/3 volume of fluids) 
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(a) Rotational Outer Cylinder at 4 rpm                                   (b) Rotational Outer Cylinder at 6 rpm 

   

(c) Rotational Outer Cylinder at 8 rpm                               (d) Concurrent Rotational Inner and Outer Cylinder at 4 

rpm                                                              

   

(e) Concurrent Rotational Inner and Outer Cylinder at 6 rpm (f) Concurrent Rotational Inner and Outer Cylinder at 8 

rpm  
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(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  

Figure 4.22.  Turbulence Eddy Dissipation Rate per Unit Mass at Various Operation Conditions 

(Multiple Phases (2/3 volume of fluids) 

 As a rule, streamlines are normally defined as tangent curves to the velocity vector of the 

flow.   Figure 4.13 showed the velocity streamline starting from the inlets to the whole system, 

which displays a good image of how the fluids flow in the system taking account of the 

rotational outer and inner cylinders with different rate.  From Figure 4.13 (a) to (c) (or (d) to (f); 

(g) to (i)), the range of the streamlines expanded more through the bioreactor with larger rotating 

speed, which could be explained by that larger portion of inlet flows were prone to be 
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transported by the rotating of cylinders (outer and inner) the rotational speed increased (because 

the centrifugal force was increased), resulting in better mixing outcome.  Comparing Figure 4.13 

(a) with (d), the fluids flow patterns seemed to expand to a larger area in (d) (concurrent rotation) 

than that in (a) (stationary inner cylinders), owing to that the revolving of the inner cylinders also 

contributed to the transportation of the fluids.  Moreover, the contrast between Figure 4.13 (d) 

and (g), (d) (concurrent rotation) still had a more expansive flow area than (g) (countercurrent 

rotation).  It could be summarized from Figure 4.13 that the concurrent rotation method may 

provide best mixing results as the velocity streamline expanded more in condition of concurrent 

rotation.  

   

(a) Rotational Outer Cylinder at 4 rpm                                   (b) Rotational Outer Cylinder at 6 rpm 
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(c) Rotational Outer Cylinder at 8 rpm                               (d) Concurrent Rotational Inner/Outer Cylinder at 4 rpm                                       

   

(e) Concurrent Rotational Inner/Outer Cylinder at 6 rpm     (f) Concurrent Rotational Inner/Outer Cylinder at 8 rpm  

   

(g) Countercurrent Rotational Inner and Outer Cylinder       (h) Countercurrent Rotational Inner and Outer Cylinder  

      at 4 rpm                                                                                   at 6 rpm 

 

(i) Countercurrent Rotational Inner and Outer Cylinder at 8 rpm  
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Figure 4.23.  Velocity Streamlines from Inlets at Various Operation Conditions (Multiple Phases 

(2/3 volume of fluids) 

 

4.6. Conclusions 

Computational fluid dynamic (CFD) modeling was used to research the complex flow 

structures that existed in a novel bioreactor.  Owing to the low rotation speed and low Reynolds 

number, the water in the bioreactor was almost stagnant and the velocity distribution mainly took 

place in the air phase.  The small inlet flows did not have a large effect to the whole system, but 

provided a good way for medium addition.  Shear from air was small and can be considered 

negligible.  In addition, the shear stress caused by the bioreactor was small (the order of 

magnitude was 10-1), providing a more suitable environment for a large number of cell lines 

production.  The impact from the rotation of outer cylinder proved to be larger than rotating 

inner cylinder to the bioreactor at low rotational velocity, accounting for the profiles of velocity, 

shear stress, turbulence kinetic energy (k) and eddy dissipation rate (ԑ).  Besides, in the condition 

of low rotational speed, the rotating direction of inner cylinders seemed to have minor effect on 

the maximum value of the shear stress, eddy viscosity, turbulence kinetic energy (k) and eddy 

dissipation rate (ԑ).  Increasing rotational velocities for the cylinders improved the mixing result 

of this continuous flow system, in addition, concurrent rotation may yield the best mixing 

performance.   
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Nomenclature 

 speed of sound, , m/s 

 cross-sectional area, m2 

 constant,  

 constant,  

 specific heat, J/(kg·K) 

  constant,  

 constant, 1.44 

 constant, 1.9 

 constant,  

 constant,  

 hydraulic diameter, m 

  force per unit volume which exerts on the inclusion, N/ m3 

  force per unit volume owing to the relative motion between the phases, N/m3 

g  gravitational acceleration, m/s2 

 ith direction component of the gravitational vector, m/s2 

  
generation term due to the buoyancy,  or  

(for idea gases), J/(s·m3) or kg/(m·s3) 

  generation term because of the mean velocity gradients,  or 

 (Boussinesq hypothesis), J/(s·m3) or kg/(m·s3) 



118 
 
 

 mass interaction term, kg/(m3·s) 

k turbulence kinetic energy per unit mass, J/ kg1 or m2/s2 

 thermal conductivity, W/(m·K) 

 turbulent Mach number,  

  pressure, Pa 

 turbulent Prandtl number, , the default value of  for realizable k- 

ԑ models is 0.85 

  wetted perimeter, m 

  radius of outer cylinder, m 

 the radius of inner cylinder, m 

 gas constant,  (for ideal gas), m2/( s2·K) 

RPM rotational velocity of the reactor, revolution per minute 

 Reynolds number 

S modulus of the mean strain rate tensor,  , s-1 

  mean strain rate, , s-1 

  user-defined source term, J/(s·m3) or kg/(m·s3)   

  user-defined source term, J/(s·m3) or kg/(m·s3) 

 , s-1 

t time, s 

T temperature, K 
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 , s-1 

  component of the flow velocity parallel to the gravitational vector, m/s 

  component of the flow velocity perpendicular to the gravitational vector, m/s 

 mean fluctuating velocity ith direction component, m/s 

  mean fluctuating velocity jth direction component, m/s 

  velocity vector of phase N, m/s 

 constant,  

  effects from the fluctuating dilatation in the compressible turbulence on the 

overall dissipation rate, , J/(s·m3) or kg/(m· s3)  

 

Greek Letters 

  volume fraction of phase N, percent 

 thermal expansion, , K-1 

 ratio of specific heats (adiabatic index),  (for calorically perfect air) 

  constant, 0 for the disperse phase and 1 for the continuous phase 

ԑ  dissipation rate, m2/ s3 

  permutation symbol,  

 constant,  

   molecular dynamic viscosity, Pa-s 

  turbulent or eddy viscosity, Pa-s 

  kinematic viscosity, m2/s 
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  density of the fluids, kg m-3; 

  density of phase N, kg/m3 

 turbulent Prandtl number for k,  

  turbulent Prandtl number for ,  

  shear stress, Pa 

 constant, ; 

 angular velocity of the moving reference frame, rad/s 

 , s-1 

 mean rate of rotation tensor based on a moving reference frame, 

, s-1 

 , s-1  

  angular velocity of outer cylinder, radians per s 

 

Subscripts 

i, j, k three directions (x, y, z axis) separately 

C  continuous phase 

D dispersed phase 
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Chapter 5 - Modeling and Scale-up of a Multiphase Rotating Bioreactor with 
Improved Oxygen Transfer and Cell Growth 

Abstract 

A prototype novel multiphase rotating bioreactor with an internal spiroid was shown to 

offer enhanced oxygen delivery.  The scaling rules for this unique design were characterized in 

modeling and experimental studies.  This bioreactor was scaled up from 1.11 x 10-4 m3 to 0.986 x 

10-3 m3 to enable evaluation of its potential for cell production.  In this novel design the internal 

spiroid occupying the inside wall of the bioreactor was shown to increase the liquid-gas 

interface, leading to better oxygen transfer performance.  The size (diameter and total volume) of 

the internal spiroid was also scaled-up corresponding to the increased bioreactor volume thereby 

increasing the inner surface area by a factor of three.  Paired rotatory unions at the reactor inlet 

and outlet facilitated continuous or batch feeding and continuous measurements of dissolved 

oxygen and cell number.  Oxygen measurements were conducted at different rotational rates to 

compare the oxygen transfer rates with the original bioreactor with and without the spiroid.  

Additionally, mathematical models were established to simulate the oxygen transfer rates and 

obtain the volumetric mass transfer coefficients (kLa).  Oxygen transfer increased two times 

when employing the spiroid.  E. coli have been selected to demonstrate enhanced biomass 

production.   

 

Key words:  multiphase continuous bioreactor, oxygen transfer, cell cultivation, spiroid 
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5.1. Introduction 

 Bioreactors provide the optimal environment for cell culture and play important roles in 

increasing cell productivity in both scientific and pharmaceutical areas (Health and Kiss, 2007).  

Previously, a novel continuous bioreactor with significant improvement in gas-liquid transport 

phenomena has been demonstrated (Fang et al., 2017).  The innovative design of spiroid tubing 

inside the wall of the bioreactor enabled faster oxygen transfer by two times.  However, the 

volume of the previous bioreactor was 1.109 x 10-4 m3, limiting the capacity of cell culture.  

Thus, an effective scale-up for this bioreactor is essential for the cell production.  

 Bioprocesses can occur at four levels: flask level (low working capacity and low cost), 

laboratory level (preliminary procedures), pilot level (optimal operating conditions) and 

production level (large scale and financial return) (Lonsane et al., 1992).  The scale-up process 

can be defined as magnifying or transferring the successful mode of the small-scale to large-scale 

in order to increase the manufacturing potential of the process.  A successful scale-up results 

when the new process can reproduce the process results in the small scale (Diaz and Acevedo, 

1999; Hubbard, 1987; Takors, 2012).  In scale-up, some parameters are held constant, such as 

reactor geometry similarity, power consumed per unit volume (Pg/V), volumetric mass transfer 

coefficient (kLa), maximum shear, and Reynold’s Number (Re) (Hewitt and Nienow, 2007; Ju 

and Chase, 1992; Oldshue, 1966; Schmidt, 2005; Varley and Birch, 1999; Vilaça et al., 2000).  

These parameters are usually involved in different mechanisms of the bioprocess, thus, the 

performance and the phenome of the system are considered as the same during the scale-up if 

some of these parameters are kept constant (Garcia-Ochoa and Gomez, 2009).  For aerobic 

bioprocess in large scale, the criteria consideration of mass transfer is normally aggravated (Gill 

et al., 2008; Kallos et al., 2003; Marks, 2003; Schmidt, 2005). 
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 The scale-up strategy has always played an important role in the biotechnology and 

pharmaceutical industry as it is directly related to the large manufacturing applications.  Many 

publications focus on bioprocess scale-up (Gill et al., 2008; Gorenflo et al., 2002; Maranga et al., 

2004; Micheletti et al., 2006; Vasconcelos et al., 1998).  Chisti scaled up a stirred bioreactor 

from 0.02 to 0.3 m3 with similar geometry and taking account of tip speed, Reynold number, 

specific power input and specific pumping capacity, while maintaining a high concentration for 

hybridoma cells (Chisti, 1993).  Yabannavar et al. scaled a non-clogging spinfilter perfusion 

bioreactor from 16 liters to 240 liters where the agitation rate and spinfilter speed rate were 

obtained from maintaining constant power input and ratio of permeation drag to lift drag 

(Yabannavar et al., 1994).  Shukla et al. used the volumetric mass transfer coefficient (kLa) as a 

standard to scale up the biotransformation process in shake flask (100 ml) to a stirred tank (5 L) 

which used dual impellers (Shukla et al., 2001).  Xing et al. (2009) scaled up a bioreactor with 

multiple marine impellers for CHO cell culture process to 5,000 L from the bench scale 5- and 

20-L bioreactor using parameters of oxygen transfer coefficient, mixing time and carbon dioxide 

removal rate (Xing et al., 2009). 

This research investigated a bioreactor using a spiroid attached to the chamber that was 

scaled up to 0.986 x 10-3 m3, or about 9 times of the old version (1.11 x 10-4 m3). The size of the 

spiroid tubing inside was also increased accordingly.  Oxygen transfer measurements were 

repeated to characterize the bioreactor and analyze the effects of the spiroid tubing in the larger 

bioreactor.  E. coli were grown in a chemostat at several rotational rates and medium flow rates, 

allowing continuous production.  
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5.2. Materials and method 

5.2.1 Bioreactor Scale-up 

Figure 5.1 illustrates the design of the scaled-up bioreactor with the spiroid.  This 

bioreactor has a volume of 0.986 x 10-3 m3, about 9 times of the old version (1.11 x 10-4 m3) 

(Fang et al., 2017).  The dimensions of the bioreactor entrance and exit were maintained in order 

to use the original hubs.  The increase of the volume resulted from doubling the diameter and 

extending the length from 0.1 m to 0.193 m.  The length of the spiroid was also doubled, 

resulting in 12 turns. The purpose of attaching the spiroid the wall of the bioreactor chamber was 

to improve the oxygen transport through increasing the gas-liquid contact areas.  Spiroid ports 

are located at the reactor exit and entrance.  The detailed comparison of the dimensions between 

two bioreactors were showed in Table 5.1. 

The scaled-up bioreactor maintained similar reactor geometry as the original bioreactor 

(constant Ds/DR, diameter ratio of the spiroid over bioreactor chamber).  By adding the spiroid 

into the new bioreactor, the internal surface area was increased approximately three times, from 

0.0489 m2 to 0.142 m2.  The surface to volume ratio was changed from 95.9 m-1 to 216 m-1.  The 

bioreactor with the spiroid was prototyped using a 3D printer.  Two ends were designed to be 

removable, making the cleaning of the spiroid easier.  As the inner cylinder had little impact on 

the performance under current operating conditions (low rotational rates) (Fang et al., 2017) and 

was omitted from the scaled-up bioreactor.  Additionally, part of the spiroid was embedded in 

the inside wall of the shell to reduce loss of reactor volume.  In place or motors, a roller bed 

(Model No: 88881003, Thermo Scientific, Waltham, MA, USA) was used to rotate the 

bioreactor, making it easier to control the rotation rate for the larger bioreactor. 
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Figure 5. 24.Bioreactor design. For dimensions see Table 5.1. 

 
 
 
Table 5. 4. Comparison between two bioreactors (the data for original bioreactor was published 
(Fang et al., 2017))  

  Original Bioreactor Scaled-up Bioreactor 

Chamber Length (m) 0.100 0.193 

Chamber Inner Diameter (m) 0.0444 0.0889 

Spiroid Length (m) 1.09 3.12 

Spiroid Inner Diameter (m) 0.00476 0.00953 

Spiroid Turns 8 12 

Volume (10-4 m3) 1.11 9.86 
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5.2.2. Mathematical Modeling for Measuring Gas-liquid Mass Transfer Coefficients kLa 

 In this research, volumetric mass transfer coefficients (kLa) were calculated from oxygen 

measurements and were considered as one of the criteria for the scale-up process.  The 

procedures for oxygen measurements has been described in previous published paper (Fang et 

al., 2017).  Ultra-purified water was used in the oxygen experiments and was pre-treated with 

nitrogen before experiments.  Meanwhile, the oxygen was aerated through the reactor for a long 

period of time before experiments.  The pretreated water was pumped into the system at high 

flow rate to reduce the contact time with oxygen.  Tubes were reconnected to create a closed 

system so that fluids can flow through a micro oxygen probe connected to the outlet of the 

bioreactor (MI-730, Microelectrodes Inc., Bedford, New Hampshire, USA).  Oxygen data was 

measured automatically and periodically by the oxygen electrode.  Mathematical models were 

established to fit the oxygen data and to calculate the volumetric mass transfer coefficients (kLa) 

for bioreactor with and without the spiroid.   

To determine the volumetric mass transfer coefficients (kLa) in the reactor without a 

spiroid loop, oxygen data were measured when both inlet and outlet of the spiroid were plugged, 

and then the collected data were fitted into the mass balance equation for batch system directly: 

 
 

（5-

44） 

Rearranging, 

  
（5-

45） 

 When the spiroid is used, fluid from the reactor enters the spiroid near the reactor exit 

and is pumped to the reactor inlet.  The process was illustrated in Figure 5.2.   
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Figure 5.25. Circulation Process 

To simplify the calculation, two mass balance equations were established for the spiroid 

loop and the chamber, respectively.  For mass balance in the spiroid loop, the spiroid loop was 

treated as a long tube with inlet and outlet as shown in Figure 5.2 (Fang et al., 2017): 

 
 

（5-

46） 

For simplified calculation, the mass balance in the chamber was written using the same 

form of the inlet and outlet of the spiroid as: 

 
 

(5-47) 

 With negligible dynamic lag in the spiroid from experimental observation, the boundary 

conditions for these two mass balance equations are:  

  （5-48） 

   (5-

49） 
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 Thus, by fitting the models with the collected experimental data using non-linear 

regression method, the volumetric mass transfer coefficients for the spiroid loop ( ) and the 

chamber ( ) can be estimated.  

5.2.3. Bacterial culture  

5.2.3.1 Strain and Medium 

The bacteria used in this research was E. coli (K91BlueKan) from Dr. Allen David’s 

laboratory (Department of Chemical Engineering, Auburn University, AL, USA).  The medium 

used for E. coli was NZY medium, which contained 10 g casein hydrolysate enzymatic (MP 

Biomedicals, LLC, Santa Ana, California, USA), 5 g yeast extract (AMRESCO, Inc., Solon, OH, 

USA), 5 g sodium chloride (AMRESCO, Inc., Solon, OH, USA) per liter.  The pH of NZY 

medium was adjusted to 7.5 by using 5M sodium hydroxide (Alfa Aesar, Haverhill, MA, USA), 

and then the medium was autoclaved before use.  Glucose (AMRESCO, Inc., Solon, OH, USA) 

was added to the medium to reach the final concentration of 5 g·L-1. 

 

5.2.3.2. Operating Conditions 

E. coli was precultured in shake flask at 200 rpm and 37°C using NZY medium with 0.1 

g·L-1 Kanamycin sulfate (to reduce contamination) (Corning Inc., Corning, NY, USA) overnight.  

The overnight culture was expanded to shake flask propagation again and then adjusted to OD600 

of 0.1 before transferring into the bioreactor.  Bioreactor was operated in the batch mode first for 

three hours, and then the continuous mode with different rotational rates (6 rpm and 8 rpm) and 

different fresh medium flow rates (0.6 ml·min-1, 1.5 ml·min-1 and 3 ml·min-1) was enabled.   

Exponential growth in the batch could be described as: 
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(5-50） 

where X is the biomass concentration (dry weight per unit volume, g·L-1) at time t (hr);  is the 

specific growth rate (hr-1).  The exponential equation was only applied when the substrates are in 

excess (Herbert et al., 1956). 

In addition, if the feed media are sterile, the changes of bacterial concentration in a 

continuous system (or a chemostat) could be described as follows (Herbert et al., 1956; Jannasch 

et al., 1969): 

 
 

(5-51） 

where D is the dilution rate (hr-1).  When the specific growth rate is less than the dilution rate, the 

cells cannot maintain the concentration and will be washed out; if the growth rate is equal to 

dilution rate, the system reached steady state, i.e. cells maintain a constant concentration. Thus, 

through manipulating the dilution rate, the growth rate could be controlled.  

The process flow diagram was showed in Figure 5.3.  Oxygen was provided to the system 

periodically by aeration along with venting to approximately maintain the constant oxygen level 

in the bioreactor.  After three hours, fresh medium was pumped into the bioreactor and the same 

amount of the culture was removed to maintain the constant volume.  The components in the 

flow medium was the same as the basal medium.  
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Figure 5.26. Process flow diagram for the bacterial culture experiments. 

 

5.2.3.3. Analytical Methods 

The growth of E. coli was monitored by measuring OD600 of culture samples using 

SpectraMax® i3 Multi-Mode Microplate Reader (Molecular Devices, LLC, San Jose, CA, USA).  

Glucose consumption in the culture was measured by using a glucose monitor (GM100, 

BioReactor Sciences, Inc., Lawrenceville, GA, USA). 
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5.3. Results and Discussion 

5.3.1. Oxygen Measurements 

 The normal rotational rates for roller bottle is less than 10 rpm, thus, rotation speeds were 

selected at 2 rpm, 4 rpm, 6 rpm and 8 rpm.  At least five experiments were conducted and 

averaged for each operating condition in order to reduce the experimental error.  Experimental 

data was fit to theoretical models using nonlinear regression.  

 

(a) Dissolved oxygen profile under 2 rpm                      (b) Dissolved oxygen profile under 4 rpm                                      

         

  (c) Dissolved oxygen profile under 6 rpm                    (d) Dissolved oxygen profile under 8 rpm                                      
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(e) Dissolved oxygen profile (no spiroid)                           (f) Dissolved oxygen profile (with 

spiroid)                                      

 

(g) Dissolved oxygen profile under various operating conditions 

Figure 5.27. Dissolved oxygen concentration curve in the bioreactor with and without spiroid.  



136 
 
 

 Adding the spiroid to the system improved the oxygen transfer rate, decreasing the 

oxygen saturation time.  However, the positive impact of the spiroid lessened as the rotation 

speed increased as shown in Figure 5.4 (a) to (d).  The most significant difference between the 

system with spiroid and without spiroid occurred at 2 rpm and 4 rpm.  Spiroid improved the 

oxygen transfer phenomenon by a factor of around two under 2 rpm and 4 rpm, while the factor 

is only 1.3 under 8 rpm.  The oxygen transfer in the bioreactor with spiroid consisted of mass 

transfer both in chamber and spiroid.  The increase of the mass transfer in the chamber at higher 

rotational rate weakened the effect of the spiroid as the liquid volume in the chamber was much 

higher.  Both Figure 5.4 (e) and (g) showed that oxygen reached saturation state faster with 

higher rotational rates.  However, the positive effect of increasing rotational speed on oxygen 

data in the bioreactor with spiroid was not as significant as that in the one without spiroid. 

 Table 5.2 and Figure 5.5 summarized the volumetric mass transfer coefficients obtained 

from the modeling under various conditions.  Through one-way analysis of variance (ANOVA), 

the P-value of the F-test is less than 0.05, thus, there is a statistically significant difference 

between the kLa values under four variables (four different rotational rates) for bioreactor with 

and without spiroid at the 95.0% confidence level.  All the kLa values seemed to have a positive 

linear relation to the rotational speeds, and the rotational speed had the largest impact on kla 

value in the spiroid over other cases.  The values of volumetric mass transfer coefficients are 

much higher in spiroid than in chamber (no spiroid) due to higher interfacial area than that in the 

chamber.  The kLa values in spiroid were about seven times of that in bioreactor without spiroid, 

however, this increase of kLa from spiroid only improved the oxygen transport in the overall 

system by a factor of 1.5 at maximum.  The kLa values in the large-scale bioreactor with spiroid 

were about 14% less than that in the small scale, which could be due to the smaller interfacial 
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area per unit volume (or surface area to volume ratio) in the large scale as it removed the inner 

cylinder.  However, the results still showed promising advantages by using spiroid as a method 

of improving oxygen transfer and the volume of the large scale (around 1 L) also enables the 

potentials in cell culture.  

 

Table 5.5. Summary of the volumetric mass transfers (kLa) 

Liquid 
Fraction 

Outer Cylinder 
(RPM) kLa (s-1) without spiroid kLa (s-1) with spiroid kLa (s-1) in spiroid 

 2/3 2 0.00263 0.00311 0.0132 

 
4 0.00296 0.00344 0.0184 

 
6 0.00342 0.00394 0.0227 

  8 0.00401 0.00441 0.0276 
 

 

Figure 5.28. Comparison of kLa values in the bioreactor with and without the spiroid: ○: kLa for 
the bioreactor without spiroid; ○: kLa for the bioreactor with spiroid; ∆: kLa in the spiroid loop. 
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5.3.2. Bacterial Culture Results  

 E. coli growth and yield were relatively low under 2 RPM in the preliminary experiments 

which could be due to the poor mixing and low oxygen delivery.  Thus, rotation rates of 6 rpm 

and 8 rpm were selected for these tests. The bioreactor was first operated in the batch mode for 

three hours and then changed to continuous mode.  Three flow rates (0.6 ml·min-1, 1.5 ml·min-1 

and 3 ml·min-1) were used in the continuous mode to demonstrate different steady state levels.  

The mean residence time could also be calculated based on flow rates and the liquid volume in 

the bioreactor.  

Duplicate bacterial experiments were conducted for each condition.  Cells grew in the 

exponential phase in the batch and eventually reached the steady state with continuous flow as in 

both biomass growth profiles and the glucose consumption profiles.  Figure 5.6 (a) illustrates the 

different steady state levels controlled by flow rate.  The batch growth curves were consistent; in 

the continuous mode, the steady state concentration decreased with increased flow rates.  Cells in 

the bioreactor decreased because of inlet flows until the growth rate matched the dilution rates, 

and constant concentration was maintained at steady state.  Maintaining higher concentration 

leads to lower glucose level or lower substrate level in the system (Figure 5.6 (b)).  Though the 

biomass concentration was maintained at lower level through higher flow rates, the amount of 

harvest cells in the case of 3ml/min was the maximum among three flow rates in the long-term 

aspects (Table 5.3).  For a 24-hour steady-state operation, the production rate at 3 ml min-1 is 

about 3.4 times larger than the production rate 0.6 ml·min-1.  

Figure 5.6 (c) showed the effect of different rotational rates (6 rpm and 8 rpm) on the cell 

growth.  As from the previous oxygen measurements, enhanced oxygen delivery was achieved 

by using higher rotation rates.  While keeping other parameters as constant, cell growth under 6 
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rpm was slower than that under 8 rpm (growth rate of 0.365 hr-1 versus 0.398 hr-1) in the batch 

mode.  Additionally, lower oxygen deliver capacity leads to lower steady state concentration in 

the low rotational rates (0.112 g·L-1) comparing to that in high rotational rates (0.12 g·L-1).  

In Figure 5.6 (e), E. coli grows faster in the system with the spiroid for the first three 

hours in batch (growth rate of 0.398 hr-1 over 0.362 hr-1 as summarized in Table 5.3).  The 

difference between two systems within the first three hours in the batch could be attributed to the 

enhanced oxygen delivery using the spiroid.  The biomass was increased by 15% by using 

spiroid in the batch.  Additionally, a two-hour process with spiroid could be used to replace a 

three-hour process without spiroid in the batch, which shorten the operating time by 33%.  

However, when the flow was established, there was no major difference between two systems in 

both biomass steady state concentration (Figure 5.6 (e)) and overall glucose consumption profile 

(Figure 5.6 (f)).  The possible reasons could be summarized into two aspects: the fresh incoming 

medium provided extra aqueous/dissolved oxygen to the cell culture; the oxygen transfer was 

mainly due to the mass transfer in chamber at higher rotation rate or the effect of spiroid was 

weaken at higher rotation rate as from previous oxygen measurement.   
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(a) Growth curve (various flow rates)                              (b) Glucose profile (various flow rates)                                      

 

(c) Growth curve (various rotation rates)                          (d) Glucose profile (various rotation 

rates)                                      

 

(e) Growth curve (with and without spiroid)                  (f) Glucose profile (with and without 

spiroid)                                      

Figure 5.29. Bacterial growth curve and glucose profile in bioreactor with and without the 
spiroid  
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Table 5.6. Summary of the parameters in bacterial experiments 

 rpm µ, batch 
(hr-1) F (ml·min-1) D (hr-1) τ, mean residence time 

(hr) 
Harvest cells, 
24 hours (g) 

with spiroid 6 0.365 0.6 0.09 11.1 0.097 

 8 0.398 0.6 0.09 11.1 0.104 

 8 0.394 1.5 0.23 4.4 0.218 

 8 0.404 3 0.45 2.2 0.358 
no spiroid 8 0.362 0.6 0.09 11.1 0.103 

 
 
5.4. Conclusions 

 Scale up techniques are commonly used in the bioprocessing.  This paper investigated a 

bioreactor with enhanced oxygen transfer by adding spiroid loop to the wall of the bioreactor.  

This bioreactor was scaled up from a previously demonstrated bioreactor by about nine times 

from 1.11 x 10-4 m3 to 0.986 x 10-3 m3 to enable its potential for cell production.  The 

performance of the bioreactor was characterized by measuring oxygen data and volumetric mass 

transfer coefficients (kLa).  The comparison between the results of the bioreactor with and 

without spiroid loop provided support for the advantages of using spiroid loop.  For this new 

bioreactor, adding the spiroid loop reduced the oxygen saturation time by half at maximum under 

current operating conditions.  Furthermore, some biological tests were also used in this 

bioreactor to verify the potential of the cellular production in this bioreactor.  The results from E. 

coli experiments not only verified the advantages of the spiroid in oxygen delivery, but also 

showed the feasibility of continuous operation in our bioreactor, which enabled the continuous 

biomass harvest.  Some further work still could be done basing on optimizing the design of 

spiroid loop to increase the interfacial area as the kLa values in the new bioreactor were still less 

than that of the old version (small bioreactor).  Other cells lines, especially those that are more 
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shear sensitive, could also be tested in this bioreactor to explore the potential of this design for 

other cell culture applications.  
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Nomenclature 

 initial dissolved oxygen concentration in liquid phase, mol·L-1 

 dissolved oxygen concentration in liquid phase (water), mol·L-1 

 saturated oxygen concentration in liquid phase at certain temperature, 

mol·L-1 

 final dissolved oxygen concentration in the bioreactor, mol·L-1 

  dissolved oxygen concentration entering spiroid loop, mol·L-1 

 dissolved oxygen concentration exiting from spiroid, mol·L-1 

D dilution rate, hr-1 

F Flow rate, ml·min-1 

 volumetric gas-liquid mass transfer coefficient, s-1 

 volumetric gas-liquid mass transfer coefficient in bioreactor chamber, 

s-1 

 volumetric gas-liquid mass transfer coefficient in spiroid loop, s-1 

rpm  rotational velocity of the reactor, revolution per minute 

t time, s 

  volumetric flow rate through spiroid loop, L·s-1 

 liquid volume of bioreactor, m3 

 liquid volume of spiroid tube, m3 

 biomass concentration, dry weight per unit volume, g·L-1 

 specific growth rate, hr-1 

τ mean residence time, hr 
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Chapter 6 - Summary 

 A novel bioreactor with low shear and enhanced oxygen transfer performance was 

successfully demonstrated. The bioreactor was not entirely filled. This created a multiple 

microenvironment encountered by the cultured cell line. The multiphase environment proved to 

be beneficial for improving the gas-liquid transport phenomena. Enhanced gas and nutrient mass 

transfer resulted from the unique design, which included a spiroid tube.  The spiroid tube was 

attached to the wall of the bioreactor’s outer cylinder to increase gas-liquid contact area, thereby 

improving oxygen transfer.   

Computational fluid dynamic (CFD) modeling was used to predict the complex flow 

structures in this novel bioreactor.  The results from the CFD simulations showed the rotating 

inner cylinder had little effect on the overall system (velocity profile, shear stress, turbulence 

kinetic energy (k) and eddy dissipation rate (ԑ)) and assisted in selecting the experimental 

conditions for oxygen measurements (mainly test rotating outer cylinder).  A mathematical 

model was also created to calculate the volumetric mass transfer coefficients (kLa) from oxygen 

data at different operating conditions (2 RPM, 4 RPM, 6 RPM and 8 RPM) for bioreactor with 

and without the spiroid.  

Experiments were conducted to measure oxygen profile for the bioreactor with and 

without the spiroid under different operating conditions (2 RPM, 4 RPM, 6 RPM and 8 RPM).  

The comparison verified the advantages of using the spiroid.  There was a direct relationship 

between OTP and rotational rate. To increase the cell culture capacity, the bioreactor was scaled 

up by nine times (from 1.11 x 10-4 m3 to 0.986 x 10-3 m3) and oxygen measurements were 

repeated in the large-scale bioreactor.  The oxygen measurements showed adding spiroid could 

help improved the oxygen delivery by two time.  E. coli was cultured in the bioreactor to further 
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investigate the novel behavior of the spiroid in enhancing oxygen transfer.  E. coli was found to 

grow faster in the bioreactor with the spiroid.  The bioreactor was operated in the batch mode 

and then changed to continuous mode under various conditions (various flow rate of 0.6 ml·min-

1, 1.5 ml·min-1 and 3 ml·min-1at different rotation rate 6 RPM and 8 RPM).     

There is still some optimization work that could be done in the future.  Although the 

volumetric mass transfer coefficients (kLa) in the spiroid were larger than that in the bioreactor 

without spiroid, adding the spiroid to the bioreactor only increased the overall oxygen transfer in 

the system by a factor of twofold.  Optimization should focus on developing simulation models 

to predict and analyze the relationship between design of the spiroid (diameter and length) to 

obtain the optimal design with the spiroid.  This bioreactor could also be used to produce large 

number of cells for shear sensitive cell lines and related antibody production.  
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